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een geval en een wet, tekent zich een redenering voor je

af die je overtuigender lijkt dan de andere."

(Umberto Eco in "De naam van de roos")
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Chapter 1:

INTRODUCTION

A.C.M. Franken

1.1: Terminology

A thesis concerning membrane technology should start wiﬁh a definition
of the subject itself. The problem, however, is- that every definition has
its limitations and everyone trying to define membrane technology takes‘the
risk of being -incomplete or not precise enough. Nevertheless, I think that
one of the definitions worth mentioning is a (Dutch) definition of professor
Smolders: ‘Mémbraantechnologie is in feite schei-kunde in de letterlijke
betekenis van het woord'. Translating this sentence into English while
saving the pun is impossible, because 'schei-kunde' stands for both
'chemistry' and 'separatidn—science' at the same time; it will not be tried
‘to do the impossible.

Many authors have tried to give a definition of 'membrane' itself. A
new definition will not be added here, but attention is drawn to the defini-
tion given in a.report of the European Society of Membrane Science and Tech-
nology on terminology: 'a membrane is- an intervening phase separating
two phases and/or actihg as an active or passive barrier to the transport of
matter between phases adjacent to it! (1). Although defined and accepted. by
theAEuropean Society of Membrane Science and Technology, there will always
be scientists who will not be fully satisfied with this definition. Never-
theless, standardization of terminology and symbols will diminish the confu-
sion of tongues and will contribute to a better understanding between mem-
pranologists. In this thesis a report on terminology for membrane distil-
. lation is given‘as an appendix. This report has also been published by the

European Society of Membrane Science and Technology (2).

1.2: Membrane technology

In the last fifteen years membranes and membrane processes have evolved

from a useful laboratory tool to an industrial product of significant tech-



nical and commercial importance. Membrane processes have not only replaced
some of the conventional separation techniques in all kinds of industries,
but they have also successfully been utilized to solve mass separation
problems where conventional techniques failed or were too expensive.

Because membrane technology is in fact nothing more or less than a new
separation technology, it has to compete with and prove its superiority over
existing separation techniques. This is one of the reasons why the develop-

'ment of membrane fechnology does noft show such an explosive growth as for
instance biotechnology. Although in some cases membranes are accepted as the
best alternative for a separation problem, this does not imply that from one
day to the other membfane technology is fthe only ‘separation technique to
solve that specific problém. The fact that already huge investments into an
existing technology have been made or the fact that membrane technology is
not a 'proven' technique yet are some other factors for the relatively slow
development of membrane technology.

The development of membrane technology can be illustrated by the exam-
ple of the production of chlorine and sodium hydroxide by means of electrol-
ysis of a salt-rich brine solution. Although membrane electrolysis offers
several advantages over the conventional techniques (mercury electrolysis
and diaphragm electrolysis), due to economical reasons only a few plants in
the world operate using membranes. Only when rep;acementiinvestments or new
investments are made, in more than 90% of the cases membranes will be used
(3). Due to this (slow) replacement of the existing technologies, it takes a
relatively long time before this electrolysis process is an 'all-membrane’
process. However, in this case a 'break-through' could be expected if the
environmental legislation on the use of mercury and/or asbestos should be
made more strict. .

The though competition with the existing separation techniques (which
are also being improved!), the ‘'conservative' investment policy of the in-
dustry and the fact that membranes and membrane processes cannot fulfil all
the expectations ascribed to them in the recent history, are the main
reasons that a real 'break-through' of membrane technology has not taken
place. Nevertheless, membrane technology is a firmly growing technique with'
a growth of the annual turnover of 12 to 15% (4).

In figure 1.1 the turnover is presented as a function of the stage of

development for various membrane processes (5].



The processes in the first stage (research) are processes which are
technically known and available, but have not been developed commercially.
Examples of this stage are thermo-osmosis (TO), membrane sensors (MS) and
active transport (AT).

The second stage (development) is marked by a high rate of growth. In
this stage the technical development and the maintenance of the pilot-plants
are the most important variables and the price of the technique is of less
importance. Pervaporation (PV), membrane distillation (MD) and liquid mem-—

branes (LM) are, among others, typical examples of this group.

Turnover

MO,
T0 AT _MS

Research 'Develobmenf Optimization | Stabilization & Decline

Develbpmenf stages —=

FIGURE 1.1: Stages of development of various membrane processes (5].

The processes, which are mentioned in the thi}d stage (optimization),
- are so-called state-of-the-art processes. The development of the processes
in this group is as good as finished and optimization of the process design
is the most impdrtant variable. The rate of growth in this stage is high,
only diminishing for the ‘older' processes. Examples of this stage are mi-
crofiltration (MF), ultrafiltration (UF), reverse osmosis (RO) and electro-
dialysis (ED). Membrane electrolysis (ME) and gas separation (GS) are some-
where between the second and the third group.
The fourth stage of development (stabilization and decline) is marked
by a levelling off or decline of turnover. In this stage the processes are
replaced by other technologies. Until now, no membrane process has reached

this stage of 'development'.



Some of the technically interesting membrane processes are summarized
in table 1.1. The first five processes in this table are from a commercial
point of view the most important processes. Microfiltration has about 30% of
annual turnover .in membrane technology and dialysis and reverse osmosis each
have about 15% of the world market in membranes. Electrodialysis and ultra-
filtration together possess about 15 to 20% of the market'(B], resulting in
a total market-share of these five processes of about 80%. From figure 1.1
‘it can be seen that these processes are already in the -stage of optimization

and the expectations are that the market-share of these processes will reach

a saturation point in the near future (4,5,6).

Table 1.1: Some membrane separation processes.

Membrane Phases Driving Some
Process Force Applications
Dialysis L/L Concentration Hemodialysis
difference (artificial kidney)
Micro- L/L Pressure Sterile filtration
filtration difference Cell harvesting
(0.01 - 0.1 MPa) Production of ultrapure water
Ultra- L/L Pressure Separation of oil/water emulsions
filtration difference Recovery of proteins from whey,
(0.1 - 1 MPa) milk and blood
Reverse L/L Pressure Desalination of sea and brackish
Osmosis difference water
(2 - 10 MPa) Concentration of whey and juice
Electro- L/L Electric Desalination of brackish water
dialysis potential Desalination of food (e.g. whey)
difference Removal of metals from waste water
Gas G/G Pressure Recovery of hydrogen
Separation difference Oxygen enriched air
(4 - 10 MPa) Purification of methane in biogas

Pervaporation L/V

Partial vapour

Concentration of ethanol

pressure Separation of azeotropic mixtures

difference
Membrane L/V/L Partial vapour Desalination of sea water and
Distillation pressure brackish water

difference Boiler feed water production
Liquid L/L Concentration Nitrate removal from ground water
Membranes difference ’ )




The other membrane processes do not have such a high annual turnover,
but it must be remembered that these processes are still in a stage of de-
velopment. The expected growth of these processes (especially membrane elec-

trolysis, gas separation and pervaporation) is considerable.

A point of interest for membrane technology are the developments in
biotechnology. The need for sophisticated separation technologies -is of
essential importance for the development of this field of research. In con-
trast to most other applications, membrane technology has equal chances
compared to the other separation technologies, because for every type of
technology chosen investments must be made. Since the most important crite-
ria to be considered are selectivity and low operation temperatures,
membrane technology  is slightly preferred. Furthermore, the price of the
separation technique has not the highest importance, because the separation
costs are often low compared to the value of the product (4).

Less spectacular, but nevertheless interesting, are the possibilities
for membrane technology as an environmental technology. In a recent report
membrane technology is mentioned as an interesting alternative for solving
-and preventing environmen?al problems. Especially the use of reverse osmosis
in treatment of polluted water (for instance percolation water of a refuse-
dump) and the use of vapoﬁr permeation for the recovery of organic solvents

from air. are mentioned (7,8).

1.3: Thermo-osmosis

Thermally:driven membrane processes are. known for more than one hundred
years, 'Mass transpoft:of gases by thermo-osmosis was observed for the first
time in 1873 by ng&ersen, who called this effect 'thermo-diffusion' (9,10).
Since these investigations the thermo—osmosié of gases has been studied by
‘several authors (11-15).

Thermo-osmosis of liquids is of more recent date. The first observa-
tions were made by Lippman in 1907 and Aubert in 1912 (10,16]. Because no
.stationary state was reached, these observations are rather obscure and can
also be a result of osmosis and/or electro-osmosis. The first steady-state
observations on thermo-osmosis were made in 1950, as Alexander and Wirtz
investigated thermo-osmosis of water through Qéliophane and nitro-cellulose

membranes [9,10). At a given temperature difference a constant "pressure



difference between the two phases adjacent to the membrane was found. These
measurements and also further investigations by other authors were conducted
on aqueous solutions (17-21).

Thermo-osmosis has been described by Haase as 'mass transport through a
membrane as a result of a temperature difference’ (9). By that time (1959)
Haase did not realize that other thermally driven membrane processes (e.g.
membrane distillation) would be developed to which this definition can also
Be applied. The main difference between thermo-osmosis and membrane diséil-
lation is that the membranes in the former process can be porous or non-
porous and that no phase transition occurs between the feed side and the
permeate side of the membrane. In a membrane distillation operation, (selec-
tive) evaporation of the liquid feed takes place and the permeant is trans-
ported as a vapour through the pores of a non-wetted membrane. Alfhough it
is difficult to give an exact definition of membrane distillation containing
all the characteristics of the membrane operation (2), the previous state-
ment is accurate enough to explain the difference between membrane distilla-
tion and thermo-osmosis.

Nevertheless Haase was one of the first to realize that not every ther-
mally driven membrane process can be called thermo-osmosis. For instance, he
described that the transport of gases through porous membranes is in fact
Knudsen diffusion.

Later authors were not as careful as Haase in defining thermo-osmosis
and used terms like 'thermo-dialysis' (21—25) to describe the same phenome-
non. In some of these cases it can be doubted whether a thermo-osmotic ef-
fect is observed at all (21,24,25). Pagliuca et al. (24) noticed that 'the
transmembrane pressure prbduced in the TF-450 membranes far exceeds thermo-
osmotic pressures ever found in dense membraneé under comparablg condi-
tions'. Considering that they were doing experiments on the transport of
water through porous Teflon membranes, it is most 1likely that they were
performing membrane distillation experiments without knowing it.

Although’ thermo-osmosis has-quite a long history, in figure 1.1 the
process is listed as being in the first stage of development (research) and
probably this process will never come out of this stage. This is due to a
lack of practical applications of thermo-osmosis, since small solvent fluxes

and small separation factors are normally obtained (26).



1.4: Membrane distillation

The renewed interest in thermally driven processes has been generated
by a relatively new process, called membrane distillation. This process is
generally used to remove water from aqueous solutions of inorganic solutes.
Desalination of sea water and the production of boiler feed water are the
best-known applications.

Although the concept of membrane distillation is known for about twenty
years, the process is still in its developing stage. The first patent on
membrane distillation was obtained by Weyl in 1967 (applied for in 196L4)
(27) and the first publication on this subject was made by Findley in 1967
(28]. The reason why membrane distillation did not become directly a well-
respected separation technique was the lack of good membranes. Findley con-
cluded that 'if low cost, high temperature, long-life membranes with desir-
able characteristics can be obtained, this method would become an economical .
method of evaporation (..)'. Even though Findley et al. [29) were able to
‘make the surface of the membranes wmore hydrophobic by using Teflon, the
membranes did not have the desired properties for the development of mem-
brane‘distillation by that time.

It took till about, 1980 before membrane distillation as a separation
technique was rediscoyered. By thét time. the conditions, stated by Findley,
were (at least to a certain extent) fulfilled. Microporous membranes, made
of polyprépylene (PP), poly(vinylidene fluoride) (PVQF) and poly(tetrafluoro
ethylene) (PTFE, Teflon), were available for the use in membrane distilla-

‘tion.

Membrane distillation is a distillation process in which two aqueous
solutions with different temperatures are separated by a microporous hydro-
phobic membrane. In this process the pores of the microporous membrqne,
-which are not wetted by the 1iquid.mixtures at the feed side or the permeate
side, act as the vapour phase. The vapour pressure difference, resulting
from the temperature difference acfoss the membrane, causes vapour molecules

to be transported from the warm feed side to the cold permeate side.
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Schematic representation
of membrane distillation.
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The characteristics of a membrane distillation operation, which are
given explicitly in the report on terminology (2], can be reduced to one
important point, being that the per'mean’t is transported as a vapour through
the pores of a porous membrane, which is at least at one side in direct
" contact with the liquid. ‘

The transport mechanism of membrane distillation involves three steps:
1. evaporation at the feed si;le of the membrane;

2. transport of the vapour through the pores of the hydrophobic membrane;
3. condensation of the vapour at the permeate s;de of the membrane.

On the basis of this transport mechanism, th can be understood that the
separation mechanism of mevmbr‘ane‘ distillation is formed by the vapour-liquid
equilibrium. The maximum selectivity that can 5e obtained will never exceed
the selectivity which is calculated from this vapour-liquid equilibrium.
Therefore, membrane distillation is not a real alternative for distillation,
because it‘cannot be used in difficult separatidn problems, such as azeo-

tropic mixtures.

Most bublioations, both patents and articles, concern desalination of
saline water {30—1!2), but in recent years a number of investigatbrs doubt
the feasibility of this application (39,43,44]. Desalination of brackish
water or sea water can be performed more economically by reverse osmosis or
MSF-jdistillation, especially if large-5cale applications are concerned.
According to these authors, theA special advantages of membrane distillation

should be emphasized and applications of this process must be found in



area's whére'i) high osmotic pressures are involved, ii) a high purity of’
the permeate is necessary, iii) waste heat is available and/or iv) small-
scale applications are concerned. Special applications, mentioned in litera-
ture, are the concentration of a feed up to very high solute concentrations
(39,48), production of boiler feed water for power plants (44,45) and the
use of membrane distillation in applications where waste heat can be used
(41,49).

Only a few authors considered the possibility of separating organic
aqueous solutions by membrane distillation (50—52). Honda et al. [50) were
the first to discuss the possibility of separating aqueous solutions of
alcohols and carboxylic acids. More recently Gostoli et al. (51) and Franken
et al. (52) published on the separation of ethanol and water by membrane
distillation. However, membrane distillation of these mixtures is only pos-—
sible if the restrictive condition, that the pores of the hydrophobic mem-
brane should not be filled with liquid, is fuliilled. Therefore, Franken et
al. (53) have defined a maximum allowable concentration of the organic com-

ponent in water and have developed a method to determine this value.

1.4.4: Different embodiments of membrane distillation

A number of different embodiments of membrane distillation exists,
which all are consistent with the characteristics of the membrane operation
as described in section 1.4.2 and in the report on terminology for membrane
distillation (2).

Direct-contact membrane distillation is the oldest (27-29) and the
most simple embodiment of membrane distillation, in which the liquid on both
sides of the membrane is in direct contact with the membrane and in which
the liquid on the downstream side is used as the condensing medium (see
figure 1.3). The main advantage of this system is that it can be used in any
. desired membrane configuration (flat sheets, spiral wound, capillaries or
hollow fibers). The direct-contact system is used by Enka A.G. in a process
called "Trans Membrane Distillation" (44-47). Enka uses modules with capil-
lary membranes, which have the additional advantage that they can be used
without any modification in microfiltration as well. The possibilities for
" heat recovery when the process is conducted in counter-current flow makes

this process especially suitable for commercial applications (4&,45).
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The second type of embodiment is gas-gap membrane distillation.
This system makes use of a cooling surface inside the module and the con-
densed liquid on the downstream side does not have to be in contact with the
membrane. Among others, the Svenska Utvecklings Aktiebolaget makes use of a
spacer to separate the membrane from the cooling surface (40-42). In this
case the membrane and the cooling surface are strictly separated from each
other by the spacer.

Advantages of this system compared to direct-contact membrane distilla-
tion are that the gas-gap (or air-gap as it is commonly called) reduces the
heat loss through the membrane considerably and that wetting of some of the
pores of the membrane does not spoil the permeate quality at once. A disad-
vantage of this system is that only plate-and-frame or spiral-wound modules
can be used due to the existence of a condensation surface. Furthermore, the
construction of the modules is rather complicated (and relatively expensive)
compared to the modules used in direct-contact membrane distillation. These

disadvantages make this system rather unattractive for commercialization.

feed
ic
P gTg9es g FIGURE 1.4:
membrane —% § . Gas-gap membrane distillation.
: heat-exchanging
! surface
refentafe cooling fluid

————permeate
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Low pressure membrane distillation is a system in which a low pres-—
sure ('vacuum') is applied downstream and in which the condensation of the
permeating vapour takes place outside the module (2] Until so far, this
system is only used on a laboratory scale by a few investigators [514,55].
Due to a removal of inert gases from the membrane an enhanced diffusion of
the permeate through the membrane takes place, resulting in an increase of‘
the flux through the membrane by about a factor L as compared to other proc-

ess designs (55).

retenfate ——- le— feed

vacuum pump
permeate

condensor

FIGURE 1.5: Low pressure membrane distillation.

The last embodimentbmentioned in the terminology report is sweeping
‘gas membrane distillation (2). In this system a sweeping gas is used
downstream to remove the permeating vapour, which is condensed outside the
module. Basini ‘et al. have performed measurements on the permeation of water
through PTFE and PP membranes and came to the conclusion that the flux is
higher and the heat loss through the membrane is gomparable when these ex-
periments are compared with experiments with gas-gap membrane distillation
(56]. In our own experiments on ethanol/water mixtures, we found that fluxes
are in the order of magnitude of direct-contact meﬁbrane distillation. De~-
pending on the flow rate of the sweeping gas, selectivities up to the selec-
tivities as predicted by the vapour-liquid equilibrium could be reached
(55].

retentate «—— le—— feed

sweeping gas - permeate

condensor

FIGURE 1.6: Sweeping gas membrane distillation.
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An embodiment of membrane distillation which cannot be directly as-
signed to one of the descriptions above is the membr‘aney distillation module
as described by Gore (35). The module consists of a thin flexible micropo-
rous membrane which is positioned against an impermeable, rigid condensor
sheet. The permeating vapour diffuses through the membrane and condenses
against the condensor sheet. According to the definitions, this process
should be called ‘'gas-gap membrane distillation'. However, in steady-state
operation no gas gap is present in this module and, furthermore, the mem-—
brane is in direct contact with a thin film of the condensed permeate. Con-
sidering the thin liquid film as the condensing medium, this system is a
representative of 'direct-contact' membrane distillation.

Lefebvre (57) described a system, which was called ‘osmotic membrane
distillation'. This system, which belongs to the group of direct-contact
membrane distillation, differs from a conventional membrane distillation
unit by the use of a highly concentrated salt solution at the permeate side.
Due to this concentrated solution, the vapour pressure at the permeate side

of the membrane is reduced, resulting in a higher flux across the membrane.

refenfafe~— ~ 1= feed
MD cell dilute MgSO['_
| RO cell
concentrated MgSO0, S
pure water

FIGURE 1.7: Osmotic membrane distillation.

The diluted salt solution (preferably magnesium sulfate) can be concentrated
again by r'ever*'se osmosis. A practical application of this process can be
found in the 'concentr-ation of solutions which cannot be heated. Althouéh
this process is an interesting object for the study of mass transport in
membrane distillation, it is thought that the practical value of this proc-
ess is low. Sarti et al. calculated that a temperature difference of 0.6°C
is enough to overcome an osmotic pressure of 50 bars (5 MPa) at room temper-
ature (5'8]. In the same way it can be calculated that the reduction of the

partial vapour pressure due to a concentration of 15% MgSOy in compari-
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son with clean water can be achieved more easily by the reduction of the

permeate temperature by less than 1°C.

1.5: Pervaporation

The most common definition of pervaporation is: a membrane process in
which a liquid is in direct contact with one side of the membrane (feed
side) and in which the permeating product is removed as a vapour at the
other side of the membrane (permeate side) by applying a reduced partial
pressure. If this definition is used without any further specification, one
might think that membrane distillation is a special case of pervaporation.
To make a distinction between membrane distillation and pervaporation, it
should be added to the above definition that the name pervaporation is used
for the selective permeation of a liquid through a dense polymer matrix,
whereas membrane distillation describes the permeation through the pores . of
a membrane. Unfortunately, Japanese authors do not distinguish between both
processes and use the term 'pervaporation' for both.

Although the principle of pervaporation is known since the beginning of
this century (the term 'éervaporation' was already introduced in 1917 by
Kober), it took until the beginning of the sixties before>the research on
pervaporation was intensified (59). Binning et al. reported on a number of
possible applications for pervaporation, but unfortunately the membranes
used in their investigations showed insufficient flux and selectivity to
compete with existing separation techniques (60).

A new revival came in the early seventies when energy prices raised to
such an extent that alternatives for energy-consuming separation techniques
became interesting. As a result of this 'energy-crisis', the research into
pervaporation was intensified and many groups throughout the world were
searching for-superior membranes. The development of asymmetric membranes by
Loeb and Sourirajan (61) and the subsequent research into thin composite
membranes (see next paragraph), were of great importance for the development
of pervaporation.

Nevertheless, it took until 1982 before the German company GFT patented
a composite membrane for the separation of aqueous mixtures of ethanol [62)
and started to commercialize the pervaporation process. Since this time

about 25 pervaporation installations with a total capacity of about 250
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m®/day have been iﬁstalled, all using GFT membranes (60). Although membranes
with superior properties have been developed (63,64), the instability of
these membranes does not permit a commercialization at this moment.

A more detailed description of pervaporation with respect to transport
mechanism and different embodiments of the process is given in chapter 6 of

this thesis.

1.6: Composite membranes

The evolution of ultrathin synthetic membranes started with the de-
velopment of asymmetric membranes by Loeb and Sourirajan (61). This inven-
tion led almost immediately to a search for alternative ways to make thin
membranes. Most of the methods to make composite membranes were developed in
the late sixties and early seventies of this century [65).

Commercially interesting methods to make composite membranes are
casting, dip-coating, plasma polymerization and interfacial polymerization.
Other methods of making composite membranes are water-casting (spreading of
a polymer solution on water), dynamic membrane formation and spray-coating.
For various reasons these methods are commercially not interesting and are
only used on laboratory scale.

Although casting is not a method to make ultrathin composites, mem-
branes with a thickness of about 3 to 5 um can be obtained. Advantages of
this method are that hardly any defects occur and that the selectivities
obtained are very close to the intrinsic selectivity 6f the polymer membrane
material. The disadvantage of these relatively thick membranes is of course
the low flux. This method is mainly used for the production of membranes to
be used in separation problems which demand a high selectivity. GFT de-
seribes the use of this method for.the production of pervaporation mem-
branes, consisting of a poly(vinyl alcohol) toplayer on a polyacrylonitrile
support (62).

A preparation technique, which is commonly known under the name of
'dip-coating', was described for the first time by Carnell and Cassidy
(66,67). Riley et al. (68) succeeded in making ultrathin reverse osmosis
membranes, made from cellulose acetate. In their investigations, they dipped

a clean glass plate into a dilute polymer solution. After evaporation of the

.
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solvent and drying of the films, they were floated off onto a water surface
and placed on molecular filter supports. Despite the tricky preparation
method, useful membranes as thin as 60 nm were prepared reproducibly by this
method.

The more common way to prepare 'dip-coated' membranes is to bring the
porous sublayer directly into contact with the polymer solution. The coating
of elastomers onto an ultrafiltration sublayer is one of the most used
methods for the preparation of membranes for vapour permeation (69,70]. The
best-known example of a thin silicone-rubber coating applied by dip-coating
is the Prism membrane of Monsanto (71).

The pioneer of the use of plasma polymerization to prepare thin mem-
branes is without any doubt Yasuda [72). He observed that under certain
conditions organic vapours become a partially ionized gas or 'plasma', which
will deposit on nearby solid surfaces as a very thin polymer film with .an
ill-defined chemistry. Although a lot of research is being performed on this
subject, the relative complicated process design and the bad reproducibility
of the membranes are the malefactor that plasma polymerized membranes have
not been commercialized yet (65).

Probably the most §uccessful method to make composite membranes is
interfacial polymerization (73]. In this method a condensation polymeriza-
tion is carried out at the interface of two immiscible solutions. By choos-
ing the conditions in such a way that the reaction takes place at the sur-
face of a finely porous membrane, a thin. film composite of the condensation
polymer 1is obtained. A1l the membranes obtained by this method are used in
reverse osmosis. Commercial examples are NS-100 membranes of North Star and
FT-30 of Film Tec (65).

0y

The most frequently mentioned support in composite membranes is an
asymmetric membrane made of polysulfone (69,71,73). The advantage of poly-
sulfone is that it can be easily- manufactured into an asymmetric membrane
with the desired surface porosity and surface pore sizes of less than 20 nm.
Depending on the application, the surface porosity can be adjusted within
certain limits. For instance, for gas separation (in case of the Monsanto
membrane) the surface porosity should be as low as possible, whereas on the
other hand for vapour permeation a high surface porosity is desired. As an

example of the latter application, it can be mentioned that Strathmann.has
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published that a support having a surface porosity of 25% with pore sizes of
about 20 nm can be prepared (69). Other supports which are mentioned in
.literature are porous films of cellulose nitrate / cellulose acetate (CNCA)
(72) and porous asymmetric membranes of polyacrylonitrile (PAN) (62).

Although most authors involved in the fabrication of thin composite
membranes do not discuss the influence of the sublayer, it appears that the
sublayer is often as important as tﬁe toplayer. From investigations at our
institute [74) and communications with other investigators, if .appeared
that, once a sublayer can be made reproducibly without defects, the actual
manufacturing of the composite membrane itself is a minor problem.

Another aspect of the porous sublayer, besides supporting the selective
layer, is its role in the actual separation process. As far as the above ap-
plications are concerned, the sublayer is mainly used as a support. Only the
Monsanto Prism~membrane makes use of the separation characteristics of the
sublayer and the silicone-rubber coating is used to reduce the effect of
‘pin-holes* (71)°

1.6.3: Composite membranes in membrane distillation

Membrane distillation is only possible if the restrictive condition,
that the pores should not be filled with liquid is guaranteed. To prevent
the hydrophobic membrane from being wetted, a thin polymer layer can be
applied to this hydrophobic membrane. In such a composite membrane the hy-
drophobic sublayer determines the separation characteristics of the membrane
distillation process.

The use of composite membranes in membrane distillation was described
by Cheng et al. (30-34) in a series of patents. While performing membrane
distillation experiments on saline water with microporous hydrophobic. mem-
branes, Cheng observed water-logging of the membranes after several days of
operation. It is believed that water-logging occurs in desalination due to a
growth of salt crystals through the membrane [30). To prevent or at least to
reduce the effect of water-logging, the hydrophobic membrane is coated with
a hydrophilic membrane. The coating can be applied at both sides of the

.membrane, but should at least be applied at the feed side of the membrane
(31]. The hydrophilic coating can be made of, for instance, cellulose ace-
tate or polysulfone [32). Although the hydrophylic layer can be non-porous, -
algo good results were obtained with pore sizes in the range of 25 till 50
nm‘[32).
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As soon as organic solutes are present in an aqueous solution, the sur-
face tension of this solution will decrease rapidly. When the concentration
of the organic material in the feed exceeds a certain limit, the hydrophobic
microporous membrane will be filled with liquid instantaneously and the mem-
brane distillation process cannot be used.

A solution for this problem is to use a composite membrane, consisting
of a hydrophilic selective toplayer and a porous hydrophobic sublayer. In
this thermally driven membrane operation the toplayer is permselective'to
water. Because the toplayer shows a permselectivity towards one of the com-
ponents, this process differs essentially from the above description by
Cheng et al. The use of the hydrophobic porous sublayer is, however, still
very essential for this process since the pores of this subléyer contain the
vapour phase. As far as wetting of the microporous hydrophobic membrane is
concerned, only the liquid at the permeate side of the composite membrane
has to fulfil the non-wetting condition. In chapter 6 of this thesis the
separation of mixtures of ethanol and water, using this 'modified' membrane
distillation operation, is described.

Although the title of this paragraph suggests that this membrane opera-—
-tion is a modification of the membrane distillation operation, it is a new
process design of pervaporation. Because the separation characteristics of
this membrane operation are determined by the permselective toplayer, the

name 'membrane distillation' should not be applied.

1.7: Structure of this thesis

The main objective of the research project was to develop composite
membranes, consistipg of a hydrophilic selective toplayer and a porous hy-
drophobic sublayer, which can be used in a thermally driven pervaporation
process for the dehydration of aqueous organic components. In this thesis
'several aspects concerning the development of these composite membranes are
described.

Chapters 2 and 3 both deal with the characterization of the microporous
sublayer. In these chapters the criteria for the applicability of a membrane
distillation operation and a thermally driven pervaporation process are
described. In chapter 2 theoretical considerations about wetting of
polymers are given and an experimental method is described to measure the

maximum allowable concentration of an organic component in water at which-
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the liquid is on tﬁe verge of penetration into the membrane.

In chapter 3 fthe influence of the structure of & hydrophobic micro-
porous membrane on its wettability is discussed. Theoretical considerations
on the penetration of a liquid into different pore structures are confirmed
by experiments, using the experimental method of the previous chapter.

The next two chapters discuss the possibility of separating a mixture
of ethanol and water by membrane distillation. A model, in which vapour-—
liquid equilibria data are combined with an effect of temperature and con-
centration polarizgtion, is described in chapter 4.

In chapter 5 membrane distillation experiments with ethanol/water
mixtures are described and the experimental selectivities and fluxes are
compared with the calculated values. »

Chapter 6 describes a new process design for pervaporation in which
a composite membrane, consisting of a hydrophilic selective toplayer and a
porous hydrophobic sublayer, is used. The driving force for this process is
caused by the thermal gradient existing between the warm feed side of the
mémbrane and the cold permeate side of the membrane. In this chapter the
characteristics of this new process design and its advantages over other
pervaporation designs are described.

In chapter 7 a method for‘ the _application of a homogeneous perm-
selective layer onto a porous hydrophobic sublayer, called the evaporation-
deposition method, is described. Several coating variables are discussed and
results of the application of a poly(vinjl alcohol) layer onto microporous
polypropylene capillaries are evaluated by pervaporation experiments.

The report on 'Terminology for Membrane Distillation' as published by
the European Society of Membrane Science and Technology is given as an ap-

pendix to this thesis.
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Chapter 2: -

WETTING CRITERIA FOR THE APPLICABILITY OF MEMBRANE DISTILLATION

A.C.M. Franken, J.A.M. Nolten, M.H.V. Mulder, D. Bargeman and C.A. Smolders

Summary

Membrane distillation can only be applied on liquid mixtures which do
not wet a microporous hydrophobic membrane. Solutions of inorganic material
in water have such high values of the surface tension (YL 272 . 107% N/m)
that the non-wetting condition is fulfilled for a number of hydrophobic
membranes. As soon as organic solutes are present in the solution, the sur-
face tension YL will be lowered and if the concentration of organic material
becomes too high, wetting of the membrane will occur.

By means of theoretical considerations a critical solute concentration
or surface tension at whiéh a homogeneous smooth material will be wetted (6
© < 90°) can be calculated. For microporous membranes no such theoretical
relation can be derived.

Therefore, a simple experimental method is described to measure the
maximum allowable concentration for a microporous membrane. On the basis of
these measurements, the maximum allowable concentration under process condi-

tions can be determined.

2.1: Introduction

Membrane distillation is a distillation process making use of the pores
_ of a microporous non-wettable membrane as the vapour phase. In this process
two aqueous liquids with different temperatures are separated by a hydropho-
bic mieroporous membrane. The vapour pressure difference APv across the
membrane, resulting from the temperature difference AT, causes vapour mo-
lecules to be transported through the pores of the membrane from the warm
side (feed) to the cold side (permeate).

The advantages of membrane distillation are that the distillation proc-
ess takes place at moderate temperatures and that a relatively small temper-

ature difference between the two liquids contacting the microporous hydro-
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phobic membrane gives relatively high fluxes. Because entrainment of dis-
solved particles is avoided a permeate with a high purity is obtained.

However, membrane distillation is only possible if the restrictive
condition is fulfilled, that the pores of the membrane should not be filled
with liquid. Hence the wetting power of the liquids should be low. Water and
solutions of inorganic substances in water have such high values of the
surface tension (YL z T2 . 1072 N/m), that for a number of hydrophobic mi-
croporous membranes with pores in the range of 1 um or less (such as poly-
propylene (PP), poly(vinylidene fluoride) (PVDF) and poly(tetrafluoro ethyl-
ene) (PTFE, Teflon)) this non-wetting condition is guaranteed. Therefore,
important applications of membrane distillation can be seen in the field of
watér purification and in concenﬁration of product solutions or waste water
solutions (1,2).

As soon as organic solutes are present in an aqueous solution, the
sﬁrface tension YL will decrease rapidly. If the concentration of organic
material does not exceed a certain critical value (so the liquid on both
sides of the membrane does not wet the membrane), the membrane distillation
process can still be used. On the other hand, if the concentration of
organic material exceeds this critical value, the microporous membrane will
be filled with liquid. In this case membrane distillation is no longer pos-
sible.

The aim of this investigation is to find out which concentration of
organic material in water is allowed before the liquid will penetrate into

the membrane.

2.2: Background

The value of the contact angle & of a liquid droplet on an ideal smooth

homogeneous surface is described by Young's equation:

YL.cose = YS:_ Yo (2.1)
A droplet of water on a hydrophobic surface (e.g. PP, PVDF or PTFE) will
give a contact angle which is larger than 90°. If surface active agents (or
in general: organic materials) are dissolved in water, the surface tension
of the 1liquid will decrease. As a consequence, the contact angle 6 will

decrease and 1if & becomes smaller than 90° the liquid will wet the solid
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surface. In“the‘case,that the material. is non-porous. the contact angle will
have a value between 0°.and 90°. On the other hand, if the material is po-
rous (which is the case for membranes used in the membrane distillation
process) ‘it isvpossible that the droplet-will penetrate into the pores of
the material. -

Lucassen-Reynders [3]\stated that any of the interfacial tensions in
equation 2.1 can be affected by surfactant adsorption by virtue of Gibb's
law:

arv,
i

m; = —R.T.I‘i- (2.2)

ai being the activity of the surfactant and Pi its sﬁ;f@ce excess at any

interface.

o

Adsorption of surfactants can only influence thé contact angle if they
affect the ratio (YS - YSL)/YL. Changes in contact angle can be shown con-

veniently by plotting Y as a function of Y, . Combination of equation

s 7 YaL L
. 2.1 and 2.2 then yields the following expression:

d (¥, -cos8) Ig = I L ‘
ay N T (2.3)
L L

For low energy surfaces (such as PP, PVDF or PTFE) it is expecteq that hard-
1y any inferaptipn exists between the surface active agents andithg surfaqé,

in which case T =T

SL L*

It is also expected- that I'y << T [4) and consequently the slope of

S . SL
the curve as represented by equation 2.3 wil; be:

d(YL.cosB)

djL

= =1 " . o . (2.4)
Baréeman"et al. {H) indeed found this relation for solutions 6f sodium
decane;1-sulphonate and sodium dodecane sﬁlﬁhé@e in water on nop—polar sol-
ids like parafin wax and PTFE. For conditions as assumed up till now the
influence of surfactants on the contact angle on non4polar solids can be
described by: ' . 5

-

Y .cos® = =Y + C o ' : : (2.5)_
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This lineair e;;uation with a slope equal to -1 has the advantage "rthat
only one contact angle measurement needs to be performed: the measurement of
the contact angle of pure water on the solid material. If the surface ten-
sion of the solution as a funetion of the composition is known, the value of
YL and therefore the value of the contact angle 6 can be calculated for each
solution composition. This situation is represented by the dotted line in

figure 2.1.

Y, cos 8 [10°N/m]
(=)

Y, [03Nim] ——

FIGURE 2.1: Yy,.cosé as a function of Y, for ethanol/water mixtures on
a homogeneous PTFE surface.

" In figure 2.1 the value of YE". is given by the intercept on the abcissa. YE°

is the surface t;;ension of a liquid mixture which has a contact angle of 90°
when brought 1n contact with a homogeneous smooth solid material. In the
membrane disti'];.lation process the value of YE" is very important. If the
surface tensiorg of a liquid is lower than YE" it could be possible that the
liquid penetrates into the pores of the porous material spontaneously.

The éurfacé tension of a 1liquid that is on the verge of penetrétion
into the pores of a mieroporous membrane, is defined as Yp (p stands for

penetration)., As far as membrane distillation is concerned the value of Yp

L

is even more 1mpor=tant than the value of YE"
Although the above described method for the determination of YE° seems
to be promising, it cannot be used as an accurate determination of Yi. This

is mainly due to three effects:
1. the experimental error for points on a line with a certain inaccuracy in
its slope drawn through one experimental point with a certain inherent

error, increases with the distance to that point;
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2. the use of equation 2.5 is limited to surface active agents of a certain
molecular structure (rather long chain amphipolar molecules, so called
surfactants) ;

3. the value of Y?° does not always coincide with the value of P

L L for porous

media.

ad 1. Although contact angle measurements can be made very accurately
some deviations are inevitable. Mostly a deviation of about 1° is given.'In
literature the differences between the measured contact angles may differ
considerably. For example, for a droplet of water on a Teflon surface, con-
tact angles varying from 108° to 115° have been reported (5-8). This effect
is mainly due to different specimens of Teflon. Another source of error is
the inaccuracy in the slope of the curve: the slope is not exactly -t1. For
different series of measurements Bargeman et al. (Y4) found that the slope
varied between -0.96 and -1.02. So, the effect of an experimental error in
the contact angle is reinforced by the uncertainty in the tangent' of the
slope. For example, if for a droplet of water on Teflon a contact angle 6 =
1140 + 1° is found and the'tangent of the slope is uncertain within 2%, then

-the extreme values for Y

E“ are 40 . 107%® N/m and 46 . 107° N/m respective-

ly.

ad 2. Equation 2.5 is used to describe the influence of surfactants on
the contact angle of non-polar solids and a good agreement with experimental
results is found (H). On the other hand this relation cannot bé usea in
general for mixtures of water and low molecular weight organic components,
such as alcohols (methanol, ethanol) or ecarboxylic acids (formic abid,
acetic acid). In these cases the lineair behaviour as described by equation
2.5 is not always found. As an example the curve for ethanol/water mixtures
on a homogeneous PQFE surface is given in figure 2.1 (the experiméntal re-
sults were obtained from Bernett et al. (6)). ‘

ad 3. The difference between Y?° and Y® will be demonstrated and ex-

L L
. blained on the basis of the results of our experiments.

The restrictions mentioned above do not permit an accurate determina-

tion of Y?° on the basis of the measurement of the contact angle of a drop-

L
let of water on a solid. Furthermore it is doubtful whether the value for
YE“ is the same as the value for YE.
From the above considerations it can be concluded that the value of Yp

L
has to be determined experimentally for the microporous membranes used.
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2.3: Method of investigation

2.3.1: Determination of YE

The value of Yi is determined by the 'penetrating drop method'. In this
method a droplet is brought in contact with the microporous membrane. By
trials with nerrewing series pf eolution compositions the composition of a
liquid mixture is determined ét which the liquid is on the verge of penetra-
;ion into the membrane. The amount of organic material in water at this
composition is ealled the 'max1mum allowable concentration' and the value of
the surface tension‘belonging to this composition is defined as YE.A

The advantages of the penetrating drep method are:

p
L

- the measurements can be carried out on the membrane material itself;

~ the value of Y. can be measured directly;
- the method is experimentally simple and requires no special equipment;
- the measurements can be carried out ve?y quiekly;
- the method has a high accuracy (compared to the conteoﬁ angle measure-
ment). .

The accuracy of the penetrating drop method can be fairly illustrated
with the following example. A droplet will have a height of less than 5 mm
and therefore will exert a gravitagionel force of about 50 N/m? which might
form an inaccuracy in determinihg'YE.:Suppose the maximum pore size of the
membrane material is smellerithan 1Q um.vAceording to the Laplace equation,

ZQBQYL.cose

r
max

AP

It
|

(2.6)

the value of YL,cose can be measured with an accuracy of less than 0.25 .

107% N/m. In the above equation B is a pore geometry coefficient, being 1
for cylindrical pores. Using equation 2.4 for an estimation of the uncer-
tainty in Yi ‘in this case AYE it follows that AYE < 0.25 . 1072 N/m.

 2.3.2: Calculation of YE

s D
under process conditions [YL EC)

p
L

applicable to hydrophobic microporous membranes under process conditions. ‘As

The preceding explanation about Y and its deﬁerminaﬁion is dnly partly

far as intrinsic membrane properties are concerned the preceding discussion
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remains unaltered. ) : _
Nevertheless, it can be easily understood that a liquid mixture with a
composition Jjust beneath the maximum allowable concentration can give prob-
lems in the membrane distillation process. In practical applications the
pressure, exerted by the liquid on the membyane, will be higher than zero as’
a result of, among other things, pumping-pressure. If in that case the liq-
uid has a surface tension YL,.which is only slightly highér than Yi, it is
possible that the liquid penetrates into the microporous membrane.
is introduced. The surface tension Yp

p
- L,pe . L,pc
the 'minimum allowable surface tension.under process conditions'. The con-

Therefore, Y is defined as
centration corresponding to Yg;pc is cglled 'maximum allowable concentration
under process condltlons' )

The relation between the applied pressure and the surface tension is
given by the Laplace equation (equation 2.6). If the value of the maximum
pore size is known and an estimation is made for the appliéd pressure; then
the value of Y .cos8 can bé calculated. If the curve for Y .cos8® as a func-

L L

tion of the concentration is known, the value of YE ?c can be obtained
P ' S

graphically. Determination of Y in this way makes use of the assumption

L,pc
‘that YE° = YE and as will be shown later this assumption is not always cor-
rect.

A better approach is provided by making use of equation 2.5. Combina-

tion of this equation and equation 2.6 with the boundary condition that Y, =

L
YE if YL.cose = 0, then yields the following equation:
Ap'rmax
YL = YL + 5B (2.7)

If in the above equation the'values-fob é membrane distillation process
p

) L YL pe’
proper use of equation 2.7 it is important that .the value of AP which is

are substituted, then the calculated value of Y, is equal to For a
substituted, is higher than the maximum pressure to be applied in the sys-

tem.

2.3.3: Experimental determination of Y pe
..._...__...._._._..___..____.__.__._...___..___..._.._.-_.__L

The above calculation of YL pe reproduces reliable results. If, how-
ever, an accurate determination of Yi ,pe is desired, the value of Yi ,pe has

fo be determined experimentally.
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This can be done by determining the 'liquid entry pressure' as a func-
tion of the surface tension of the liquid (in other words: as a function of
the concentration of organic material in water). For these measurements a
dry microporous membrane is put into a cell and the liquid is brought into
contact with the membrane. The liquid is put undef pressure and this pres-
sure is slowly raised. The pressure at which the liquid penetrates into the
membrane is defined as the liquid entry pressure. By changing the liquid
composition, the liquid entry pressure is obtained as a function of the

concentration of organic material in water. In order to minimize the number
p

L,pc
mate. In figure 2.2 the liquid entry pressure is given as a function of the

of experiments, the calculated value of Y can be used as a first esti-

weight. fraction of ethanol in the mixture, using a microporous polypropylene

membrane (Accurel 0.1).

g
(=]
T
1

—

liquid entry pressure [bar]
—_—
(o)
1
/ O/
1

o
=)

1

00 02 0k

weight fraction ethanol in water—

1

FIGURE 2.2: Liquid entry pressure as a function of the weight
fraction of ethanol in water for a flat PP membrane
(Accurel 0.1).

Note that the point where the liquid entry pressure 1s zero, the con-
centration is equal to the maximum allowable concentration and the surface

tension of the liquid is equal to YL'

Of course, a margin of safety should be taken. The point of operation .

should always be situated on the left hand side of the curve in figure 2.2

and preferably not too close to this curve.
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The experiméntal method involves the following steps:

- determinationiof YE by means of the 'penetrating drop method';
- calculation of Yp L,pe by means of equation 2.7, in which YL = Yp pc
’
- determlnatlon of the 'liquid entry pressure' as a function of the liquid

p

eompos1t10n (in case the calculatlon of YL pe

is not accurate enough).

2.4: Experimental

We have seen that in this investigation two different experimental
techniques were used, namely:
- the penetrating drop method;
- the liquid entry pressure method.
Both techniques are rather simple and have already been described in the
previous paragraph.

Penetrating drop methdd (PDM) measurements were carried out using two
"different kinds of polymers (PVDF and PP) with different characteristics. An
overview of the characteristics of the membranes used is given in table
2.1.

Table 2.1: Properties of membranes used.

" Property Acc.0.1 R 5/1 PV 159 F 0030
material PP PP PVDF PVDF
configuration flat capillary
outer diameter* (um) - 1800 1230 1500
inner diameter (um) - 1200 830 1000
membrane thickness(um) 160 300 200 250
porosity (%) i ca. 80 ca.80 75 82
av. pore diameter (um) 0.1 0.1

max.pore diameter (um) 0.40 0.38 0.25 0.60

Liquid entry pressure (LEP)‘measurgments were carried out on flat PP

membranes and on capillary PVDF membranes.
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The measurements, both PDM measurements and LEP measurements, were
conducted with new untreated membranes which were only used in one experi-
ment. . ‘ “

A1l the membranes were klndly supplled by Enka A.G. (Produet‘Group

Membrana) .

2.5: Results

In this paragraph the results of the penetrating drop‘méthdéiand~the
liquid entry pressure measurements will be presented. In order to-be able to
compare thé results of theése medsurements with the results of the measure-—
ments on homogeneous, smooth surfaces the literature résults of the latter
are presented in table 2.2. In this table the-results of the méasurements on

PTFE surfaces are also given.’

Table 2.2: Some properties of hydrophobic materials.

Property " PP PVDF PTFE
Y2 °(107% N/m) 55 50 40.5 (6)
Y, (1072 N/m)* 29 (10) 25 (9) 18 - (9)

¥ Y, is the c¢ritical surface tension of wetting of a homogeneous
smooth material by a liquid mixture, which is defined by the
intercept of the experimental line in flgure 1 with the line
where 8 = 0 (9}. -~ - -

The results of the penetrating drop method measurements are_given in-

table 2.3 and some of these measurements are also plotted in figures 2.3 and

p
L

interesting coenclusions can be drawn from these measurements.

2.4, Although the values obtained for .Y; deviate strongly from YL , some
First, it is remarkable that the liquid peneﬁrates into PVDF membranes
at a higher value of Y than it dégé in%o PP membranes. This result is unex-
pected 81nce PVDF is a more hydrophoblo material than PP.
The second conclusion which can be obtained from these measurements is
that all the values of YE are lower than the value of YE°. Some of the meas-~
urements (e.g. alcohol/water mixtures in contact with flat PP membranes)

give values for YE which are almost as low as Yc. This means that contact
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angle measurements on homogeneous'.smooth -materials form not at all a good
criterion for the applicability of membrane distillation. The. only measure-
ments in which vélues of YE are “r-oughlf edual to Yi° are the experiments
with aqueous mixtures of DMF, DMAc and DMSO on PVDF porous membranes and

even }‘or- different types of PVDF meﬁlb;anés differences occur.
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FIGURE 2.3: YE for aqueous mixtures .of alcohols.

FIGURE 2.U4: YE for aqueous mixtures of carboxylic-acids.

The ‘third coneclusion that can be drawn from the PDM-experiments is that

for a specific membrane YE can be dependent upon the composition of the
liquid mixture. For PP membranes the value of YE seems to be dependent upon

the class of organic solutes only -and .not -on the molecular size within a

series. For instance, for a flat PP membrane (Accurel 0.1) the following

P
L

alcohols ~29 . 1072 N/m;.

values for Y, are found:

carboxylic acids ~ 32 . 1073 N/m;-

DMF/DMAc ~ 36 . 107° N/m.
On the other hand, for.PVDF memb‘r*énes this dependence is different. Both for
a series of aqueous mixtures of alcohols and for a series of aqueous mix-
tures of ecarboxylic acids the values of Yp~ decrease when the number of C-

L
atoms increases (see also figures 2.3 and 2.4).
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Table 2.3: Penetrating drop measurements of aqueous mixtures of organic

components.
Membrane
Organic PV 159 F 0030 R 5/1 Acc. 0.1
component
1Y p p P

wt.% YL wt.% YL wt.% YL wt.% YL
methanol 37 37.8 35 38.5 69 29.0 T4  28.0
ethanol 23.5 36.5 21 38.0 35 31.5 I 29.5
propanol-i 11.5 33.5 10.5 35.0 13 32.0 15.5 29.5
butanol-1 4.5 31.0 3.5 32.0 L5 31.0 5.5 29.0
butanol-2 9 29.0 7.5 31.0 8.5 29.5 9 29.0
formic acid 59 u47.5 53 48.9 100 - 100 -
acetic acid 31 43,4 27 un .7 81 32.2 83 31.8
propionic acid 17 39.0 15.5 39.8 37 33.3 43 32.5
butyric acid 5 38 5 38 9 32.5 9 32.5
DMAc 11 48 39 50 91 36 9y 35.5
DMF . 43 48 39 50 95 36 98 35.5
DMSO 61 50 57 51 100 - 100 -
acetone 33 35.0 31 35.8 47 31.2 54  29.8
1-4 dioxane 37 44,3 35  85.0 61 38.2 64  37.7

Liquid entry pressure measurements were carried out to find out whether

the values of the PDM-measurements and the use of these values for the cal-
p

L,pc
were carried out on flat PP membranes and on capillary PVDF membranes with

culation of Y by means of equation 2.7 are correct. The LEP-measurements
aqueous mixtures of ethanol. The results of the measurements are givén in
figure 2.5. In this figure the LEP-value is plotted as a function of the’
surface tension of the aqueous ethanol mixture. The values of Yg,po which
are calculated by means of equation 2.7 are represented in figure 2.5 by
dashed lines.’
From this figure it can be seen that:
- the value of YE, measured by the PDM is in good accordance with the LEP-
measurements; '
- the values of YL,po which are calculated by equation 2.7, differ from the
values measured. by means of the LEP. A reason for this deviation might be
that d(YL.cose)/dYL is not exactly -1. Furthermore, the membrane structure

might be a factor of importance;
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- the slope of the LEP-curve is nbt constant. This means that the use of
equation 2.7 is limited as was already discussed before. The deviation
might be caused by the fact that ethanol is not a surfactant and its mix-

tures with water are far from ideal.

® PV 159 (PVDF) ]
m Acc.01 (PP}

N
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FIGURE 2.5: Liquid entry pressure as a function of the surface tension
of ethanol/water mixtures.

In spite of the slight difference between the measured and the cal-
culated curves it can be concluded that the description of the wettability

criteria for a membrane distillation system by means of the penetrating drop

p

L,pe is rather gooq.

method and the calculation of the values of Y

2.6: Discussion

From the results that are presented>here it becomes ‘clear that the
calculation of a maximum allowable concentration of organic material on the
' basis of simple contact angle measurements of a droplet on a homogeneous
material is not possible. The méasured values of YE” obtained in that way
cannot be used to describe the penetration of a liquid into a porous mate-
rial. The values of YE, measured by means of the PDM, are lower than YE° and
higher than YO and its exact value can only be obtained by measurement.

In this paragraph a qualitative explanation for the difference between
the values of YE on one hand and Yi° and Yc on the other will be given. The

p

value of YL will depend upon the polymer material, the porous structure of
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the membrane and éhe:composition of the liquid mixture. The value of Yi°
(and_Yc) depends upon the polymer material and in some cases also on the
composition of the liquid mixture. Eor instance, Bernett et al. (6] found
different valges for Yc of polyethylene and Teflon when measured with dif-
ferent aqueous solutions (PE: Yc (ethanol, butanol-1) = 27.5 . 107% N/m; Yc
(1,4-dioxane) = 31.5 . 1072 N/m). Although no other values for PP and PVDF
are known except for the ones given in table 2.2, it is expected that Yc
might be slightly different for different liquid mixtures in contact with
these materials.

However, the above explanation for ‘the possible difference in Y does
P is (much) lower than Y2°. This experlmental

L L
fact can be explained by the extremely high surface porosity of the membrane

not explain why the value of Y

material. Davies et al. (11) stated that on rough.or hairy surfaces always
higher contact angles are obtained than on 'a smodth surface of the same
material. This can be understood by the following relation, derived by

Cassie and Baxter (12):

cosd' = f,.cosé - f,, ) , (2.8)
which gives a relation between the contact angle measured on a rough sur-
face (6') and the contact angle measured on a smooth surface (6). In equa-
tion 2.8 f1 and f2 are the fractions of the composite surface which are
liquid/solid and liquid/air respeetively. This equation can only be used in
case f, < f1. In the other case (f2 > f1) cos ' would be smaller than zer’o;
which would imply that 6' is always larger than 90°. This should mean that
such a surface never could be wetted. But it can be easily understood that,
if © becomes zero or approaches zero, the surface of the material (even
insidé the pores) becomes completely wetted.

For highly porous membranes, like the oﬁes that are used in our inves-
tlgatlons, the Value of f2 Wwill have a substantial value and may even be
larger than 0.5, in which case equation 2.8 no longer is valid. (Note: the
fact that the‘overall porosity of a nembrane is 80% does not mean that f2 is
equal to 0.8; probably this value is much lower) In cases where equation
2.8 is valid, 6' is a function of the por051ty. ’

In case of membrane distillation the membrane will be wetted only if o°'
< 90°, For different values of f2’ the contact angle on a smooth surface 6
is llsted ln table 2.4,
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f o (°)
2
Table 2.4; -
0 90 Contact angle on a smooth surface (e) for
0.2 75 - ‘which a ‘porous substrate with pore fraction £y
0.l 48 will be wetted (8' = 90°).
0.45 35
0.48 23
0.5 0

The values in this table are calculated by means of'equation 2.8 with
the boundary condition that cos 6' = 0. From this table it can‘be>seen that
for f2 in the range of 0.45 till 0.5 a small variation in porosity (or
better: in liquid/air surface fraction) leads to an enormous difference in
required contaét angle and will also lead to'difféfenees in YE.

It muSt be mentioned again that not all the results can be explained by
this qualitative description. For instance, the fact that YE for alcohols
and carboxylic acids on PVDF membranes is lowered as the number of C-atoms
increases, whereas the valdes on the PP membranes remain constant, cannot be
explained by the above discussion. Therefore, more investigations especially
on the influence of the membrane structuré on wetting phenomena, will be

carried out.

2.7: Conclusions

The main_céﬁclusion that can be drawn from our investiéations is that
the maximum alloﬁable concentration of orgahic material in water cannot be
calculated, but has to be determined experimentally.

The ‘'penetrating drop method' is a good ‘and’ experimentally simple
method for determining the maximum allowable concentiration of organic mate-
rial in water and its corresponding surface tension (called Yi).

The semi-empirical way to determine the surface tension at process
YII)J,pc'
2.7 gives fairly good results, which can be used to safely estimate.the

conditions, making use of the penetrating drop method and equation

maximum allowable concentration at process conditions.
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2.8: Symbols

The symbols that are used in this chapter are conform the terminology
of membrane distillation (13). Additional symbols or symbols which are

defined a different way are marked with the *-symbol.

a _ activity of surfactant - *
B pore geometry coefficient - *
C (eq. 5) constant N/m *
f1 (eq. 8) liquid-solid surface fraction - ®
f2 (eq. 8) liquid-air surface fraction - *
AP pressure difference N/m?

APv vapour pressure difference ‘ N/m? *
R gas constant (= 8.310) J/mol°C

max maximum pore radius pm ) *
AT . temperature difference °C

T surface excess activity of surfactant mol/m* ®
Y surface tension N/m

Yc critical surface tension of wetting ) N/m ®
Yi“ surface tension of a liquid (mixture)

which has a contact angle of 90° when brought

in contact with a homogeneous smooth solid -

material N/m *
YE surface tension of a liquid (mixture) that

is on the verge of penetration into the

pores of a (micro)porous membrane N/m *
Yi’pc Yg under process conditions N/m *
e] contact angle ° *
o' (eq.l8) contact angle on a rough surface ° *
Subseripts

index
L - liquid _ *
S solid hi

SL solid-liquid *
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Chapter 3: )

INFLUENCE OF THE STRUCTURE OF A MICROPOROUS MEMBRANE ON ITS WETTABILITY

A.C.M. Franken, J.A.M. Nolten, D. Bargeman, M.H.V. Mulder & C.A. Smolders

Summary

Wetting of microporous membranes is influenced by three factors: the
membrane material, the nature of the penetrating liquid and the wmembrane
structure. In this chapter it 1is shown that all kinds of membrane struc-
tures can be classified into two basic types of structures, the 'sharp-
edged' and the ‘'rounded' pore structure, and that these structures are
determined by the membrane preparation method.

) Furthermore, it is shown that membranes with a 'sharp-edged' pore
structure show more liquid;repellency than those ‘with a 'rounded' pore

structure.

3.1: Introduction

Wetting phenomena play an important role in several fields of membrane
technology. In microfiltration and ultrafiltration it is important that the
membrane is wetted by the liquid which is to be filtered. If the liquid
solution does not penetrate into the membrane pores spontaneously an exter-
nal pressure must be exerted onto the liquid in order to make it penetrate.
In cases where this is impossible or unpractical an artifice has to be
applied in order to wet the membrane. For instance, membranes made of hy-
drophobic materials 1like PTFE or PP are not wetted spontaneously by an
aqueous solution and depending on the pore size, sometimes increased pres-
sures up till several bars are necessary to enforce penetration. Iﬁ this
case a wetting-solution (e.g. ethanol).can be used in order to wet the
membrane at ambieﬁt pressure. . ’

On the other hand, in a process like membrane distillation it is es-
sentiél that the hydrophobio membrane should not be wetted by the liquid to
be treated. Mostly aqueous solutions with a high surface tension are used

in which the total amount of organic compounds does not exceed a certain
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limit. In the pre&ious chapter wetting criteria for the applicability of
membrane distillation have been formulated (1).

Characterization of the wettability of materials is mainly done by
contact angle measurements. These measurements provide information about
the interaction between a polymer and a liquid. Disadvantages of this tech-
nique are that the measurements have to be carried out on smooth homogene-
ous surfaces and that the measurements often show large deviations. In
literature mostly an experimental inaccuracy of about 1° is given. However,
the differenpes between the measurements of different authors are in most
cases much larger. For example, for  a droplet of water on PTFE surfaces,
contact angles varying from 108° to 115° have been reported [2—5). Also the
contact angle hysteresis forms a serious experimental and interpretative
problem.

Another disadvantage of contact angie measurements is that the method
cannot be used on porous materials directly. Therefore, an experimental
method, called the 'penetrating drop method', has been developed (1). In
this method a droplet is brought into contact with the porous membrane and
the conditions for spontaneous penetration of this droplet are found by
changing the solute concentration. By trials with narrowing series of solu-
tion compositions, the composition of a liquid mixture is determined at
which the droplet is on the verge of penetration into the membrane.

As already has been pointed out in the previous chapter, the structure
of the porous material plays an importént role in wetting phenomena. In
this chapter, the influence of the membrane structure will be investigated

explicitly.

3.2: Theory

3:2.1: Contact _angles and capillary phenomena

Contact angles provide information about the interaction of a solid
material in contact with a liquid. If the contact angle, 6, is larger than
90°, then the liquid tends to form a ball (see figure 3.1a). In case of a
water droplet, this material is called hydrophobic. When a good  interaction
between liquid and solid material exists, 6 will be lower than 90°. Such a
material is called hydrophilic in case of a water droplet (see figure
3.1c).



- 43 -

8>90° . B=9°

LN '
FIGURE 3.1: Contact angdles of a liquid droplet on a solid material.
L3

" When a pordu§ mmteriél is used, the situation can be represented by a
capillary. Penetrah&on o%'a liquid into a capillary is mathematically de-
scribed by the Laplace equation. This equation (3.1) gives a relation be-
tween the pressure difference AP across a meniscus in a capillary pore of a
certain material using a certain liquid.

5 - - 2.B.YL.cose . 3.1
r
In this equation AP is expressed in such a way that it represents the pres-
sure that ié needed to make a liquid penetrate into a capillary. B repre-
sents a pore geometry factor; in case of a cylindrical capillary B = 1.

Furthermore, Y, is the surface tension of the liquid, r the inner radius of

the capillaryI;nd 6 the contact angle between the solid material and the
liquid. ‘

From equation 3.1 it can be seen that a contact angle larger than 90°
(i.e. cosine 6 is negative) leads to a bositive value of AP and therefore a
certain external pressure will be needed to make the liquid penetrate into

the capillary. In an equilibrium situation, as is shown in figure 3.2,

T ¢

B8<9°
capillary capillary
depression rise

6=90°

FIGURE 3.2: Contact angles and capillary phenomena.
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capillary depression occurs. On the other hand, if 6 is lower than 90°,
cosine 6 is positive, resulting in a negative value of AP. In this case the
liquid will spontaneously penetrate into the capillary. In the equilibrium
situation this results in capillary rise. .

In the most simplified model the pores in a membrane can be considered
as a number of cylindrical capillaries. However, this situation does not
hold when real membranes are considered. The only commercial membranes, for
which this requirement is approached, are Nuclepore-membranes and even for
these membranes it was shown by Hernandez et al. that the pores cannot be
considered as cylindrical capillaries (6),

The fact that a membrane cannot be considered as a number of cylindri-
cal capillaries does not mean that the considerations given above about
wetting do not apply. In principle, the deviations from ideality can be
covered by adjustment of the pore geometry factor B. This can also be found
in literature, among others in an ASTM-method in which the maximum pore
size of a membrane is determined by means of the maximum bubble pressure
method. In this method, B is fixed at a value of 0.715 (7).

As the factor B can vary between 0.5 and 1.0 (8), this variation can
never be responsible for a change in sign of AP in equation 3.1. This means
that the contact angle is the only parameter which determines whether an
external pressure is needed for the penetration of a liquid into a mem-
brane. According to equation 3.1 and figure 3.2, a spontaneous penetration
of a liquid into a membrane occurs if the contact angle 6 is smaller than
90°. From previous experience, however, it is known that the contact angle
can often become (much) lower than 90° before a spontaneous penetration of

a liquid into a membrane occurs (1,9,10,11).

The pores in a membrane often show an irregular structure which cannot
be represented as a bundle of cylindrical capillaries. In figure 3.3 sev-
eral different pore structures are given. When the constrictions of these
pores are considered, all the different pore structures can in fact be
condensed to two basic types of constrictions, being a ‘'rounded' pore type
(type I) and a ‘'sharp-edged' pore type (type II).

Type I pore structures have already been described by Kim and Harriott

(QJ, In their investigations they used Gore-Tex TA 004 PTFE membranes with
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FIGURE 3.3: Several pore structures (side views).

a maximum‘pore size of 2.0 uym. They considered the pores in these membranes
to be similar to the hole in a doughnut. In our investigation such pores
are refered to as 'rounded' pores. Schematically a description is given in

figure 3.4.

R.cos @

@

FIGURE 3.4: Side view of the liquid/air interface in a 'rounded' pore;
phase (1) is a liquid and phase (2) is air.

For this (eircular) geometry the following equation for the pressure dif-

ference across the liquid/air interface can be derived (9):

2 .Y, . cos(6-a)

L
Py =P =~ 1 {1 + (R/r).(1-cosa) ) 3-2)
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The maximum pressure difference for penetration, (P1—P2)max as a function
of the position of the liquid/air interface is obtained when the derivative

of (P1~P2) with respect to o equals zero. From equation 3.2 we then find:

sin 6

T+ (e/R) (3.3)

sin(6-a) =
From equations 3.2 and 3.3 it follows that a pressure is needed to force
the liquid into the membrane even when 6 is smaller than 90°. For instance,
if r = R and 6 = 75°,bit can be calculated from equation 3.3 that o =
-76.1°. Substituting -these values into equation 3.2 gives a maximum pres-
sure of about O.SO*(Z.YL/r’)° Two things become clear from this example. In
the first place, it is shown that even when the intrinsic contact angle
becomes smaller than 90° a pressure is needed to make the liquid penetrate
into the membrane. Secondly one finds that the maximum pressure is not
reached at the point where a = 0° and the constriction has its lowest value
of 2r.

The second type of constriction is formed by a so-called 'sharp-edged’
structure. A schematic representation of this kind of structure is given in

figure 3.5.

@

R.cosa

FIGURE 3.5: Side view of the liquid/air interface in a 'sharp-edged’
pore; phase (1) is a liquid and phase (2) is air.

Before the penetration of a 1liquid into a ‘sharp-edged' pore can be

discussed two assumptions have to be made. The first assumption is that the

-
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structure that is considered is an ideal structure; in other words the
sharp edge of the pore is infinitely sharp. The second assumption is that
the intrinsic contact angle between solid and liquid does not change unless
there is no other way to pass a structural barrier. In fact both assump-
tions are also implicitly made when a ;rounded' pore is considered. In case
of a 'sharp-edged' pore, however, it is necessary to state these assump-
tions explicitly, because the effects are more pronounced here.

In case of a 'sharp-edged' pore the following equation describes the
pressure difference across the liquid/air 'interface:

2. Y, cos(6-a)

P1 - P2 ST r. ((R/r).cosa) : (3.4

This equation looks almost similar to the equapion that is used to describe
the penetration of a liquid into a 'rounded' pore. The difference in the
denominater is caused by the fact that the curvature of the pore is convex
in the former case (equation 3.3) and concave in the latter (equation 3.4).
Until the constriction .is reached (a < amax)’ the contact angle 6 has a
constant value.

When o = amax’ thé value of the contact angle has to change in order
to pass the 'sharp-edged' barrier. The changing contact angle is referred
to as 6'. In this case the pressure difference across the liquid/air
interface is given by the following equation:

. 2 . Y- cos(e'—amax)

g TPy - — - (3.5)

If 6 is equal to or smaller than amax’ the value of (P1—P2) reaches

its lowest (most negative) value at the point where 6' = S An example
of this situation is schematically given in the left hand picture of figure
3.6, in which the penetration of a liquid with a contact angle 8 = 50° into
a 'sharp-edged' pore with an O ax value of 70° is given. In the situation
where 8 is larger than ®ax’ (P1~P2) becomes minimal at the point where a =
amax' For an example: see situation "a" of the right hand picture of figure
3.6 (o = 70° and & = 80°).

max .

The maximum value of AP to overcome the 'sharp-edged' barrier,

- i ' . + . Thi i

(P1 PZ)max’ is reached when 8' becomes equal to (2 o % 8) his value is
equal to 6 again when 6 is defined in relation to the wall of the lower

part of the capillary. It must be remembered that the value of o at the
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other side of the barrier is defined in such a way that its value is nega-

tive. For example, if r/R = 0.3% and 6 is 50°, then the value of amax is

70° or -70°. The value of (P1-P2)min = —2.YL/r and (P1—P2)max =

%
0.5 (Z.YL/P).

a 0'=¢ a. 0'=8 (aPpp)

b, &= Gax (8Ppia) be

€ 8= 2.005+0=6 (4P €. 0'=2.@gt8=0 (AR
[Ctms=70°  0=50°| [ote=70°  0=80°]

FIGURE 3.6: Interfaces of a penetrating liquid with a contact angle
8 = 50°, respectively 80°, into a 'sharp-edged' pore with

a = T70°,
max

The most interesting variable as far as membrane operations are con-
cerned is the pressure that is needed to make the liquid penetrate into the

rel)hax’
defined as (Pl—PZ)max/(Z.YL/r), is given as a function of (r/R) for various

membrane. In figure 3.7 the relative maximum pressure difference (P

contact angles.

Figure 3.7 shows clearly that the penetration pressure Prel becomes
higher when the contact angle 6 is larger. It also shows that the maximum
penetration pressure increases when r/R decreases. This has, for instance,
as a consequence that a higher relative pressure is needed to make a liquid
with a contact angle of 60° penetrate into a 'sharp-edged' pore with r/R =
0.4 than to make a liquid with a contact angle of 120° penetrate into a

eylindrical capillary (r/R = 1).
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FIGURE 3.7: Relative maximum penetration pressure as a function of
(r/R) for 'sharp-edged' pores. The numbers at the curves
are the intrinsic contact angles.

The value of 8 for which a penetration pﬁessure is needed, can be ob-
tained from figure 3.7 or calculated exactly from equation 3.5. From this
equation it follows that (PT_PZ) is positive when cos(e‘—amax) < 0. Knowing
that the maximum value of (P1—P2) is reached when 8' = 2.amax+e, it can be
calculated that the value of 2'amax+e-amax = amax+9 must be larger than 90°
in order to have a positive penetration pressure. On the other hand, if
amax+9 < 90°, spontaneous penetration into the membrane occurs. For in-
stance, if r/R = 0.4, then Qpax = 66.4°, From the above consideration it

followsrthat spontaneous penetration only occurs whén 8 < 23.6°,

All the pore structures that are known in membrane literature can be
schematically represented by one of the structufes shown in figure 3.3. Be-
sides the fact that all these structures can be reduced to two basic types
of constriction, it is also possible tovpredict which type of constriction
is likely to occur on the basis of'knowledge of the ‘membrane formation

mechanism.
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A detailed description of membrane formation mechanisms can be found
in literature [12,13). In this chapter only a brief description of those
aspects of membrane formation, which are necessary for a better understand-
ing of the formation of the different pore types, will be given. There are
various methods to obtain microporous membranes: sintering, stretching,

track-etching and phase inversion.

Sintering is a membrane formation process that is generally used
for the fabrication of membranes from materials that cannot be dissolved in
a suitable solvent. Whether the starting-material is a glass, metal, poly-
mer or ceramic material is not so important, the resulting pore structure
depends upon the process conditions and the shape of the starting-material.
As far as the sintering process is concerned, a distinction is made between

two cases.

FIGURE 3.8: Sintering of spherical powders.

In the first case, a powder is pressed into the desired shape and
additionally subjected to a sintering treatment. This process is generally
used for ceramic, glass and metal membranes. For instance, 1if spherical
particles of a ceramic material are used, the holes that are obtained after
sintering will be of a 'rounded' type (see figure 3.8). It must be remem-
bered that the pores do not have to be circular (like in a doughnut) in
order to belgng to the 'rounded' type; the only criterium is that no sharp
edges are present. If the starting-material is irregularly shaped, sharp
edges caﬁnot be excluded. In most cases, however, the sintering process
will have a 'smoothening effect' on these sharp edges, generally resulting
in 'rounded' pores.

In the second type of sintering a pore-former or a second phase is
added to the powder. This process is generally used for the fabrication of
polymer membranes, but can also be used for metal or glass membranes. In

case of a polymer (e.g. poly(tetrafluoro ethylene)) a pore—-former is added



to the powder before it is pressed into the desired shape and subjected to
a sintering treatment. Depending on the situation whether the pore-former
or the polymer is forming sphere-like droplets during the process, a struc-
ture with 'rounded' pores or a structure with 'sharp-edged' pores is form-

ed. In figure 3.9 an example is given in which the pore-former is forming

FIGURE 3.9:

Sintering of a polymer material
in which the polymer is formed
around the pore-former.

I

droplets and the polymer is pressed around this droplet. In this case a
'sharp-edged’ strupture is obtained. It must be remembered, however, that
the formation of 'rounded' pores can occur as well. For instance, if the
pore-former is removed before or during sintering, the sintering process

can exert its smoothening effect on the sharp edges. I

Stretching of semi-erystalline polymer films,J which are obtained
by extrusion, is another preparation method which can be used for the fab-
rication of membranes from polymers. The method 1is employed for polymers
which cannot be .dissolved in a suitable solvent (e.g. poly(tetraflu#éé
ethylene) (12,14)), but can also be used for other polymers that have a
high degree of crystallinity (12). An example' of the latter kind are
Celgard membranes‘made from polypropylene (15,16]. Stretching of the ex-
truded polymer films results in formation of an interconnecting fibrous
network of slitlike voids between the crystalline areas. As the poiymer
film will try to reduce the effect of deformation, it can be easily under-
stood that the polymer 'fibers' forming the interconnecting network have a
circular cross-section. Theréfore, all the membranes that are obtained by
this method have ‘'rounded' pore shapes (schematically represented by type

I-2 of figure 3.3 (see also figures 3.10 (a,b) and 3.11 (a,b,e)).

The third method to obtain porous membranes is .by track etéhing.

The method is used to obtain Nuciepore membranes and membranés obtained by
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this method are often referred to as 'nucleation track membranes'. As etch-
ing has more or less the same smoothening effect on sharp edges as the
sintering process, the surfaces of the membranes do not show any sharp
edges: A numper of photographs of Nuclepore membranes support this preposi-
tion {12,13,17). Hernandez et al. (6) showed that the pores cannot be con-
sidered as cylindrical capillaries. Although their schematical representa-
tion of a pore (with sharp edges at the membrane surfaces) is a good de-
scription as far as the transport mechanism through the membrane is con-
cerned, the sharp edges are conflicting with the surface photographs men-—
tioned above. Therefore the best representation of the pore shape of track-
etched membranes is given by type I-3 in figure 3.3. In conclusion it can
be stated that membranes obtained by (track) etching will have pores with a

‘rounded' shape.

The 1last method that is considered is membrane formation by the
phase inversion process. There are several ways of making porous mem-—
branes by means of phase inversion of which 'immers;on precipitation? (18,
19,20], in which liquid-liquid demixing of a polymer/solvent/non-solvent
system takes place, and the 'thermal inversion process’ (21), in which the
process of demixing and solidification takes place through lowering the
temperature, are the most important.

In analogy to our discussion above it depends on the fact whether the.
pore-former or the polymer is forming sphere-like droplets during the phase
inversion process. If alliquid—liquid demixing takes place, it will always
be the polymer phase which is solidifying. As the solidifying polymer tends
to minimize its energy a 'rounded' structure will always be obtained.

On the other hand if the membranes are obtained by thermal invefsion
it depends on the solidifying phase whether a structure with "rounded '
pores or a structure with ‘'sharp-edged' pores is obtained. If the solution
is cooled slowly, then a spherical cell structure with type II pores is
obtained (22]. For example, the typical Accurel-structure is obtained by a
solidification of the pore-former and the polymer is built around this
phase (23). After removal of the pore-former a membrane with fsharp-edged’'

pores is obtained (see figure 3.10c).

Concluding this paragraph it can be stated that in most cases a struc-—
ture with 'rounded' cbnstriotions is obtained and that only in special

cases a 'sharp-edged' structure is formed.
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3.3: Experimental

To determine at which concentration of organic material in water a
membrane is wetted an experimental method, called the 'penetrating drop
method', has been developed [1). In this method a droplet is brought in
contact with the porous membrane. By trials with narrowing series of solu-
tidn compositions the composition of a liquid mixture on the verge of pene-
tration into the membrane is determined. This method has been described in
detail in the previous chapter.

The membranes used in this investigation were all flat microporous
membranes. All membranes have a symmetrical structure, except for "FS 3.0"
which is a composite membrane consisting of a poly(tetrafluorc ethylene)
(PTFE) toplayer (10 um) on a polyethylene (PE) non-woven. In table 3.1 an
overview of the characteristics of the membranes used is given. All experi-
ments were performed with new untreated membranes which were only used

once.

Table 3.1: Propertiés of membranes used.

Celgard Accurel Fluoropore Mitex

Property

2400 - 2500 0.1 FG 0.2 FH 0.5 FS 3.0 LC 10.0
Material PP PP PP PTFE PTFE PTFE PTFE
Membr.thickness (um) 20 20 160 Lo bo 10 100
Porosity (%) 38 51 75 .
Av. pore size (um) 0.02 0.04 0.1 0.2 0.5 3.0 10.0
Max. pore size (um) 0.2 0.2 0.45

Both types of Celgard membranes ﬁere obtained from the Celanese Corpora-
tion, the Accurel membranes were obtained from Enka A.G. and the Fluoropore

and Mitex membranes are products of the Millipore Corporation.

3.4: Results

In this section the results of the penetrating drop method will be
presented. In order to be able to compare the results of these measurements

with the results of (contact angle) measurements on homogeneous, smooth
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Table 3.2: Some properties of hydrophobic materials.

Property ’ PP PTFE
Y2° (1072 N/m) 55 40.5 (3)
Y, (107% N/m) 29 (2u) 18 (25)

surfaces, literature data of the latter are presented in table 3.2.

In this table YE° is the surface tension of a liquid mixture which has
a contact angle of 90° when brought in contact with a homogeneous smooth
material and Yc is the critical surface tension of wetting, which is de-
fined as the surface tension at which 6 = 0° when a liquid mixture is
brought into contact with a homogeneous smooth material.

The results of the experiments with the penetrating drop method are
given in table 3.3 and 3.4. Table 3.3 shows the data with the PP membranes
and table 3.4 gives the results of the experiments with PTFE membranes. For
every membrane the weight percentage of the organic component in water, at

which this liquid is on the verge of penetration, is given. The surface

Table 3.3: Penetrating drop measurements of aqueous mixtures of organic
components using polypropylene membranes.

Membrane
Organic Celgard 2400 Celgard 2500 Accurel 0.1
component b 5 D

wt.% Y wt. % YL wt.% YL
methanol 65 29.8 67 29.3 e 28.0
ethanol .35 31.4 35 31.4 8| 29.5
propanol-i 13 32.0 15 30.5 16 29.5
butanol-1 4.5 32.5 4.5 32.5 5.5 29.0
formic acid 100 - 100 - 100 -
acetic acid 73 . 33.8 75 33.4 83 31.8
propionic acid 29 34.6 o3 34.2 43 32.5
DMAc 91 36.0 93 35.7 94 35.5
DMF 91 36.5 91 36.5 98 35.5
DMSO 100 - 100 - 100 -
acetone 45 31.7 u7 31.2 54 29.8

1,4-dioxane - 53 39.7 53 39.7 64 37.7
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tensions, corresponding with the/measured concentrations, are oaleulated
using literature data. ’
From these measurements some interesting conclusions can be drawn.
First of all, it can be seen very clearly that the surface tension upon
penetration, Yi, is much lower than YE°. In some of the above experiments
YE is even as low as the critical surface tension, Yc"
The second conclusion is that, although the concentration of organic
component is different, the surface tension upon penetration, Yi,
tically cohstant for a class of organic solutes. This same conclusion has

is prac-

already been obtained in previous measurements (1).
The third conclusion is that YE for Accurel membranes ('sharp-edged’
E for Celgard membranes ('rounded' pores). The dif-

ference between these membranes, which are representatives of the two basic

pores) is lower than Y

types of structure, will be discussed in the next paragraph.

"For the penetrating drop experiments with PTFE membranes (see table
3.4) the éame conclusions as obtained for PP membranes can be drawn. In
these experiments Y? is also much lower than Y?°, but in this case the

L L
surface tension upon penetration is not as low as Yc' The measurements in

- Table 3.4: Penetrating drop measurements of aqueous mixtures of organic
components using poly(tetrafluoro ethylene) membranes.

Membrane

Organic FG 0.2 FE 0.5 FS 3.0 . LC 10.0
component p p p p

wt.% A wt.% Y. wt.% YL wt.% Y
methanol 99 22.3’ 99 22.3 99 22.3 100 -
ethanol 83  24.1 81 24.3 77 24.8 87 23.6
propanol-1 51 25.0 B5 0 25.2 31 25.8 71 24.5
butanol-1 7 26.0 7 26.0 5.5 29.0 7 26.0
formic acid 100 - 100 - 100 - 100 -
acetic acid 97 28.5 97 28.5 95 28.9 99 28.0
propionic acid 85  28.7 83 28.8 81 29.0 95 27.5
DMAc 100 - 100 - . 100 - 100 -
DMF 100 - 100 - 100 - 100 -
DMSO 100 - 100 . - 100 - 100 -
acetone 91 24.8 89 25.1 87 25.4 95 24,1

1,4-dioxane 100 - 100 - 100 - 100 -
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which YE is closest to Ye are the measurements with aqueous methanol mix-

tures.

D
L
obtained for PP membranes, is not observed for PTFE membranes. From the

The conclusion that Y. is constant for a class of solutes, which was
measurements in téble 3.4 using mixtures of alcohols in water, a slight in-
crease In Yi<with the number of C-atoms is observed.

The differences between the two types of structure (LC 10.0 has
'sharp-edged' pores, whereas the others have 'rounded' pores) is not so
clear as in the case of PP membranes, but nevertheless in this case it is
also found that the 'sharp-edged' pores are more liquid-repellent than the
'rounded’ pores.

The existence of a 'sharp-edged' or 'rounded' pore structure can be
seen on electron microscope photographs. In figure 3.10 photographs of the
investigated'PP membranes are given and in figure 3.11 those of PTFE mem-
branes. )

'These photographs indicate that the pore structure of the Celgard mem-—

branes (figure 3.10a and 3.10b) belongs to type I ('rounded® pore shape)

a. Celgard 2400
b. Celgard 2500
c. Accurel 0.1

FIGURE 3.10: Electron microscope photographs of polypropylene mem-—
branes.
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and Accurel 0.1 (figure 3.100) belongs to type II ('sharp-edged' pore
shape). The fact that the Celgard membranes belong to type I can also be
predicted on the basis of the membrane formation mechanism. These membranes
are obtained by stretching of semi-crystalline films, and according to the
theory‘this membrane preparation method always leads to a 'rounded' pore
structdre. Accurel membranes (figure 3.10c¢) are obtained by a thermal in-
version process in which the the pore-former (i.c. a fatty oil) solidifies,

resulting in a 'sharp-edged' pore structure.

AW

FIGURE 3.11: Electron microscope photographs of poly(tetrafluoro
ethylene) membranes (a; FG 0.2; b. FH 0.5; ¢. FS 3.0;
d. LC 10.0).

The PTFE membranes, shown in figure 3.11a till 3.11c belong to type I

~and are obtained by sintering and additiénal stretching. The PTFE membrane

shown in figure 3;11d (tradename: Mitex) is made by sintering and addition-
al leaching of the pore-former. As can be seen from the electron microscope
photégraph, the resulting structure contains 'sharp-edged' pores. Although -
the bore structure is not as regular as for Accurel membranes, this Mitex

membrane is also a representative of a type II structure.



..58_

3.5: Discussion

An explanation for the fact that a liquid does not spontaneously pene-
trate into a membrane if the intrinsic contact angle becomes lower than 90°
was already given by Cassie and Baxter (10). They stated that the apparent
contact angle eapp’ measured on a porous surface, is a function of the in-

trinsic contact angle ein , measured on a smooth homogeneous surface, and

the surface porosity. Aocorzing to their derivation, membranes with a high
surface porosity will not be spontaneously wetted even if eint = 0°. The
derivation of the equation of Cassie and Baxter has been given in chapter 2
(equafion 2.8).

Kim and Harriott agree with Cassie and Baxter on the point that an in-
trinsic contact angle lower than 90° might be needed before spontaneous
penetration of a liquid into the membrane occurs, but they derived that the
intrinsic contact angle has a lower limit below which spontaneous penetra-
tion does-occur {9).

According to their derivation penetration oqcurs when (P1—P2) goes
through a maximum or when a reaches -90° and the adjoining interfaces
merge. For instance, if r = R and a = -90°, then the lower limit for ein

t

is about 63.5°. This means that if ein is lower than 63.5°, spontaneous

t
penetration always would occur in case of 'rounded' pores. Although their

theory is partially confirmed by their experimental results, Kim and
Harriott are not correct as far as their theoretical derivation is con-
cerned. The conclusion in the above example that»a maximum penetration

pressure is not reached anymore if ein is lower than 63.5° is correct, but

t
a penetration pressure 1s still needed. Using equation 3.2 it can be

derived that if (8-a) > 90°, cosine (6-a) < 1 which again leads to a

positive value of P -PZ. Using this derivation it can be seen that even if

1
6 is almost 0° and o is approaching -90°, a penetration pressure would

int
still be necessary.

However, it must be realized that this reasoning only applies if the
1iquid'front passing a 'rounded' pore does not get in contact with the next
pore or a neighbouring liquid front. In a membrane this ideal situation is
not likely to occur and therefore it is expected that a liquid penetrates
spontaneously into a membrane at contact angles which are higher than 0°.

Unfortunately, it cannot be predicted at which value of ein the liquid

t
will spontaneously penetrate into a membrane with 'rounded' pores.
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The description of the penetration of a liquid for 'sharp-edged' pores
can also be done according to the theory of Cassie and Baxter. In the pre-.
vious chapter, it has been shown however that this description is not very
precise, especially if the pore fraction f "has a value between 0.45 and
0.5 (1).

The theoretical derivation, given in this chapter, is more precise and

2

only uses the values of r/R and ein . The intrinsic contact angle can in

principle be measured by contact angfe measurement on homogeneous smooth
material and the value of r/R can be égtimated using electron microscope
photographs. For inétance,.for Accurel membranes (see figure 3.10c) the
value of r/R will be about 0.20 (+ 0.05). From figure 3.7 we can read that

a penetration pressure is then necessary if ein is about 15° and larger.

t
Although it is difficult to give an accurate value of r/R for the Mitex
membrane (see figure 3.11d) it still can be estimated that r/R will be in

the range of 0.4 (+ 0.1). This would imply that ein of a liquid, which is

on the verge of penetration, is about 25°. ‘

Two remarkable observations become clear from the theoretical consid-
erations on 'sharp-edged' pores. First, it is shown that a positive pres-
sure always has to be applied if the sum of the intrinsic contact angle of
a penetrating liquid and-umax is larger than 90° and, secondly, the maximum
penetration pressure is always reached at the 'sharp-edged' constriction.
The second observation is veﬁy important in relation to deviations: from
ideality. In contrast to a membrane with 'rounded' pores in which interfer- -
ence with other pores or neighbouring liquid fronts might occur, this does
not happen in a membrane with 'sharp-edged' pores. Therefore, deviations
from the ideal situation as described for one pore are not expec;ed if

membranes with 'sharp-edged' pores are considered.

The above description uses intrinsic contact angles. In our investiga-
tions porous materials were used, which do not allow a direct measurement
of the intrinsic contact angles. It is possible to define an 'effective
contact angle' (9) or an ‘'apparent contact angle’ (10) for a porous mate-
rial, but 'in our opinion thése descriptions are not accurate enough.

" Moreover, since we are mostly interested in penetration pressures or
maximum allowable solute concentfations at which a membrane is Wetted, the
penetrating drop method is much more practical. On the basis of these meas-
urements a rough estimation of the intrinsic contact angles, using Yc and

YE, can still be made. The description in the previous chapter on low ener-
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gy surfaces resulted in equation 2.5. Using this equation for this specific

case yields:

Yp.cos8 = = ¥ + 2.7, (3.6)
This equation gives us the possibility to calculate the intrinsic contact
angle of the penetrating liquid. For instance, YC for alcohol/water mix-
tures on PP is about 29 . 1073 N/m (24) and YE for Celgard 24100 membranes
is about 32 . 1073, leading to an intrinsic contact angle of the penetrat-
ing solution of about 35°.

As Celgard membranes have type I constrictions, it is shown that the
ideal situation (spontaneous penetration of a liquid into a 'rounded' pore
only occurs if 6 is about 0°) is not occuring for these membranes. Even if

an uncer’téinty in the calculated value of ein is considered, its value

will not become as low as 0°. Also the situatiorf as calculated by Kim and
Harriott is not realistic as their theoretical derivation (6 = 63.5° for r
= R) would imply (using equation 3.6) a value of YE of about 40 . 1073
N/m.

In case of type II constrictions, equation 3.6 can also be used to
calculate the value of Yi. On the basis of an electron microscope photo-
graph from which the value of r/R can be obtained and the use of figure

3.7, an estimation of ei for the penetrating liquid can be made. When Yc

nt
is known, the value of Yg can then be calculated from equation 3.6. For

instance, for Accurel membranes ein for a penetrating liquid will be about

15° and YC for alcohol/water mixzur’es on PP is about 29 . 107° N/m. This

leads to a value of Y[p' of 29.5 . 1073® N/m, which is only slightly higher

“than YC. Even if the contact angle of the penetrating liquid would be 20°,

then the value of YE would not be higher than 30 . 107° N/m. These estima-
tions are confirmed by our experiments with Accurel membranes.

Comparison of the non-alcoholic mixtures from table 3.3 requires know-
ledge of the’ critical surface tension of these mixtures. In the previous
chapter it was shown already that Yc depends on the nature of the liquid.
As these values are not available, simple calculations as given above can-
not be made. Nevertheless, it can be observed from table 3.3 that Accurel
membranes are more liquid-repellent than Celgard membranes: Yi for Accurel
membranes is about 2 . 107%® N/m lower than the comparable value for Celgard

membranes and this tehdency holds for all solute types.



The results from table 3.4 are more difficult to interpret. In the
first place, the number of organic substances that does not wet the mem—
brane at all is larger, so less information is available. In the second

place, the experiments with the alcoholic mixtures do not give a constant

p
L

cannot be given on the basis of the formulated theory.

value of Y  for a certain membrane. An explanation for this phenomenon

The phenomenon that YE slightly increases when the average pore size
increases, can be observed for the three Fluoropore membranes. From the
photographs, it can be observed that the ratio r/R is increasing as well.
As follows from equation 3.2 a change of this variable only has an effect
on.the height of the pressure difference, but it does not have any effect
on the intrinsic contact angle. On the other hand, it can be understood
that an increasevof r/R also enlarges the possibility that a liquid front
gets into contact with a neighbouring liquid front or the next pore. As is
stated earlier, it is not possible to quantify this effect.

The observation that the Mitex LC 10.0 membrane is more liquid-repel-
lent than the Fluoropore membranes, 1s another proof for the fact that type
II constrictions are more liquid-repellent. The results on these PTFE mem-
branes can certainly not be explained by the theory of Cassie and Baxter,
because the surface porosity of the Fluorpore membranes is higher than
those of the Mitex membrane (1,11).

To explain the results of table 3.4 in terms of contact angles is also
very difficult. In the first place, the results using the alcohol/water
mixtures-do not give a constant value'of YE for a certain membrane and in
the second place the value of YC, given in table 3.2, is the value obtained
for a homologous series of aliphatic hydrocarbons in contact with PTFE.
Therefore, no direct comparison between the values in the tables 3.2 and
3.4 can be made.

An“estimation of a critical surface tension can be made on the basis
. of knowledge of YE and eint of a penetrating liquid mixture for the LC 10.0
membrane (the latter being about 25°). For the carboxylic acids YE is about
27.7 . 10~* N/m, thus giving a value of YC of about 26.4 . 1072 N/m. Using
this value for a calculation of 8j,y of a penetrating liquid mixture
for the Fluoropore membranes produces values varying from 31 to 35°.- These
values are in the same order of magnitude as the values found for Celgard

membranes.
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3.6 Conclusions

The penetration of a liquid into a membrane with ‘sharp-edged' con-
strictions (type II pores) is described very well by the model developed.
If the same theory is applied to f‘rounded' constrictions (type I pores), no
agreement between theory and experiment is found. The reason for this ef-
fect is that an interference with neighbouring liquid fronts and other
pores takes place; in other words the one-pore description cannot be ap-
plied to membranes in that case.

Both penetrating drop experimehts and calculations show that ‘'sharp-
edged’' pores are more liquid-repellent than 'rounded' pores, especially if
the 'sharp-edged' structure is regular and the rgtio of r/R is low. There-
fore, membranes with 'rounded' pores are prefered when a good wetting is
needed (for instance in a filtration process) whereas the ‘sharp-edged’
structure 'is favourable in membrane distillation where a liquid-repellent
membrane is needed.

It is possible to predict whether type I or type II pores are obtained

on- the basis of the membrane formation mechanism.

3.7: Symbols
The symbols that are used in this chapter are conforﬁ the terminology

of membrane distillation (13]. Additional symbols or symbols which are de-

fined a different way are marked with the ¥*-symbol.

B pore geometry coefficient - *
P pressure N/m?

R radius (defiﬁed in figure 3.4 resp. figure 3.5) m *
r pore radius m *

a correction angle for pore shape (see figure 3.4

resp. figure 3.5 for its definition) ° *
Y surface tension N/m
Y critical surface tension of wetting N/m *
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surface tension of a liquid (mixture) which has

a contact angle of 90° when brought in contact

with a homogeneous smooth solid material N/m *
surface ténsion of a liquid (mixture) that

is on the verge of penetration into the

pores of a (micro)porous membrane N/m *
difference

contact angle : ° ) *
(eq. 8) contact angle on a rough surface ° *
apparent contact angle (measured on a porous

surface) ° *
intrinsic contact angle (measured on a

homogeneous surface) ° B *

cripts
" liquid *
maximum 7 ¥
minimum ) . o *
relative : ¥
liquid phase . *
air phase ' *
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Chapter 4:

ETHANOL/WATER SEPARATION BY MEMBRANE DISTILLATION. 1. MODEL

A.C.M. Franken, M.H.V. Mulder & C.A. Smolders -

Summary

A model for the separation of ethanol and water by membrane distilia-
tion has been developed. In this model VLE (Vapour-Liquid Equilibrium) data
are combined with the effect of temperature polarization and concentration

polarization.

4,1: Introduction

Membrane distillation is a distillation process, in which two aqueous
liquids with differént temperatures are separated by a hydrophobic micro-
porous membrane. In this process the pores of the non-wettable membrane
contain the vapour phase.

The vapour pressure difference APy across the membrane, resulting
from the temperature difference AT, causes vapour molecules to be trans-
ported from the warm side (feed) through the pores to the cold side (per-
meate) of the membrane.

The advantages of membrane distillation are that the distillation
process takes place at moderate temperatures and that a relatively small
temperature difference between the two liquids separated by the membrane
results in relatively high fluxes (1-3). Because entrainment of dissolved
particles is avoided, the permeate is of a better quality than the product
of conventional:distiliation, especially with the separation of dissolved

solid/liquid mixtures, such as salt/water [3].

4.2: Theory

To describe the membrane distillation process for the separation of a
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mixture of an organic liquid and water (i.e. ethanol and water) vapour-—
liquid equilibrium (VLE) equations have to be used. In analogy to conven-—
fional distillation, membrane distillatiqn can be described as the result
of:

- evaporation -at the feed side of the membrane;

~- transport of the vapour through the pores of the microporous membrane;

— condensation of the vapour at the permeate side of the membrane.

In case of membrane distillation, the following assumptions are made:
- VLE exists at both sides of the membrane;
- no coupling of the flux of ethanol vapour and water vapour occurs;
- the membrane itself has no selectivity towards any component (this means
that an effect of Knudsen flow (if present) is not included in the calcu-
lations (4));

- no transport through the dense polymer membrane matrix occurs.

For the separation of ethanol/water mixtures it can be derived that
the component flux, Jj’ through the membrane is proportional to the dif-
ference in vapour pressure which exists across the membrane, APjn Using VLE
equations in a steady-state situation, the permeate composition is given by

the difference in partial vapour pressures of the components:

X AP
- - , _pme __ me
J. Aij + steady-state: - P (4.1)
pmw W

In appendix 1 (section 4.8) it is shown in which way the values of APe.and

APW have been calcﬁlated.

For the calculation of fhe permeate composition by means of VLE equa-
tions it is ‘essential that the temperatures of the feed and the permeate
at the liquid-membrane interfaoe should be known. Figure 4.1 shows that
the experimentally determined values of the bulk temperatures, T d

T

fb an

differ from the temperatures at the membrane interface, T and Tpmo

pb’
This effect is known as temperature polarization (6,7).

fm

Although it is not possible to measure the temperatures at the mem-

brane surfaces, it is possible to calculate the values of T - and Tpm' If

£
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Tep === \
Tfm

feed membrane permeate

FIGURE 4.1: Temperature profile across a membrane (effect of tempera-
ture polarization).

the hydrodynamic conditions at both sides of the membrane are fixed, the

heat transfer coefficients, h_, and hp, can be calculated. If also the val-

£

ues of the bulk temperatures, and T ., are known, the temperatures at

T
b pb
the membrane surfaces can be calculated using the following set of heat

transport equations:

QF = B Ty Ten) =~ Qrap = ReebTp ~ Qgp K -2
Qr = hm.(Tfm-—Tpm) = h AT ' (4.3)
Qr - hp.(‘Tpm—pr) * Q)= ho.AT )+ Q » (4.4)
AT, = AT, + AT+ ATp ’ S : (4.5)

In a steady-state situation the heat flux through each thermal bounda-
ry layer has the same value, in other words Qg = Q; = QB. If the above

equations are combined, the following expressions:for AT_. and ATm are

f
found:
Q" Q" Q" h h .
_ vap-- vap , ¢ £, f
ATf-(ATb+———h +-———-+h)/(1+h +h) ()4.6.)
m p p m p
Qv Q. h h )
= . vyap , ¢ ~a, o
AT, (ATb YR Y /(1 + e tE )7 (4.7)
f p , f p
Q" Q" Q" h h .
AT = (AT - R R - Ry (1w R Ry (4.8)
m

f f m f

The values of the different variables in equation 4.6 till 4.8 can be
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measured or calculated. The values, which can be'measufed directly, are the
bulk temperatures, be and pr.

The value of the heat transfer coefficient of the membrane, hm, is
determined by two heat transfer processes, being conduction through the
polymeric matrix and the stagnant vapour/air mixture, and convection by the
permeating vapour. In our case the convection term is negligible small com-
pared to the conduction term. From calculations it can be shown that the
heat transfer through convection is always less than 4% of the total heat
transfer through the membrane. Therefore, this effect was not taken into
account. For the calculation of the conduction term it is assumed that the
vapour/air mixture in the pores of the membrane is stagnant. This assump-
tion is reasonable, because the flux through the membrane is relatively
low. It can be calculated that, if the flux through the membrane is about
3 . 107® kg/m?*s, the radial velocity of the vapour is about 4 . 107° m/s.
Using the above assumptions, the average heat transfer coefficient of the
membrane, hp, for capillary membranes. is given by the following for-

mula:
<h > =k /8 (4.9)
m m m

In this equation km represents the heat conductivity of the membrane-per-

meant system and 6m the thickness of the membrane.

The values of the heat transfer coefficients, hf

lated from the hydrodynamic conditions. An experimentally checked relation

and hp, can be calcu-

for the heat transfer during laminar flow of Newtonian liquids is given by
Sieder and Tate (8):

> = S2-Dh g g6 go0-

33 , 0.33 ,Dh,-0.33 Mb,0.1%4
K Pr ) () (4.10)

m

with the boundary condition that <Nudpij, = 3.66.

The best-known empirical correlation for heat transfer during turbu-

lent flow in circular pipes is (8):

=2

Y
Nu = ljc—ml - 0.027 Re?*8 pp0-33 (u—b>°'1” 4.11)
m
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which is valid in the region 2000 < Re < 105 and Pr > 0.7.

The values of the heat flow as a result of vaporization, Qsap’ and of

condensation, Qg, are proportional to the flux J through the membrane:

n =
Qvap J.Aﬁvap (4.12)

Q" -.:.J.AHC (4.13)

The heat of vaporization, AHvap’ and the heat of condensation, AHO,
were obtained from literature. The value of the flux J has to be measured
or calculated. Calculation of the flux can be done using equations for the
diffusion of a vapour through a stagnant gas. From other investigations it
appeared that calculation of the flux in this way is very difficult even
for relatively simple systems which contain only water (7).

Therefore the flux was calculated by means of a semi-empirical rela-
tion in which all membrane parameters were reduced to one membrane con-
stant, which is specific for a certain membrane. The membrane constant Cm
is calculated using the experiments of chapter 5 in which the flux J was
de@ermined experimentaily and the partial vapour pressures, me and Ppm’
were calculated. The constant, Cm’ obtained from the quotient of the flux
and the difference in partial vapour pressures is used in this chapter in

the following semi-empirical relation:
J=Cp. (me—Ppm) (4.10)

According to Schofield et al. [7) the constant Cm is slightly temperature
dependent, decreasing by about 3% with a 10°C increase in mean temperature.

In our investigations this effect was not fouﬁd and Cm was kept constant.

The effect of concentration polarization has been described by many
authors, most of them working in the field of ultrafiltration (9-10]. In
the field of pervaporation and membrane distillation the effect of concen-
tration polarization eitﬁer was not supposed to be important or was ne-
glected. Only a few authors, among them Rautenbach‘(11] and Nakao [12),
took this effect into account.

The description of the effeci of concentration polarization for mem-—



_70_

brane distillation does not differ from the description for any other mem-
brane process. In d;reot-contact membrane distillation it is in principle
possible that concentration polarization occurs at the feed side as well as
at the permeate side of the membrane. Concentration polarization at the
permeate side of the membrane can occur when the composition of the liquid
at the permeate side is different from the composition of ‘the permeating
vapour. This situation occurs in non-steady state operation and/or in proc-
ess operation in which the composition changes as a function of the place
in the module.

In our calculations only steady-state situations and fixed bulk compo-
sitions are considered. In this case the assumption stated in equétion 4.1
is valid. From this equation it can be seen that the permeate composition
is determined by the component fluxes; Therefore, concentration polariza-
tion only .occurs at the feed side of the membrane. This situation is shown

in figure 4.2,

feed membrane permeate

FIGURE 4.2: Concentration polarization in direct-contact membrane
distillation in steady-state operation.

Note that in this figure the concentration profile (expressed in molar

fractions) of the preferentially permeating component (ethanol) is given.

The equation éenerally used to describe concentration polarization

(10), specified for{our case, is:

dJ, C - C
E!— = In (Efﬁﬂ_:_EEEZ) . (4.15)
Mf fbw pmw

in which Jv is the volume flux through the membrane and ka is the mass

transfer coefficient at the feed side of the membrane.

Equation L4.15 is valid for volume related dimensions for flux and con-
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centration.  In membrane distillation fluxes are given in kg/m?®s and compo-
sitions in weight fractions. Therefore the above formula is rewritten in

the following form:

pm::pmV) (4.16)
pm  pmw )
Because the density is a function of the weight‘fraction of water, the num-
ber of unknown parameters in the above equation can be reduced. As the
welght fraction of ethanol in the experimental system does nothekceed 20%
by weight, the density in»this region can be described very well by a lin-

ear function:

Py = A+ B.wijw | (4.17)
For every temperature the values of A and B have to be determined separate-
ly. These values were determined for temperatures ranging from 30 till 80°C
at intervals of 10°C. Intermediate values were determined by interpola-
tion. ‘

Combination of equation 4.16 and 4.17 gives the following equation for

the concentration polarization:

J

W -W

fmw pmw)

(A+B.w ).k -
. pmw

+]_n‘:

= 1n (

1+(B/A)'(,wfmw+wpmw)] . (4.18)
i Yrbw " pmw |

1+(B/A).(wfbw+wpmw

Thus using a linear function for the density the number of parameters in
the equation for concentration polarization has been limited to five. Two
of these parameters (the flux, J, and the weight fraction of watér in the

bulk at the feed side, wfbw) can be measured directly. Also the weight

fraction of water at the membrane interface at the permeate side, , can

w
. pmw
be measured directly as this value is equal to the bulk concentration,
wpbw' The weight fraction .0of water at the membrane interface at the feed

side, w , has to be calculated by means of equation 4.18.

fmw

The mass transfer coefficient, ka, can be calculated if the hydro-
dynamic conditions at the feed side of the membrane are known. The mass
transfér coefficient in the laminar flow region can be calculated by the

Leveque equation (8):

c - '
iy = 1.62 . (Sp200.33 S (a9
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with the condition that the Graetz number (Gz = D.L/(Dh2.<u>)) is smaller
than 0.05.

For very long channels, when Gz > 0.1, the Sherwood number Sh becomes
constant. In this case the equation for the mass transfer coefficient is
simplified to:

Ky = 3.66 (D/Dh) (4.20)

The mass ftransfer in the fturbulent flow region is best described by
the following equation (8):

Ky = 0.027 Reo'8 SCO‘33 (D/Dh) (&.21)
with the condition that the Reynolds number, Re, is higher than 2000 and
that the Schmidt number, Sc, is lower than 0.7.

If the average value of the mass transfer coefficient at the feed
side, <k,,> is known, the effect of concentration polarization can be

M £’
calculated by means of equation 4.18.

4.2.4: Combined effect. of temperature _and concentration polarization

Although temperature polarization and concentration polarization are
described separately in the above description, there is a combined effect.
This effect is limited to the variation of the properties of the feed at
the membrane surface. In the heat and mass transfer relations that were
used only the viscosity u
bined effect.

fm and the density pfm are influenced by this com-

The combined effect of temperature polarization and concentration

polarization is calculated iteratively.

4,3: Calculation parameters

k.,3.1: Liquid properties

Both feed and perméate consist of a mixture of ethanol and water at
different temperatures. The properties of the liquids needed to calculate
the dimensionless numbers (Gz, Nu, Re, Pr, Sc and Sh) are density (p),

diffusion coefficient (D), heat conductivity (k), heat capacity (CP) and
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liquid viscosity (u). All liquid properties are described as a function of

the composition and thé temperature and are calculated iteratively.

4.3.2: Membrane modules

Although the calculations with the model can be carried out for "any
kind of module, we restricted our calculations to existing membrane modules
with which the experiments, described in chapter 5, were carried out.

In our investigations two types of capillary modules were used. The

module characteristics are listed in table 4.1.

Table 4.1: Characteristics of modules used, with capillary membranes

~ Parameter module I  module II

Module length (L) (mm) 497 348
Module diameter (mm) 14,0 11.0
Membrane diameter outside Emm% o '8.50 < 2.40
inside (mm 5.50 1.70
Membrane thickdess (&) (mm) -1.50 0.35
Membrane conductivity ke [W/mK) 0.048 0.048
Membrane ¢onstant'cm (g/(mz.s.mmHg)) 0.00589 0.0212
Number of membranes in module ’ 1 4 o
Feed flow . inside inside
Permeate flow : outside outside
Hydraulic diameter inside (Dhg) (mm) - 5.50 1.70
outside (th):[mm) .5.50 4.75

4.3.3: Fixed variables

In all the calculations the bulk feed concentration was kept constant
at a level of 5 wt% ethanol; the other parameters were varied.

During the investigations of the hydrodynamic conditions, the bulk
temperatures -of both feed and permeate were kept constant at a level of
T70°C and 30°C respectively} . )

When the effect of the temperature difference was invéstigafed éhe
Reynolds numbers of feed and permeate were kept constant. The temperature
effect was calculated for twovséts of Reynolds numbers. In the first set
Ref and Rep both have a value of'MOOO; in.the second set Re. = 4000 and Rep
= 1000. The second set corresponds with the experimental conditions to be

described in the next chapter.
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4.4: Results and discussion of calculations

The calculated flux and selectivity as a function of the hydrodynamic
conditions are given in figures 4.3 till 4.6 and in tables 4.2 and 4.3.
These tables and tables 4.4 and 4.5 are given in appendix 2.

The selectivity is defined as:

pe wfme
) /7 ( ) . (4.22)

Note that the selectivity is defined as an intrinsic property, using the
concentrations at the membrane surface.

In figures 4.3 till 4.6 it can be seen that the calculated curves show
a discontinuity at Re = 2000, corresponding to a change from laminar flow
to turbulent flow. For both regimes different equations for heat and mass
transfer were used. Nevertheless the transition is not as sharp as shown in
these figures. In literature on heat and mass transfer it can be found that
a transition region exists in which the flow cannot be described as fully
laminar nor fully turbulent. The width of this transition region depends on
several faotoré, among others the surface roughness of the tubes. In gener-
al the transition region extends from a Re number of 2000 till 4000. It is
very difficult to describe this transition region mathematically and in
most cases heat and mass tranfer relations are given for the laminar and
the turbulent region only. In figures 4.3 till 4.6 the dashed line is used
to represent tﬁe selectivities according to the vapour-liquid equilibrium.’
These 1lines sﬁqw the situation in which no temperature or concentration
polarization occurs; iIn fact these are the lines were the Re numbérs at -

both feed and permeate side become infinite.

Tne calculated selecﬁivity as a function of the hydrodynamic condi-
tions for module I is given in figures L4.3a and 4.3b and in table 4.2.

Both figures show that the selectivity does not change much once the
flow at both sides of the membrane is turbulent. If curves a and b are com-
pared, it can be seen that an increase of the Re number in the turbulent
region only has a minor effect on the decrease of temperature and concen-

‘tration polarization. Therefore the selectivity is only slightly changed.
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FIGURE U4.3: Selectivity as a function of the Reynolds number at the
feed (a) and the permeate (b) side in module I.

On the other hand, if the calculation is carried out with the same Re num-
ber of 2000 but with equations for laminar flow instead of turbulent flow,
a relatively large decrease in se'leo’civity is found. A further decrease of
the Re number at feed and/or permeate side of the membrane results in the
(expected) decrease in selectivity.

. The calculated selectivity as a function of the hydrodynamic cohdi;-

tions for module II is given in figures 4.4a and 4.4b and in table 4.3.
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FIGURE Y4.L4: Selectivity as a function of the Reynolds number at
the feed (a) and the permeate (b) side in module II.
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The only difference between the results in figures 4.3 and 4.4 is the
use of a different module. Figures U4.4a and 4.4b clearly show that the
selectivities are lower and that the effect of hydrodynamic conditions on
the selectivities are much more pronounced. The explanation for this phe-
nomenon is that the wall thickness of the membranes in module II (8§ = 0.35
mm) is less than in module I (§ = 1.50 mm). This means that the insulating
capacity of the membranes in module II is about four times lower, resulting
in a heat transfer coefficient which is about four times higher. From equa-
tions 4.6 till 4.8 it can be seen that if hm becomes larger the effect of
temperature polarization becomes more pronounced.

Another effect which contributes to temperature polarization is the
flux through the membrane. vathe flux is higher then the heat of vaporiza-
tion anp, and condensation Qg, becomes higher. Because this heat is with-
drawn from the feed, respectively added to the permeate, a higher flux
gives a more pronounced effect of temperature polarization. Since the flux
in module II is higher than in module I by a factor of about 3.5, the ef-
fect of the lower insulating capacity is augmented by that of the higher
flux value.

As can be seen in these figures as well, the selectivity is not chang-
ed very much once the flow becomes turbulent. Comparable to figures U4.3a
and 4.3b, a relatively large decrease in selectivity is found if the calcu-
lations are carried out with the same Re number of 2000, but with equations
for laminar flow instead.of turbulent flow.

The phenomenon that the selectivity is more strongly influenced by the
Re number at the permeate side than the Re number at the feed side is very
pronounced in the case of module II. For instance, comparing poinﬁ 30 and
point 46 from table 4.3, it is demonstated that the selectivity is higher
when the Re number at the permeate side is higherf This applies for other
sets of calculations as well. The reason for this phenomenon can be found
"in the fact that the temperature dependence of the partial vapour pressure
is very large and that the activity coefficient changes veby'much at lower

temperatures (see appendix 1).

The calculated flux as a function of the hydrodynamic conditions are
given in&figures.4.5a and 4.5b-and in tables 4.2 and 4.3.

The same phenomena that were found for the selectivity as a function
of the Re number are also found for the flux. If the flow becomes turbulent
the flux does not change very much and if the calculations are carried out

with the same Re number but with equations for laminar flow instead of tur-
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FIGURE '4.5: Flux as a function of the Reynolds number at the feed
(a) and the permeate (b) side.

bulent flow, a relatively large decrease in-flux is found.

From figures 4.3 and 4.4 it appeared that the selectivity is more
strongly influenced by the Re number at the permeate side than the Re num-
"ber at the feed»side. For the flux, however, the opposite relation ie
found. It_éppears that the flux is strongly influenced by the Re number at
the feed side. If figure 4.5b is observed, it can be sSeen that it hardly
makes any difference whether the Re number at the peEmeate side is high or
low. Even the discontinuity at Re = 2000 is hardly present, espeeially ih
the case of module I. On the ofher hand, in figure 4.5a the discontinuity
at Re = 2000 is distinctly present. This phenomenon can be explained by
means of equatlon ‘414 and the Antoine relatlon (equatlon 4. A.6). From
equatlon h.14 it.can be seen that the flux is directly proportional to the
vapour pressure difference between feed and permeate and from the Antoine
relatlon it can be seen that the vapour pressure is 1ncreaslng with tem-
perature through an exponential relatlon This means that a small tempera-
_ture change at a high temperature level gives a larger change in partial
vapour p?essure than the same temperature change at a low temperature. For
instance, at 30°C the vapour pressure of water changes 1.9 mmHg/°C'wﬁereas

at 70°C the vapour pressure changes 10.2 mmHg/°C.
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The effect of the hydrodynamic conditions on the concentration polari-
zation at the feed side of the membrane is given in figures 4.6a and 4.6b.
In figure 4.6a the weight percentage ethanol at the membrane surface in the
feed as a function of the Reynolds number at the feed side for module I is

given. In figure 4.6b the same variables are plotted for module II.

Module I Module I
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FIGURE 4.6: Weight percentage ethanol at the membrane surface in the
feed as a function of the Reynolds number at the feed
side for module I (a) and for module II (b).

As can be seen from equation 4.15, the weight fraction of ethanol at

the membrane surface at the. feed side, w , is influenced by the flux, the

fme
selectivity and the mass transfer coefficient k..

As expected the hydrodynamic conditions a;ﬁ;he feed side have a large
influence on the concentration polarization. In both figures it can be
obserfed that the concentration decreases when the Reynolds number decreas-—
es and again a discontinuity is observed at Re = 2000. This .is due to a
decrease of the mass transfer coefficient with decreasing Re numbers. For
module I the mass transfer coefficient decreases from 59 x 107° m/s at Re =
4000 to 6.1 . 107° m/s for Re = 200 and for module II the mass transfer
coefficient decreases from 190 . 107° m/s at Re = 4000 to 15 . 107° m/s for
Re = 200. If on the other hand it is considered that the flux through the
membranes in module IT is about three times higher than in module I, rough-
ly the same effect of concentration polarization might be expected for both
modules. For higher Re numbers (especially in the turbulent region) this

effect is found indeed.
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Although concentration polariéation is limited to the feed side, the
hydrodynamic‘conditions at thé permeate side have an influence on this
effect as well. As can be seen from thevfigures céhcentration polarization
(fof a fixed Re number at the feed side) is decreasing if the Re number at
the permeate side is decreasing. This phenomenon can be explained as foi—
lows. When the Re number at the permeate side is decreasiﬁg, the effect of
temperature polarization is increasing and as a consequence the selectivity
and the flux are lowered. Using equation 4.15, it can be demonstrated that
both effects contribute to the decrease of the effect of concentration

polarization.

The calculated flux and selectivity as a function of the temperature

difference at two different sets

figures 4.7 and 4.8 and in tables
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FIGURE U4.7: Selectivity as a function of the‘temperature differencef
a. fixed feed temperature (80°C);
b. fixed permeate temperature (30°C).

For the investigation of the influence of the temperature difference
two different sets of hydrodynamic conditions were considered. In the first

set the Réynolds number of feed and permeate were chosen in the turbulent
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region at a value of 4000. This value was chosen, because it is about the
.minimum level at which the flow can be assumed to be fully turbulent. The
second. set"of hydrodynamic conditions consists of Re = 4000 at tiqe feed
side and Re = 1000 at the permeate side. These are the Re numbers at which
the exper’iments, discussed in the next chapter, were carried out.

In figure 4.T7a the calgqlated §electivity is given as a function of
the bulk temperature differenoe. In this figure the bulk temperature of the
feed is fixed at 80°C and the p_er‘méate temperature has been varied. In
figure 4.7b the bulk temperature of the permeate is fixed at 30°C and the
feed temperature has been varied. (N.B. Not all the calculations which are
listed in table 4.4 and 4.5 are given in figure 4.7a and 4.7b). The dashed
lines. in the figures represent the vapour‘-liquid equilibria. The full lines
are calculated with the first set of hydrodynamic conditions (Ref = 14000;
Rep = 4000) and the broken lines are calculated making use of the second
set (Ref = 4000; Rep .= 1000). The roman numbers indicate the module on
which the calculation applies.

From both figures it is clear that the selectivify increases strongly
when the temper'atur_e difference increases. This strong increase might be
expected, becauseb the vapour . pressure difference increases exponentially
with the temperature. )

Another observation is that the. selectivities calculated with the
first set of hydrodynamic conditions lie close to the selectivities accord-
ing to the vapour-liquid equilibriium. This means that once the flow becomes
turbulent the selectivity har’dly' changes any more. Therefore, in applica-
tions of membrane distillationl' the flow conditions should be fully turbu-
lent;’this means that a Reynolds number of about 4000 at both sides of
the membrane is sufficient to achieve a good separation. When making these
statements, the insulating properties of the membrane should be considered.
In our calculations the ’ch.inner‘ membrane has a thickness of 6.35 mm. If
membranes with a lower thickness or, in general, membranes with a lower
insulating capacity are used; a further increase of ’ché Re number in the
turbulent region might be necessary to produce optimal separation results.

The results obtained with the second set of hydrodynamic conditions
clearly show why a laminar flow'at one side of the membrane gives rather
poor separation results. For instance, at a bulk temperature difference of
50°C the selectivity for module II at this flow condition is 4.13 while the
maximumv selectivity is 7.33. When the Re number- at the permeate side is

increased to 4000 the selectivity becomes 6.22, which is a: considerable
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improvement. .
‘Chompar‘ihg_figur'e 4.,7a and 4.7b, it can be seen that the selectivities
in the latter figure are slightly better. For instance at a temperature

- 80°C and T . =
pb

60°C and T =
pb

30°C) is 4.57. Again the reason for this difference has to be found in the

difference of 30°C the VLE-selectivity in figure 4.7a (be

50°C) is 3.6H4, whereas the selectivity in figure 4.7b (be

partial vapour pressure difference and the temperature dependency of the

activity coefficient.

In figure 4.8a the calculated flux as a function of ,the bulk tempera-
ture difference is given% in this figure the bulk temperature of the feed
is fixed at 89_°C and the permeate temperature is varied. In figure 4.8b the
bulk temperature of the permeate is fixed at 30°C and the feed temperature
is varied. The representation of the hydrodynamic conditions is carried out

in the same way as for figure 4.7a and 4.7b.
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FIGURE 4.8: Flux as a function of the temperature difference:
a. fixed feed temperature- (80°C);
b. fixed permeate temperature (30°C).

The most remarkable observation that can be made from these figures is
that the different sets of hydrodynamic conditions do not have a large
impact on the flux, the Re number at the feed side being %000 in all cases.

As it has already been shown in figure 4.5 that the flux is mainly deter-
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mined by the highest temperature, it is not surprising that the fluxes for
-both sets of hydrodynamic conditions do not change very much. If on the
other hand the Re number at the feed side would be lowered, the impact on

the flux would be much more severe.

4,5: Conclusions

Provided the flow in the module at the feed and permeate side is tur-
bulent, the selectivity and the flux hardly change any more for changing
hydrodynamic conditions. For the applidation of membrane distillation a
Reynolds number of about 4000 is necessary but sufficient to achieve a good
separation. The insulating properties of the membrane and other module
characteristics should be taken into account before this statement can be
generalized.

Both flux and selectivity increase if the temperature difference in-
creases. From our calculations it cah be concluded that a minimum tempera-
ture difference of at least 30 to 40°C is necessary for an efficient sepa-~

ration.

4.6: Symbols
The symbols that are used in this chapter are conform the terminology

of membrane distillation (13). Additional symbols or symbols which are

defined in a different way are marked with the ¥*-symbol.

A,B,C constants (eq. 4.A4.6) - ' #
i3 Margules constant (eq. 4.A.7, 4.A.8) - *

A,B constants (eq. 4.17, 4.18) - *

C concentration kg/m?

C membrane constant g/(m*.s.mmHg) *

CP heat capacity J/kg.K

D diffusion coefficient m?/s

Dh, hydraulic diameter m

Gz ~ Graetz number (= D.L/(Dh?.<u>)) -

AHC iatent heat of condensation J/kg
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latent heat of vaporization
heét transfer coefficient
mass flux

volume flux

thermal conductivity

mass transfer coefficient
leﬁgth of the module
Nusselt number (= h.Dh/k)

pressure

vheat flux

Prandtl number (= (u.CP)/k)

Reynolds number (= (p.<u>.Dh)/p)

Schmidt number (= u/(p.D))

Sherwood number (= (kM.Dh)/D)

temperature

Temperature Polarization Coefficient

tangential velocity
weight fraction

molar fraction

a selectivity
Y activity coefficient
A difference
§ membrane thickness
u liquid viscosity
p ‘density
Subseripts
b bulk
c condensation
=] ethanol
f feed
i,J index
m membrane
permeate
vap vaporization
w water

J/kg
W/m?K
kg/m?s
m®/m*s
W/m.K

m®/m?s

Pa
W/m?

N/m

Pa.s
kg/m?
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Superscripts
o pure component - *
@ infinite dilution ®
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Appendix 1

For the éeparation of ethanol(e)/water(w) mixtures the following equa-

tions are deﬁiveq from the VLE theory:

X 2
J_ ~ AP | +> steady state: pre  _ APme
J o Xpmw mw

(4.4.1)
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" L0 o)
= - = + (4 A,

APme .mee Ppme Xf‘me'Yfme'mee Xpme‘Ypme'Ppme (4.4.2)

AP =P, -P . =x. Y. % -x .y p° (4.A.3)
mw fmw pmw fmw® fmw® fmw pmw’ pmw' pmw

X = 1 - R (M.A.M)'

X =1 -x L (4.4.5)

pme pmw

The partial pressures P?mj can be calculated from the temperatures of

the feed and the permeate by means of the Antoine relation:

O y_.pa-__8B
imj) = A G . (4.A.6)

log (P

whgre P?mj is the vapour pressure of the pure component j in mmHg and Tim
is the temperature in °C. ,

The values A, B and C are constants which were derived from VLE data
(5]. The values that are used for the calculation of the partial vapour

pressure by means of equation 4.A.6 are listed in table 4.A.1.

Table 4.A.1: Antoine-constants for ethanol and water

A B C
ethanol - 8.11220 1592.864 226.184 -
water 8.07131 1730.630 233.426

The values of the activity coefficients Yimj were ébsthacted from
the same VLE data (5).
In our calculatibns the Margules equation was used fofﬁthe determina-

tion of the values of Yipj:

InY

) (A +2.(8a -4 dux, Jux. 2
ime ew we ew ime 1mw

In Y

) (A +2.(A -A Dux, J.x, 2
1mw we ew we imw ime
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The Margules eﬁuation was chosen, because it gave the best fit for the cal-

culation of experimental data on mixtures of ethanol and water (5). The

disadvantage of the Margules equation is, however, that the constants Aew

and Awe are temperature-dependent. It appeares that the constants Aew and
© ) ® &

Awe are a function of Yw and Ye respectively. By plotting Ye and Ye as a

function of the temperature, the values of Aew and AWe can be obtained

graphically. All the data, that were used to construct figures 4.A.1 and

4. A.2 were obtained from the Dechema series (5).
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If the temperature of the feed and the permeate are known, the values -
of Yim' and P?mj can be calculated. Substituting these values in equation
tion 4.A.1 till 4.A.5, reduces the number of variables to 6. If one of the

composition parameters is known, the other parameters can be calculated.
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Table 4.2:
Calculated flux and selectivity as a function of hydrodynamic conditions for
module I (wfbe = 0.05) ' '

selectivity

+ .
nr. Ref Re be Tfm Tpm pr TPC wfme W flux model VLE

-1 -1 [ee] [ec] [e¢] [%¢] [-] - (5] [#] [le/m®s] (-] [-]

1 3000 4000 70.0 68.80 30.91 30.0 .947 L4.75 22.0 1.220 5.67 6.09
2 2000 T70.0 68.82 31.56 30.0 .931 4.75 21.6 1.210 5.53 6.09
3 2000*% 70.0 68.86 33.52 30.0 .883 4.78 20.4 1.179 5.09 6.09
y 500% 70.0 68.89 35.35 30.0 .839 4.81 19.3 1.148 4,74 6.09
5 200% 70.0 68.93 36.99 30.0 .799 4.8 18.3 1.119 4.42 6.09
6 2000 4000 70.0 67.99 30.87 30.0 .928 4.61 21.1 1.165 .5.53 6.09
7 2000 T70.0 68.01 31.50 30.0 .913 4.62 20.7 1.156 5.40 6.09
8 2000% 70.0 68.08 33.41 30.0 .867 .4.66 19.6 1.128 4.98 6.09
9 500% 70.0 68.14 35.19 30.0 .824 4,70 18.6. 1.101 4.64 6.09
10 200% 70.0 68.20 36.78 30.0 .785 H4.73 17.7 1.074 4.34 6.09
11 2000% 4000 70.0 65.85 30.79 30.0 .876 -4.24 18.6 1.028 5.15 6.09
12 *¥ 2000 T70.0 65.88 31.37 30.0 .863 U4.26 18.3 1.021 5.04 6.09
13 *¥ 2000% 70.0 66.00 33.12 30.0 .822 4.34 17.5 1.001 4.66 6.09
14 * 500%. 70.0 66.12 34.76 30.0 .784 4.4 16.8 0.981 4.37 6.09
15 ¥ 200% 70.0 66.22 36.24 30.0 .T49 4,46 16.1 0.967 4,11 6.09
16 500% 4000 70.0 63.98 30.73 30.0 .831 4.08 17.1 0.922 4.85 6.09
17 *¥ 2000 T70.0 64.03 31.26 30.0 ".819 4.11 16.9 0.917 4.75 6.09
18 ¥ 2000% 70.0 64.18 32.88 30.0 .783 4.19 16.3 0.902 4.45 6.09
19 * 500% 70.0 64.3% 34,41 30.0 .TH8 L4.27 15.6 0.886 U4.16 6.09
20 % 200% T0.0 64.48 35.79 30.0 .717 4.33 15.1 0.871 3.93 6.09
21 200% 4000 70.0 62.42 30.68 30.0 .794 L4.00 16.1 0.842 U.62 6.09
22 ¥ 2000 T70.0 62.48 31.17 30.0 .783 4.03 16.0 0.838 4.53 6.09
23 ¥ 2000% 70.0 62.66 32.69 30.0 .74 4,11 15.4 0.826 4.25 6.09
24 ¥ 500% 70.0 62.85 34.12 30.0 .718 L4.19 14.8 0.813 3.98 '6.09
25 # 200% 70.0° 63.01. 35.43 30.0 .690 4.26 14.4 0.800 3.78 6.09

*¥: calculations cafried out with equations for laminar flow

)

+
: Temperature Polarization Coefficient; TPC = (Tfm-Tpm)/(be-Tpb
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Table 4.3:
Calculated flux and selectivity as a function of hydrodynamic conditions for
module II (w = 0.05)
fbe 7
selectivity
Re. R T T T T TPC W £1 model VLE
or. €p T b fm pm pb Yeme Ype ux e

-1 (-1 reel fecl [e¢] [oc] [-] [#] (3] [e/mes] [-] (-]

4,251 5.23 6.09

26 4000 4000 70.0 68.65 32.85 30.0 .895 4.76 20.7

27 2000 T70.0 68.70 34.77 30.0 .848 4.79 19.5 4.138 4.82 6.09
28 2000% 70.0 68.81 39.17 30.0 .74 4.85 16.9 3.853 4,00 6.09
29 500% 70.0 68.92 43.09 30.0 .646 L4.90 14.7 3.561 3.34 6.09
30 200% 70.0 69.01 46.18 30.0 .571 4.93 13.0 3.303 2.89 6.09
31 2000 4000 70.0 67.7% 32.75 30.0 .875 4.63 19.8 4.037 5.09 6.09
32 2000 T70.0 67.81 34.59 30.0 .831 L4.67 18.7 3.938 L4.70 6.09
33 2000% 70.0 68.00 38.88 30.0 .728 L4.76 16.4 3.686 3.92 6.09
34 500% 70.0 68.18 42,72 30.0 .636 4.84 14.% 3,423 3.30 6.09
35 200% 70.0 68.33 45.77 30.0 .564 4.89 12.8 3.187 2.86 6.09
36 2000% 4000 70.0 64.22 32.36 30.0 .796 L.21 16.7 3.296 4.57 6.09
37 * 2000 70.0 64,38 33.97 30.0 .760 L4.29 16.0 3.236 L4.25 6.09
38 * 2000% 70.0 64.78 37.79 30.0 .675 L.46 14.5 3.079 3.63 6.09
39 % 500% 70.0 65.19 41.31 30.0 .597 L4.61 13.1 2.907 3.12 6.09
Ty) * 200% 70.0 65.53 44.16 30.0 .534 k.72 12.0 2.746 2.75 6.09

I 500% 4000 70.0 61.81 32.12 30.0 .742 L.11 15.4 2.862 4.25 6.09

u2 % 2000 70.0 62.02 33.58 30.0 .711 L4.20 14.8 2.820 3.97 6.09
43 ¥ 2000% 70.0 62.54 37.08 30.0 .636 14.38 13.6 2.706 3.L4 6.09
Il % 500% 70.0 63.06 40.35 30.0 .568 L.,54 12,5 2.579 3.00 6.09
45 # 200% 70.0 63.52 U43.05 “30.0 .512 L.66 11.6 2457 2.68 6.09
46  200% L0OO 70.0 59.88 31.9% 30.0 .698 4,08 14,5 2.548 -3.99 6.09
L7 * 2000 70.0 60.12 33.285~3O.O 671 b7 14.0 2.516 . 3.75 6.09
u8 ¥ 2000% 70.0 60.71 36.53.30.0 .605 4.35 13.0 ~2.429 3.29 6.09
49 # 500% 70.0 61.31 39.60 30.0 .543 4.51 12.0 .2.330 2.90 6.09

50 ¥ 200% 70.0 61.84 12,16 30.0 .492 A.,63 11,2 2.233 2.61 6.09

*¥: calculations carried out with equations for laminar flow

: Temperature Polarization Coefficient; TPC = (Tf )/(Tfb pb)



Table 4.4:
Calculated flux and selectivity as a function of hydrodynamic conditions and
temperature difference for module I (wfbe = 0.05)

selectivity

+
. VLE
nr Ref Re be Tfm Tpm pr TPC Wore ) flux  model VL

-1 ] [ee] [ec] [¢]  [o¢] [-] [%] [#] [emes] -] [-]

51 4000 4000 80.0 T79.45 70.53 70.0 .893 5.00 7.1 0.655 1.45 1.51
52 80.0 79.02 60.90 60.0 .906 4.99 10.2  1.137 2.16 2.34
53 80.0 78.68 51.13 50.0 .918 4,90 14.5 1.490 3.30 3.64
54 80.0 78.40 41.27 40.0 .928 M4.75 19.7 1.751 4.93 S5.44
55 80.0 78.17 31.33 30.0 .937 4.58 24.6 1.940 6.81 7.33
56 4000 4000 T0.0 69.59- 60.39 60.0 .920 5.00 7.3 0.469 1.50 1.56
57 70.0 69.27 50.65 50.0 .931 4,97 10.9 0.804 2.35 2.50
58 70.0 69.02 40.81 40.0 .940 4.88 16.1 1.045 3.73 A4.0h
59 70.0 68.80 30.91 30.0 .947 4.75 22.0 1.220 5.67 6.09
60 000 4000 60.0 59.70 50.28 50.0 .941 5.00 7.7 0.324 1.58 1.62
61 60.0 59.46 40.47 40.0 .949 14.96 11.9 0.549 2.60 2.73
62 60.0 59.26 30.58 30.0 .956 4.88 .18.1 0.708 4.31 L4.57

o

63 14000 4000 50.0 19.78 140.21 40.0 .957 5.00 8.1 0.216 1.67 1.1
64 50.0 49.60 30.34 30.0 .963 L4.96 13.3 0.362 2.93 3.05

65 4000 L1000 40.0 39.84 30.15 30.0 .968 5.00 8.

o
o

.139. 1.79 1.83

66 4000 1000% 80.0 79.54 72.26 70.0 .728 5.00 6.7 0.550 1.35 1.51
67 * 80.0 79.15 64.01 60.0 .757 5.00 9.1 0.998 1.90 2.34
68 * 80.0 78.81 55.20 50.0 .787 4.94 12.6 1.356 2.77 3.64
69 * 80,0 78.53 45.96 40.0 .814 4.82 17.2 1.637 4.10 5.44
70 * 80.0 78.28 36.33 30.0 .839 4,67 22.2 1.853 5.85 7.33
71 4000 1000% 70.0 69.64 61.76 60.0 .788 5.00 6.9 O0.411 1.42 1.56
T2 ¥ 70,0 69.34% 53.03 50.0 .816 L4.98 9.9 0.732 2.10 2.50
73 *¥ 70.0 69.09 43,87 40.0 .841 4.91 14.3 0.978 3.23 4.04
T4 * 70,0 68.87 34.35 30.0 .863 4.79 19.9 1.165 4.93 6.09
75 4000 1000% 60.0 59.73 51.33 50.0 .840: 5.00 7.3 0.295 1.50 1.62
76 *¥ 0.0 59.50 42.25 40.0 .862 4.97 11.0 0.514 2.37 2.73
7 * 60.0 59.30 32.82 30.0 .883 14,90 16.6 0.677 3.85 4.57

78 4000 1000% 50.0 49.79 40.99 40.0 .880 5.00 7.8 0.202 1.60 1.71
79 *¥ 50,0 49,62 31.65 30.0 .898 4.97 12.4 0.346 2.72 .0

80 4000 1000% 40.0 39.84 30.7% 30.0 .910 5.00 8.3 0.132 1.73 1.83

¥: calculations carried out with equations for laminar flow

: T ture P i icient; = - -
emperature Polarization Coefficient; TPC (Tfm Tpm)/(Tfb pr)
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Table 4.5:
"Calculated flux and selectivity as a function of hydrodynamic conditions and
temperature difference for module II (Wfbe = 0.05)

selectivity

+
. - Re - VLE
ar Ref Re be Tfm Tpm pr TPC mee W e flux model

-1 -1 el [ec] [eel [ecl (-] (3] (3] [ems] [-] [-]

81 4000 4000 80.0 79.43 T1.52 70.0 .792 5.00 6.8 2.130 1.39 1.52
82 T 80.0 78.96 62.65 60.0 .816 5.00 9.5 3.788 2.00 2.34
83 . '80.0 T78.57 53.41 50.0 .839 4,92 13.3 5.061 2.97 3.64
8y - " 80.0 T78.24% 43.89 40,0 .859 L4.78 18.1 6.025 k.42 5.44
35 . 80.0 77.96 3%.12 30.0 .877 4.61 23.1 6.741 6,22 T.33
86 4000 4000 70.0 69.56 61.17 60.0 .839 5,00 7.1 1.563 1.45 1.56
87 i 70.0 69.20 51.99 50.0. .861 4.98 10.3 2.736 2.20 2.50
88 ; 70.0 68.91 42,54 u0.0 .879 . 4.89 15.0 3.605 3.43 4.04
89 T 70.0 68.65 32.85 30.0 .895 U.T6 20.T 4.251 5.23 6.09
90 4000 1000 60.0 59.66 50.88 50.0- .879 5.00 7.4 1.102 1.53 1.62
91 . 60.0. 59.39 41.48 40.0 - .895- 4,96 11.4 1.897 2.46 2.73
92 - 60.0 .59.16 31.86 30.0 .910 - 4.88 17.1 2.473 4.02 4,57
93 4000 L4000 50.0 49.75 40.66 u40.0 .909 5.00 7.9 O0.746 1.63 1.71
ou - - .50.0 U49.54 31.10 30.0 .922 L4.96 12.7 1.266 2.79 3.05

95 4000 4000 40.0 39.81 30.50 30.0 :931 5.00 8.4 0.48% 1.75 1.83‘

96 4000 1000%* 80.0 79.63 T4.64 T70.0 .499 5,00 6.1 1.416 1.23 1.51
97 * 80.0 79.27 68.66 60.0 .530 5.00 7.6 2.720 1.56 2.34
98 ¥ 80.0 78.93 61.84 50.0 .570 4.99 9.8 3.917 2.07 3.64
99 *¥ 80.0 78.60 54,18 40.0 .611 4.93 13.0 4.969 2.87 5.u44
100 . o * 80.0 78.29 45,57 30.0 .654 4.81 17.3 5.875 4.13 T.33
101 4000 1000% 70.0 69.69 63.90 60.0 .579 5.00 6.4 1.133 1.29 1.56
102 *¥ 70.0 69.39 57.05 50.0 .617 5.00 8.4 2.137 1.74 2.50
103 : ¥ 70.0 69.12 49.45 u40.0 .656 L4.96 11.4 2.998 2.48 4.0k
104 ¥ 70,0 68.86 41.00 30.0 .696 4.87 15.9 3.721 3.68 6.09
105 -4000 1000% 60.0 59.74 53.15 50.0 .659 5.00 6.7 0.863 1.37 1.62
106 *¥ 60.0 59.50. 45.61 40.0 .695 4.99 9.4 1.583 1.98 2.73
107. . *¥ 60.0 59.28 37.32 30.0 .732 4.93 -13.6 2.170 3.04 4.57
108 4000 1000% 50.0 49.79 42.51 40.0 .728 5.00 7.2 0.620 1.47 1.71
109 * 50,0 49.60 34.38 30.0 .761 4.98 10.7 1.108 2.30 3.05

110 4000 1000% 40.0 39.83 31.99 30.0 .784 5.00 7.8 o0.421 1.60 1.83 -

*¥: calculations carried out with equations for laminar flow

+
: Temperature Polarization Coefficient; TPC = (Tfm-Tpm)/(be—pr)



Chapter 5:

ETHANOL/WATER SEPARATION BY MEMBRANE DISTILLATION. 2. EXPERIMENTAL RESULTS

A.C.M. Franken, J.A.M. Nolten, M.H.V. Mulder & C.A. Smolders

Summar y

In chapter U4 a model for the separation of ethanol and water by mem-
brane distillation has been developed. In this model VLE (Vapour-Liquid
Equilibrium) data are combined with the effeot of temperature polarization
and concentration polarization. v

In this chapter membrane distillation experiments with ethanol/water
mixturés are described and the experimental selectivities and fluxes are
compared with the calculated values. A good agreement. between model and

experiments was found.

5.1: Introduction

As explained in chapter 4, membrane distillation is a distillation
process, in which the vapour pressure difference across the membrane causes
vapour molecules to be transported through the pores of the membrane from
the warm side (feed) to the cold sidé (permeate) of the membrane.

The applications of membrane distillation are mainly found in' the
separation of inorganic components in aqueous solutions and espeoiaily in
those separations in which a high purity of the permeate (water) is desired
(1-3). '

As far as separation of aqueous mixtures of volatile organic compo-
nents is concerned, membrane distillation is not a real alternative to
conventional distillation. Therefore, applications of membrane distillat;oh
must be found in mixtures in which the feed cannot be heated to high tem-
peratures (e.g. fermentation broths (4)). Also (small-scale) applications
in which use can be made of waste heat or solar heat can be attractive.

In this chapter experiments with an ethanol/water mixture containing
about 5 wt% ethanol (a typical composition for a fermentation broth) are

described. The effect of hydrodynamic conditions and temperature‘difference
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on flux and selectivity are measured. The experimental results are compared

- with the model calculations from the previous chapter [5).

5.2: Theory

The model that was developed to describe the transport mechanism of
membrane distillation has been described in detail in chapter 4 [5). In
this chapter only a brief qualitative description will be given.

As membréne distillation is in fact a special form of distillation,
the basis for our model is formed by the vapour-liquid equilibria existing
at the feed/membrane interface and at the permeate/membrane interface.

In order to describe the transport mechanism in membrane distillation
it is not enough to know the temperatures of feed and permeate only. For
the calculation of the permeate composition by means of VLE equations it is
essential that the temperatures of the feed and the permeate at the
liquid/meﬁbéane~interfaces are known. Because of the occurence of tempera-
differ from the tem-

ture polarization the bulk temperatures, T b and T

f

fm fm
measured directly, but they can be calculated if the hydrodynamic condi-

pb’
and T . T
pm

peratures at the membrane interfaces T and Tpm cannot be
tions at both sides of the membrane are known.

The same hydrodynamic conditions are also used to calculate the effect
of concentration polarization at the feed side of the membrane. As a result
of the preferential permeation of ethanol through the membrane, its concen-
tration at the liquid/membrane interface is decreased and consequently the
concentration of the less permeable component (water) is increased.

As a‘resuit of both temperature and concentration polarization, the
flux and the selectivity of the membrane distillation operation will be

lower than expected on the basis of the applied driving forces.

5.3: Experimental

The apparatus on which the membrane distillation experiments were per-

formed has been drawn schematically in figure 5.1.
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flux measurement
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[}

heating-jacket thermostat bath with
cooling coils

FIGURE 5.1: Membrane distillation set-up.

The feed mixture in the feed reservoir (containing about 5 wt% of
ethanol in water) is heated by a heating-jacket and the temperature is kept
constant by an Eurotherm temperature controller fitted with a proportional
band. The feed is pumped from the vessel by an Iwaki MD 30-RZ magnet pump.
At the outlet of the pump the feed stream is split into two streams: one
stream being the feed for module I and the other the feed for module II.
The flow of the feed through module I and module II is measured and con-
trolled by Brooks flowmeters (F1 respectively F3). The feed mixture flows
through the bore of the tubular membranes. The temperatures of the inlet
and the outlet streams of the modules are measured with thermocouples.(TT,
T2, T5 and T6). The outlet streams of the modules are combined again and
this stream flows along an UV-lamp to prevent growth of algae. From earlier
measurements it is known that due to growth of algae a decline of flux and
selectivity ocecurs (6). In this experimental set-up no decline of flux and
selectivity was observed even after three months of operation. The feed
stream is returned to the feed reservoir. As a result of permeation through
the membranes the amount of feed is reduced.- This.reduction is. supplied

from the feed supply vessel. To avoid depletion of ethanol from the feed,
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the feed supply vessel is filled with avmixture having . about the same com-
- position as obtained at the flux measurement points. The total volume of
the feed side, including the feed reservoir, tubes and feed compartments of
the modules, is about 3000 ml.

The permeate is pumped through Brooks flowmeters (F2 and F4) into the
modules by Iwaki MD 30-RZ magnet pumps. The liquid at the permeate side
flows at the outside of the tubular membranes. The temperatures of inlet
and outlet streams are measured with thermocouples (T3, T4, T7 and T8). The
permeate streams are circulated through cooling coils, which are placed in
a thermostat-ﬁath.~The temperature ét the permeate side is controlled by
this thermostat-bath. The flux through'the membranes is measured at two
flux meésurement points. When the flux is not measﬁred, these points are
connected to the feed supply vessel. In this way the depleted feed is re-
turned direotiy. The total volume at the permeate side for both module I
and module iI~is about 250 ml.

In contrast to the feed stream, the permeate streams of module I and
module II are separate. In this way the permeate concentration of both
modules can be determined individually. During the measurements the concen-
tration at the feed side is kept as constant as possible (about 5 wt%
ethanol in water) and changes in the permeate concentration are measured as

a function of the temperature difference and the hydrodynamic conditions.

5.3.2: Cross-flow modules

Table 5.1: Characteristics of modules used, with capillary membranes.

Paraﬁeter . module I module II

Type of membrane v 8/2 S 6/1
Module length (L) (mm) b9t 348
Module diameter (mm) 14,0 11.0
Membrarie diameter’ outside (mm) . 8.50 2.10

‘ inside (mm) 5.50 1.70
Membrane thickness (&) (mm) 1.50 0.35
Membrane conductivity k (w/mK) 0.048 0.048
Membrane constant Cp [g/(m .s.mmHg) ) 0.00589 0.02127
Number of membranes in module 1 4
Feed flow inside inside
Permeate flow outside outside
Hydraulic diameter inside (th) (mm) 5.50 1.70

outside (Dhp) (mm) ) 5.50 4.75
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The experiments were carried out on two. different crossflow-modules
with capillary membranes in counter-current. flow.

Microporous hydrophobic polypropylene membranes (Accurel obtained from
Enka) were used in the membrane distillation experiments. The characteris-

tics of the modules are listed in table 5.1.. ’ LT

Analysis of the binary solutions (consisting of ethanol of analytical
grade and ultrafiltrated water) was conducted with a Carl-Zeiss refractome-
ter. The samples were direetly taken from the feed line and the:. permeate

line.

The model calculations were carried out with mixtures of ethanol and
water at different temperatures. The physical properties needed for the
caleulations are density (p), diffusion coefficient (D), thermal conductiv-
ity (k), heat cabaoity (CP) and dynamic viscosity (p). All these- properties
are described as a function.of the composition and. the femperature and are
calculated iteratively.

The VLE data of the ethanol/water mixtures were. obtained from the

Dechema series (7).

5.4: Results and discussion

The experiments were carried out on cross-flow modules in counter-cur-
rent flow and no additional heating or cooling is applied to the modules.
This means that the temperature of an inlet stream differs from the ;emper—
ature of its outlet stream and that the temberature is a function of the
place in the module. In the model, however, the bulk temperatures of feed
and permeate are considered constant, being the average. temperatures. If
the temperature difference between inlet and outlet stream is small in
relation to the temperature difference between feed and permeate, this

assumption is quite reasonable.. On the other hand in cases .in which low
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Reynolds numbers are considered the use.of average temperatures might not
‘be correct and the experimental results might differ considerably from the
calculated values.

In our model the effect of Knudsen flow was not considered. The maxi-
mum effect of Knudsen flow that theoretically can be expected for the sepa-
ration of a mixture of ethanol and water is o of about 1.60. Since ethanol
is the preferentially permeating component, an effect of Knudsen flow would
decrease the calculated selectivity. Knowing that the pores of the micro-
porous membranes used have an hydraulic radius of about 2 um, it can be
calculated that a separating effect of Knudsen flow is within the experi-
mental error (o, < 1.05) (8). '

Another effect which was not taken into account is the surface rough-
ness of the membranes. The effect of a rough surface is that it works as a
turbulence promotor. Therefore, the effect only exists for Re > 2000, which
values only occur on the inside of the membranes (feed side) in our practi-
cal situation. As the mean height of the irregularities is in the order of
magnitude of 2 ym for both membrane types and the Re number is less than
5000,v the effect on the friction factor is within 5% as compared with
smooth tubes (9). This effect can be interpreted as an increase of the Re
number with 5%. As it is shown in the previous chapter that an increase of
the Re number in the turbulent region hardly has any effect on the selec-
tivity (doubling of the Re number results in an increase of the selectivity
with less than 5%), the effect of the surface roughness is negligible
small.

Coﬁparing the expefimental results with the calculated ones, the error
in thé measurement of the liquid compositions should be considered. The
error in ihe experimentally determined weight percentage ethanol for both
feed and permeate is about 0.1 to 0.2 wt%. Especially the error in the feed
concentration might lead to a considerable variation in selectivity. Be-
cause the feed concentration is also used in the model for the calculation
of the weight percentage of ethanol at the permeate side, the latter value

is also affected by the error in the experimental results.

As a result of the difference between inlet and outlet temperatut.
viscosity of the liquid changes also. This results in a change of thé'vai—
ues of Reynolds, Prandtl and Schmidt numbers. These changes again affect
the heat and mass transfer coefficients. Therefore, the effeét of tempera-
ture and concentration polarization is a function of the place in the mod-

ule, which has not been taken into account in the model.
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Another point which was not taken into account is the.effect of the
flow at the 6utside of the capillary membranes. The hydraulic diameters are
calculated for an ideal situation, in which the capillaries are eoﬁsidered
to be rigid tubes at equal distances from each other. In the practical
situation, however, the membranes are flexible and their positioning in the
module is not as ideal as described above. Due to these ekperimental limi-
tations, an effect of 'channeling' ‘at the outside of the capillary mem-

branes (permeate side) might not be excluded.

The experimental fluxes and selectivities are given in tables 5.2 to
5.5. These tables, as well as tables 5.6 to 5.9, are given as an appendix
to this chapter. |
A1l selectivities are defined as intrinsic selectivities. The calcu-
lation of this value'proceeds according to the following formula:
A LR L : (5.1
1—wpe 1-Wepe

In our experiments we have tried to keep the bulk temperatures of feed
and permeate and the feed concentration as constant as possible. For the
= ] - o
b 70°C, pr 30°C

and Wepe = 0.05. As can be seen from tables 5.1 and 5.2 the experimental

values differ sometimes quite a lot from the target values. This makes it

hydrodynamic conditions used, the target values were T

very difficult to compare the results of the experiments with each other.
Therefore, all the experimeﬁtal values‘of flux and selectivity are
normalized to standard conditions. The normalization to standard conditions
has been carried out on the basis of calculations with the developed modél.
The calculations were carried out for the actual experimental conditions

and for the normalized conditions.

g
- g . model, norm (5.2)

Jnor’m T Yex J
P model, exp

0Lrn’odel,norm
“norm = %exp * o , (5.3)
model, exp

The reason why this procedure was prefered over  changing the experi-



- 98 -

mental oonditiéns after each experiment to the standard conditions is two-
. fold. In the first place the feed for both modules is supplied from the
.same vessel. This makes it difficult to "control the temperature and the
feed concentration very precisely.

The second reason is the fact that it takes quite a long time before
the concentration at the permeate side becomes constant. Because the per-
meating vapour 1s directly condensed against the liquid at the permeate
side, the composition of the permeating vapour cannot be determined unless
steady-state conditions are reached. The time to achieve steady-state con-
ditioné can be calculated if the permeate side of the membrane is consid-
ered as a ‘'continuous stirred-tank vessel'. If it is assumed that the
composition and the flux of the permeating‘vapour through the membrane are
constant, the concentration as a  function of time can be described by
equation 5.4,

~(J.A.£/T)
Xp )

c.=cC . (1 -e (5.4)

An equilibrium value is assumed to be reached when C_ is within 1% of the

t
value Cm. In this case the numerical value of the exponent should be about

5. The time, necessary to reach steady-state, can then be estimated from,
t o= = (5.5)

In case of module I when a flux is assumed of 1 g/m2?s, it takes about
40 hours to reach the equilibrium value. of course it must be remembered
that "equation 5.4 and 5.5 are only valid if the concentration of ethanol
at the permeate side starts from zero. This was only the case when the
first experiment was performed. If the concentration of ethanol at the
permeate side already has a certain value (which is the steady-state value
of the experiment that has just been performed), the time needed to reach
the new steady-state value is much shorter.

Equations 5.4 and 5.5 were experimentally checked by performing an ex-
periment of 15 days. It appeared that after 24 hours, no significant dif-
ferences in the permeate composition could be determined.

Nevertheless, to be sure that the eqﬁilibrium value is actually reach-
ed, at least the time as ealculated by equation 5.5 was taken. This calcu-
lation shows that the permeation experiment has to be continued during a
few da&s after each variation of a parameter before measurements were per-

formed.
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Thus, the fact that it is very difficult to achieve the same feed con-
centration and the fact that the experiments are time-consuming are the
reasons why the feed concentration and the temperatures were not changed to

standard conditions for each new experiment.

The experimental fluxes and selectivities for the two modules as a
function of the hydrodynamic conditions are given in tables 5.2 and 5.3.
The normalized values are given in tables 5.6 and 5.7 respectively. The
normalized selectivities>(both the experimental and the calculated ones) as
a function of the Reynolds number at the feed side and permeate side are
given in figures 5.2 and 5.3 respectively. )

Comparing the experimental selectivities of tables 5.2 and 5.3 with
the calculafed selectivities, it can be seen that the agreement between
model and experiment is good. Especially when it is taken into account that
the model is not corrected for .the actual experimental conditions (see
paragraph 5.4.1) and that the model makes use of equations for laminar flow
and turbulent flow which show a discontinuity at a Reynolds number of 2000.
Also the fact that it is very difficult to determine the‘exact"Re number at
which the flow changes from laminar to turbulent makes it very difficult to
choose the fight flow regime. Therefore all the model calculations with Re
numbers between 2000 and 3000 are carried out with equations for bbth tur-
bulent flow and laminar flow. ‘ '

>The agreement between the experimental flux and the calculated flux is
very good, especially if the feed temperature is 70°C and if the Re numbers
at both feed and permeate side are maximal. This is not surprising because
these measurements are used to determine the constant Cm’ which is neces-

sary to calculate the model flux [5).

The normalized selectivities as a function of the Re number at the
feed side are given in figure 5.2 and the normalized selectivities as a
function of the Re number at the permeate side are given in figure 5.3.

From both figures it can be seen that the agreement between model and
normalized experiments is good, especially if high Re numbers are consid-
ered. From both figures and for both modules one sees that the deviation
between model and experiment is largest if the lowest Re numbers at both

feed and permeate side are considered.
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FIGURE 5.2: Normalized selectivity as a function of the Reynolds num-
ber at the feed side.

FIGURE 5.3: Normalized selectivity as a function of the Reynolds num-
ber at the permeate side.

These deviations can be caused by the fact that the accuracy of the
experiments at these low Re numbers is insufficient. For instance, if the
value of the Re number at the feed side is higher than 1000, then the tem-
perature difference between inlet and outlet is lower than 5°C. But if the
lowest Ref numbers for. module I are considered a temperature difference
between inlet and outlet of about 10°C is found. The situation for module
IT is even worse since the temperature difference for those conditions is
about 18°C. For the permeate side this temperature difference is 3°C maxi-
mally. This means that a comparison between model and experiment at low Re
numbers (especially those at the feed side) should be considered very care-

fully.

It ‘is not possible to calculate the concentration of ethanol at the
permeate side, wpe’ directly from the intrinsic selectivity value and the
bulk feed concentration of ethanol (equation 5.1). The fact that seemingly
the selectivity is increased due to a decrease of mee’ gives a false view
into the separation potential of membrane distillation. To get a better
‘insight into this separation potential at different hydrodynamic condi-

tions,'the weight fraction of ethanol obtained at the permeate side should
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FIGURE 5.4: Weight fraction of ethanol at the permeate side (w e) as
a function of the Reynolds number at the feed side.

FIGURE 5.5: Weight fraction of ethanol at the permeate side (w e) as
a function of the Reynolds number at the permeate side.

be considered independently. In figure 5.4 and 5.5 values of wpe (normaliz-
ed to standard conditions) are given as a function of the Reynolds number.
Figure 5.4 shows that the discontinuity at Re = 2000 for thé calcu-
lated curves of wpe is very large oon}pared to the discontinuity in o in
figure 5.2. The reason for this effect is that the curves in figure 5.2 are
calculated according to the intrinsic selectivity, which takes .the effect
of concentration polarization into account. The values of wpe in the fig-
ures 5.4 and 5.5 are also calculated according to equation 5.1. In this
case, however, it must be remembered that due to a decrease of "the Re num-

ber both the intrinsic selectivity and w decrease, thus intensifying the

fme
decrease of w_ .
pe

The experimental flux and selectivity as a function of the-temperature



- 102 -

difference are given in tables 5.4 and 5.5. The normalized values are given

_in tables 5.8 and 5.9 respectively. In figures 5.6 and 5.7 the normalized

weight fraction

at the permeate side is given as a function of the bulk

temperature difference between the feed side and permeate side.

Tes =70°C
0.20- 0.20+ -
£ £
010+ 010+ .
,,I'/‘_/ -— theorefical -—: theoretical
&7 —:experimental —:experimental
/.jfi 1I:type of module LI type of module
Wrbe Wibe
000 1 L v 1 000 1 1 1 L
0 20 40 0 20 40
) ATy [°C] — ATy [°Q —

FIGURE 5.6: Weight fraction of ethanol at the permeate side (w o) as
a function of the bulk temperature difference between feed
and permeate, when pr is fixed at 30°C.

FIGURE 5.7: Weight fraction of ethanol at the permeate side (w e) as

a function of the bulk temperature difference between feed
and permeate, when be is fixed at T0°C.

The tables and the figures show that the agreement -between model and

experiment is less good than in the case where the hydrodynamic conditions

were varied.

It appears that all the experimental results are higher than

predicted by the model. In a rare case (see table 5.4, nr. 31 and 32) a

higher selectivity than could be expected from the vapour-liquid equilib-

rium was obtained.

A possible explanation for the deviation between model and experiment
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is found in the fact that the-meaéurements are very sensitive to experimen—
tal errors. For instance, if experiment nr. 25 from table 5.4 is considered
and if it is assumed that the value of wfbe,would be 2.9 instead of 2.8,
then the value of the experimental selectivity would be reduced from 5.T4
to 5.34. Another indication for the fact that the experimental results are
very sensitive to measuring errors is found when for instance the normaliz-
ed experiments nr. 66 and 69 are compared with each other. In the first
case a normalized selectivity of 5.2U4 is obtained and in the second case a
value of 5.53.

From figure 5.6 and 5.7 it is clear that the experimental curves have
the same shape as the céleulated curves. This phenomenon and the fact that
the weight fraction of ethanol.at the permeate side in case of module II is
lower than for module I are in good agreement with the concepts of tempera-
ture and concentration polarization and provide a good indication that the
model using vapour-liquid equilibria is correct.

The agreement between the calculated and experimental fluxes is good.
This is not surprising as the model flux is calculated on the basis of the
experiments ih which the feed temperature is T0°C and the permeate tempera-
ture is 30°C. Although it was found by Schofield et al. (10) that the con-
stant Cm used to calculate the flux is slightly temperature dependent,
decreasing by about 3% with a 10°C increase in mean temperature, in our ex-
periments no experimental evidence was found to support this. In fact, if
this temperature dependency would be applied to the experiments listed in
table 5.4 and 5.5, then the agreement between calculated and experimental

flux would be worse in 75% of the cases and would improve in 25%.

5.5: Conclusions

The main conclusion that can be drawn is tha£ a rather good agreement
between theory and experiment was found and that the model can be used to
predict fluxes and selectivities of membrane ﬁodules on the basis of a few.
simple experiments in which the membrane constantvcm has to be determined.

As far as the hydrodynamic conditions are concerned, it can be con-
cluded that a higher flow velocity at both feed and permeate side gives
higher selectivities and permeation rates. The conclusion, drawn in the
previous chapter [5], that the selectivity and the flux hardly change any

more once the flow becomes turbulent, is only partially confirmed by the
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experimental fesultsf From the experiménts it can be .concluded that the
flux and the selectivity are still increasing even when a Reynolds number
of 4000 at the feed side is measured. Therefore, the flow at both sides
of the membrane should be fully turbulent to achieve an optimal separation.
This means that (in most cases) a Reynolds number of at least 4000 is nec-
essary.

Concerning the effect of temperature difference, it can be concluded
that both flux and selectivity increase when the temperature difference in-
creases and that a rather good agreement between the experimental results

and the model was found.

5.6: Symbols

The symbols that are used in this chapter are conform the terminology
of membrane distillation (11). Additional symbols or symbols which are

defined in another way are marked with the ¥-symbol.

2

A membrane area m

C concentration kg/m®

Cm membrane constant g/(m?.s.mmHg) *
J mass flux kg/m?%s

L module length mm *
Re Reynolds number - *
T temperature K

t fime S

v volume m®

W weight fraction

o selectivity -

8 membrane thickness mm

u liquid viscosity Pa.s
p density kg/m®
Subscripts
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ethanol *
experimental v *
feed

membrane

normalized . , *
permeate

time

water

infinite . *
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5.8: Appendix

Table 5.2:

Experimental flux and selectivity as a function of the hydrodynamic
conditions for module I.
Yfhe VEme Vpe “pe flux flux selectivity
nre Reg Rep Tey Tem Tpm Ipb TeCt exp model model exp model exp model exp VLE
-1 -1 (°ct [°c1 (%1 [°c1 [-1 [Z] [% [%] le/m?s] Tg/m®s]  [-1 (-1 (-]
1 4360 890*  71.7 70.57 34.74 29.9 .857 4.5 4.33 18.5 17.7 1.258 1.277 5.01 4.75 624
2 4290 590% 71.6 70.47 35.45 30.0 <842 4.4 4o24 17.6 16.8 1.237 1.252  4.83 4.56 6.19
3 4310 290* 72.1 70.99 37.51 30.7 .809 beh £.26 1647 1641 1233 1.227  4.51 4.31 6.11
4 2780 920% 71.7 70.12 34.89 30.2 .849 442 4.00 16.8 15.3 1.217 1.208 4.84 4.34 6.1
ba 2780% 970%  71.7 67.87 34.41 30.2 .806 4e2 372 15.0 15.3 1.077 1.208 4.56 4.68 6.11
5 2950 610*%  71.7 70.21 35.71 304 835 4.2 4.02 1644 14.7 1.208 1.201 4.70 4.12 6.07
5a 2950% 650% 71.7 67.98 35.17 30.4 .794 4.2 3.75 14.7 4.7 1.071 1.201  4.44 4.43 6.07
6 2920 310%  71.6 70.14 37.16 30.7 .807 41 3.95 15.3 13.8 1.175 1.170 4.40 3.90 5.97
6a 2920% 330% 71.6 67.98 36+54 30.7 .769 4.1 3.71 13.9 13.8 1.046 1.170 4.18 4.16 5.97
7 1570% 1000* 68.4 64.39 32.94 29.3 .805 4.0 3.51 13.6 13.1 .901 1.070 4.35 4.15 5.80
8 1590% 720%  68.6 64.64 33.85 29.8 .794 3.7 3.29 12.4 12.1 -896 1.030 4.14 4.04 5.65
9 1550% 350%  68.9 64.99 35.56 30.5 .766 346 3.25 11.5 11.8 +886 1.014 3.88 3.98 5.52
10 280*% 1160% 62.2 57.30 32.09 29.6 .773 3.6 3.26 10.5 10.3 .588 754 3.50 3.41 4.74
11 300% 710*% 61.8 57.10 32.27 29.4 .766 3.8 3.44 11.0 10.7 «579 736 3.46 3.36 4.76
12 310%  350% 6l.6 57.13 33.69 30.2 747 4.0 3.67 10.9 10.0 562  .719  3.22 2.91 4.60
i: calculations carried out with equations for laminar flow
: Temperature Polarization Coefficient; TPC = (Tfm-Tpm)/(Tfh_pr)
ITable 5.3:
Experimental flux and selectivity as a function of the hydrodynamic
conditions for module IT.
Yfhbe Vfme Ype Vpe flux flux selectivity
] nre Reg Bep ?fh Tem Tpm pr- rect exp model model exp model exp model exp VLE
-1 -I-1 °cl [°c1 [°c1 [°ci [~1 [%] [zl %] [g/n?s] [g/m?s] -1 - -1
13 3470 1200%  70.7 69.43 42.28 31.7 .696 4.4 4.31 13.5 13.8 3.713 3.676 3.46 3.56 5.70
14 3510 780%  70.4 69.20 43.38 31.7 .667 4ol 4.32 12.8 13.3 3.568 3.593 3.26 3.40 5.66
15 3520 390% 71.2 70.05 46.66 32.6 .606 4e& 4435 11.6 12.1 3.469 3.246 3.47 3.02 5.58
16 2260 1230* 70.1 68.39 41.71 31.6 .693 4.2 4.08 12.6 11.9 3.513 3.394 3.40 3.17 5.59
16a 2260% 1280% 70.1 65.32 40.43 31.6 .647 4.2 3.90 11.5 11.9 2.971 3.394 3.20 3.33 5.59
17 2310 820% 70.2 68.57 43426 32.0 .663 4.1 4.01 11.7 1l.4 3.427 3.271 3.17 3.08 5.50
17a 2310%  840% 70.2 65.60 41.89 32.0 .621 4.1 3.86 10.8 1l.4 2.913 3.271 3.01L 3.20 5.50
18 2360 410%  70.4 68.89 45.74 32.4 .609 4.0 3.95 10.5 10.1 3.274  2.941 2.84 2.74 5.42
18a 2360%  420*% 70.4 66.05 44.23 32.4 .574 4.0 3.84 9.8 10.1 2.812 2.941 2.73 2.82 5.42
19 1160%* 1300%* 68.5 63.00 38.78 30.7 .641 4.0 3.67 10.7 10.0 2.648 2.592 3.15 2.92 5.51
20 1290%  880* 69.0 63.75 40.63 31.5 .616 3.7 3447 9.6 9.4 2.646 2.557 2.94 2.89 5.35
21 1210% 460*  69.1 64.11 43.08 32.2 .570 3.6 3.48 8.7 8.9 2.529 2.342 2.65 2.71 5.19
22 200% 1410* 59.6 53.62 35.37 30.3 .623 3.6 3.43 8.2 7.6 1.478 1.288 2.53 2.31 4.21
23 240%  890% 60.5 54.73 36.63 30.6 .606 3.8 3.62 8.6 7.6 1.547 1.402 2.50 2.19 4.31
24 240%  420%  60.6 55.18 38.65 31.4 .566 4.0 3.85 8.5 6.9 1.483 1.314 2.30 1.85 4.20

%
+

: calculations carried out with equations for laminar flow

Temperature Polarization Coefficient; TPC = (Ifm-Tpm)/(be-pr)
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Table 5.4:

Experimentai flux and selectivity as a function of the ﬁemperature
difference for module I.

Vhe :wfme ¥pe Ype flux  flux selectivity
nr.  Reg Rep Ty Tem Tpm pr TRCT exp model model exp model exp model exp VLE
=1 =1 %1 (%l (%l (%] -1 [z [z (%) tg/m?s] [g/m?s]  [-1 (-1 [-]

25 5090 1150%  81.3 79.87 39.23 32.8 .838 2.8 2.71 12.4 13.8 1.855 2.064 5.07 5.74 6.50
26 4600  1140%  72.0 70.93 35.49 30.9 .862 2.8 2.74 11.5 12.1 1.230 1.228 4.59 4.89 5.69
27 4070  1140% 6l.4 60.66 32.57 29.6 .883 3.0 2.96 10.4 11.8 <718 696  3.82 4.39 4.51
28 3270  1100%* 5047 50423 31.20 29.5 .897 4.4 4.37 1l.4 11l.4 2366  +350 2.82 2.82 3.18

29 4650 1110% 72.1 71.02 35.14 30.5 .862
30 - 4560 1510% 72.1 71.20 44.95 41l.2 .850

3.0 2. 13.7 1246 1252 4.71 5.27 5.83
3.7 0.

31 4470 1970% °72.3 71.61 53.70 50.9 .837 3.9 3.90 8.
6.8 0.
6.8 0.

12.1  1.070 1.099 3.19 3.62 3.90
10.3 «846 907 2.18 2.83 2.55
12.5 .593  .618 165 1.96 1.75
12.5 550  .613 1.57 1.96 1.75

=

32 4530 2040 72.4 71.94 61.12 60.3 .894
32a 4530 2040*% 72.4 71.97 62.10 60.3 .816

o

.

o0

Q
=
W~ - N

*: calculations carried out with equations for laminar flow
: Temperature Polarization Coefficient; TPC = (Tfm—Tpm)/(be_pr)

Table 5.5:

Experimental flux and selectivity as a function of the temperature
difference for module II.

VYibe Yeme Wpe Ype flux flux selectivity
nr. Reg Rep Tep Ten Tpm pr rpct exp model model exp model exp model exp VLE

[-1 -1 [°1 [°] (%] [°1 [-] (% (% [%] {e/m?s] [g/m®s] (-] (-1 (-]

33 4120 1520%  79.9 78.37 48.89 35.1 .658 2.79
34 3720 1440%  70.8 69.61 42.65 32.4 .702 2.79

2.8 8.7 5.375 5.888 3.32 4.30 5.86
2.8 8.5
35 3140  1410% 60.4 59.53 37.60 30.8 .741 3.0 2.98 8.0
b4ob 9.5
beb 9.0

1.0

9.8 3.644 3.638 3.24 3.79 5.21

9.0 2.136 1.915 2.85 3.22 4.13
36 2570 1310%  50.0 49.43 34.05 30.0 .769 4.38 9+5
36a 2570% 1330*% 50.0 48.23 33.74 30.0 .725 4.32 9.5

1.101 +899  2.29 2.29 3.00
+999 <899 2.19 2.32 3.00

37 3670 1390* 70.9 69.68 42.58 32.2 .700 3.0 2.98 9.2 1l.1 3.676 3.680 3.28 4.07 5.31
38 3620 1820* 71.3 70.31 50.58 42.3 .680 3.7 3.70 8.4 10.3 3.105 2.956 2.38 2.99 3.61
39 3620 2230 71.4 70.56 54.64 51.5 800 3.9 3.90 7.5 8.5 2.695 2.238 2.00 2.29 2.39
39a 3620 2230% 71.4 70.68 57.52 51.5 +661 3.9 3.90 6.7 8.5 2.342 2.238 1.77  2.29 2.39
40 3480 2450 71.7 71.17 62.38 60.5 .785 6.8 6.80 9.9 10.5 1.747 1.297 1.50 1l.61 1.68
40a 3480  2450%  71.7 71.26 64414 60.5 4635 6.8 6.80 9.2 10.5

1.458 1.297 1.38 1.6l 1.68

*: calculations carried out with equations for laminar flow
: Temperature Polarization Coefficient; TPC = (Tfm-Tpm)/(be-pr)
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. Table 5.6:
Normalized flux and selectivity as a function of the hydrodynamic condi-
tions for module I.

Yfme Ype Vpe

TPCT  model model exp model exp model exp VLE

flux flux selectivity
nre Ref Rep Tey, Ten Tpm
-1 -1 (°c1 [t (%l (%I [-1 (%1 [z (%] [e/wls] [e/m®s] (-] {1 (-]

41 4210 860%  70.0 68.92 34.57 30.0 .859 4.80 19.8 19.0 1.164 1.182 4.90 4.65 6.09
42 4140 560%  70.0 68.92 35.19 30.0 .843 4.8l 19.4 18.5 1.153 1.167 4.77 4.49 6.09
43 4140 270%  70.0 68.95 36.43 30.0 .813 4.83 18.7 18.0 1.131 1.126 4.53 4.33 6.09

46 2660 850%  70.0 68.47 34.49 30.0 .850  4.74 19.4 17.6 1.135 1.127  4.83 4.31 6.09
44a  2660%  850%  70.0 66.37 34.11 30.0 807 4.41 17.3 17.6 1.007 1.130 4.53 4.65 6.09
45 2830 560% 700 . 68.56 35.10 30.0 .837 476, 19.1 17.1 1.130 1.123 4.73 4.12 6.09
45a  2830%  560%  70.0 66.47 34.67 30.0 <795 443 17.1 17.0 1.003 1.125 4.45 4.43 6.09
46 2790 280%  70.0 68.58 36427 30.0 .808 4.77 18.4 16.6 1.109 1.104 4.50 3.97 6.09
46a  2790%  280% 70.0 66.53 35.75 30.0 <769  4e47 16.6 16.5 «988 1.106 4.25 4.23 6.09

47 1560%  920%  70.0 65.78 33.91 30.0 .797 435 16.9 16.2 «975 1.158 448 4.26 6409
48 1560%  630% 70.0 65.81 34.39 30.0 .786 4.37 16.7 16.3 «969 1115 4.39 4.28 6.09
49 1510%  300% 70.0 65.86 35.49 30.0 .759 4.4l 16.2 16.6 «954 1.09L  4.20 4.32 6.09

50 300% 1000%  70.0 63.41 33.44 30.0 749 4.18 15.5 15.1 «852 1093 4.19 4.08 6.09
51 320%  620% 70.0 63.60 33.99 30.0 .740 4.21 15.4 15.0 «853 1.085 4.12 4.00 6.09
52 330%  310*% 70.0 63.76 34.96 30.0 .720 . 4e26 15.0 13.8 2847 1.084 3.97 3.58 6.09

*: calculations carried. out with equations for laminar flow

: Temperature Polarization Coefficient; TPC = (Tfm—Tpm)/(be‘TPb)

Table 5.7: : .
Normalized flux and selectivity as a function of the hydrodynamic condi-
tions for module ITI.

Vne Ve Ype flux flux selectivity
nre Reg Rep Tep Ten Tpm pr TPC+' model model exp model exp model exp VLE

=1 -1 (%1 (%1 (%1 (°1 (-1 (%] (%] (%] {g/m®s] [g/mds] (-] (-] (-]

53 3380 1060% - 70.0 68.70 40.76 30.0 +698 4.86 15.9 16.3 3.703 3.666 3.70 3.80 6.09
54 3440 690% 70.0 68.76 42.02 30.0 .668 4.87 15.2 15.7 3.614 3.640 3.49 3.64 6.09
55 3420 340%  70.0 68.82 44427 30.0 614 4.90 13.9 14.5 3.435 3.214 3.14& 3.30 6.09

56 2210 1070 70.0 68.21 40.54 30.0 .692 4.81 15.6 14.7 3.608 3.485 3.66 3.42 6.09
56a 2210% 1070% 70.0 65.08 39.30 30.0 <645 4.53 14.0 14.5 3.034 3.466 3.42 3.56 6.09
57 2250 700%  70.0 68.29 41.78 30.0 +663 4.83 15.0 146  3.526 3.365 3.47 3.36 6.09
57a  2250%  700% 70.0 65.23 40.45 30.0 4620 4.58 13.5 14.3 2.981 3.348 3.26 3.48 6.09
58 2290 350* 70.0 68.40 43.97 30.0 .611 4.87 13.8 13.4 3.367 3.024 3.13 3.01 6.09
58a 2290%  350% 70.0 65.48 42.47 30.0 .575 4.66 12.7 13.1 2.875 3.007 2.99 3.08 6.09

59 1150% 1150% 70.0 64.13 38.78 30.0 .634 4.48 13.7 12.8 2.886 2.824 3.38 3.14 6.09
60 1250%  750* 70.0 64.39 39.92 30.0 .612 4.54 13.3 13.1 2.857 2.760 ° 3.24 3.18 6.09
61 1180*%  360* 70.0 64.57 41.90 30.0 .567 4.62 12.5 12.8 2.743 2,539 . 2.96 3.03 6.09

62 220% 1190* 70.0 61.12 37.65 30.0 .587 4.40 12.7 11.8 2.428 2.116 3.17 2.89 6.09
63 260%  760% 70.0 61.68 38.80 30.0 .572 4.46 12.5 1l.l1 2.446 2.217 3.07 2.67 6.09
64 260%  360% 70.0 62.05 40.73 30.0 .533 4.56 11.9 9.7 2.375 2.104 2.83 2.25 6.09

*: calculations carried out with equations for laminar flow
: Temperature Polarization Coefficient; TPC = (Tfm-Tpm)/(be—pr)
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Table 5.8:

Normalized flux and selectivity as a function of the temperature difference

for module I.
Yeme  Ype Voe flux flux selectivity
nre. Reg Rep Tsyp Tem Tpm pr TPC+ model model exp model exp model exp VLE
[-1 -1 [°c1 (%1 (%1 (%1 [-1 1 121 [%] {g/m?s] [g/m®s] -] (-] (-]

65 4770 800* 80.0 78.50 36.82 30.0 .834 4471 22.2 24.8 1.865 2.075 5.79 6.67 7.33
66 4240 860% 70.0 68.93 34.57 30.0 .859 4.81 19.8 20.9 1.165 1.163  4.90 5.24 6.09
67 3760 940%  60.0 59.27 32.87 30.0 .880 4.89 16.5 18.7 <674 4654 3.84 4.b6  4.57
68 3170 1070% 50.0 49.55 31.61 30.0 .897 4.96 12.4 12.4 «344 +329 2.71 2.71 3.05
69 4240 860% 70.0 68.93 34.57 30.0 .859 4.81 19.8 21.8 1.165 1.170 4.90 5.53 6.09
70 4290 1320% 70.0 69.13 43.57 40.0 .852 4.91 14.5 16.3 .988 1.015 3.29 3.76 4.04
71 4220 1830* 70.0 69.36 52.54 50.0 .841 4.98 10.1 12.8 «749 .803 2.15 2.81 2.50
72 4610 2240 70.0 69.64 60.61 60.0 903 5.00 7.3 8.5 462 .481 1449 1.77 1.56
72a 4610 2240%  70.0 69.67 61.41 60.0 .826 5.00 7.1 8.6 #5429 477 Ledh 1.78  1.56
%*: calculations carried out with equations for laminar flow
: Temperature Polarization Coefficient; TPC = (Tfm—Tpm)/(Tfh—pr)

Table 5.9:

Normalized flux and selectivity as a function of the temperature difference

for module II.

e wpe "pe flux flux selectifoy
RT. Reg Rep Tey Ten Tpm pr TPC+ model model exp model exp model exp VLE
-1 [~ 1%l (%] (%] [°e] [~} (2] [%] [%) [g/n®s) (g/n®s] (=] (-] (-]

73 3920 1010% 80.0 78.26 45.51 30.0 655 4.80 17.3 21.8 5.872 6.432  4.13 5.52 7.33
74 3440 1050% 700 68.72 40.80 30.0 .698 4.86 15.9 18.3 3.704 3.698 3.69 4.38 6.09
75 2930 1130 60.0 59.08 37.03 30.0 .735 4.92 13.7 15.3 2.157 1.934 3.06 3.49 4.57
76 2520 1250% 50.0 49.43 34.08 30.0 .767 4.97 10.8 .10.8 1.106 .903  2.31 2.32 3.05
76a 2520% 1250% 50.0 48.23 33.78 30.0 .722 4.90 10.2 10.8 1.002 «902 2.21 2.35 3.05
77 3440 1050%* 70.0 68.72 40.80 30.0 .698 4.86 15.9 19.2 3.704 3.708 3.69 4.67 6.09
78 3440 1560% 70.0 68.97 48.42 40.0 .685 4,95 11.9 14.6 3.072  2.925 2.59 3.28 4.04
79 3460 2035 70,0 69.16 53.21 50.0 .798 4.98 9.8 11.0 2.582 2.144 2.07 2.37 2.50
79a 3460  2035% 70.0 69.27 55.94 50.0 .667 5.00 8.8 1l.1 2.261 2.161 1.82 2.36 2.50
80 3570 2640 70.0 69.54 61.56 60.0 <798 5.00 7.0 7.4 1.496  1.111  1.42 1.53 1.56
80a 3570 2640% 70.0 69.62 63.14 60.0 .648 5.00 6.6 7.5 1.250 1.112 133 1.54 1.56

%: calculations carried out with equations for
: Temperature Polarization Coefficient; TPC = (Tfm—Tpm)/(be—pr)

laminar flow
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Chapter 6:

PERVAPORATION PROCESS USING A THERMAL GRADIENT AS THE DRIVING FORCE

A.C.M. Franken, M.H.V. Mulder & C.A. Smolders

Summary

A new ﬁrocess design for ﬁefvaporation is described in which a compos-—
ite membrane, consisting of a selective hydrophilic toplayer and a micropo-
rous hydrophobic sublayer;.is used (1). The feed mixture is brought into
contact with the hydrophilic layer. At the permeate side of the membrane a
permeate-absorbing liquid is brought into contact with the porous sublayer.
It is essential that the liquid at the permeate side does not penetrate into
the pores of the hydrophobic membrane.

The driving force for this process is caused by the thermal gradient
that exists between the warm feed side of the membrane and the cold permeate
side. '

In this design, the equipment generally needed in conventional pervapo-
ration processes to produce a reduced partial pressure at the permeate side
and to condense the permeating vapour is no longer necessary. In addition,
this.design permits recovery of most of the heat from the permeated conden-

sate.

6.1: Introduction

Pervaporation is a membrane process in which a liquid is in direct
contact with a dense polymer film (feed side) and in which the permeating
product is removed as a vapour at the other side of this film (permeate
side) by applying a reduced partial pressure. In most cases this reduced
partial pressure is achieved either by creating a vatuum or by employing a
sweeping gas. '

Pervaporation can be used to separate liquids which are difficult to
separate by distillation such as azeotropic mixtures and mixtures with close
boiling points. Although some research is going on in the field of separa-

tions of hydrocarbons (2-7), most of the research is concentrated on aque-
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ous/organic mixturés (7—15). Especially for the dehydration of organic mix-
tures pervaporation seems to be a promising technique (7—14). Within this
field the separation of ethanol/water mixtures is the. subject on which most
of the research has been focussed (8,9,12,13,15). So far, the only commer-
c¢ial application of the pervaporation process is the dehydration of organic
sol&ents, especially of alcohols, using PVA membranes (16,17], )
The separation potential of pervaporation mixtures of organic compo-
nents and water as well as for non-aqueous organic mixtures is definitely
promising in spite of the fact that pervaporation is a relatively complex
process compared to  other membrane processes such as reve;se osmosis.

Rautenbach and Albrecht (3,4) state that the specific costs of pervaporation

will always be high, because:

- the process requires a heat transfer interface, since the evaporation
enthalpy necessary for the phase change of the permeate has to be sup-
plied;

- the modules must be designed for a low pressure drop at the permeate side
because the principle of pervaporation is very sensitive to varying per-
meate pressures. '

In this chapter a new process design using a thermal gradient as the
driving force is described which minimizes the disadvantages as described

above.

6.2: Background

Thermally driven membrane processes are known for more than a century.
The first experiments, in which transport of gases as'a result of a tempera-
ture difference was observed, were carried out by Feddersen in 1873 (18).
Lippmann (in 1907) was the'first who studied the transport of a liquid
across a membrane which sepgrated two solutions of identical composition but
different temperatures [18). These processes, which are known as thermo-
osmosis, are generally characterized by small solvent fluxes and low selec-—
tivities whereas the energy-input is quite large. This explains why thermo-

osmosis never has been of great practical interest.

The renewed interest for thermally driven membrane processes has been
generated by a relatively new process, membrane distillation. Membrane

distillation is a distillation process in which two aqueous liquids with
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different temperatures are separated by a microporous hydrophobic membrane.
In this processﬂthe pores of the microporous membrane, which-are not wetted
by the liquid mixtures at the feed side or the permeate side, act as a va-
pour phase. The vapour pressure difference APV, resulting from the tempera-
ture difference AT across the membrane, causes vapour molecules to be trans-
ported from the warm feed side to the cold permeate side.

Membrane distillation is generally used for the production of pure
water from aqueous solutions of inorganic material (for instance, desalina-
tion of sea water). In contrast with thermo-osmosis, membrane distillation
has relatively-high fluxes and good selectivities [19,20).

The transport mechanism of membrane distillation infolves three steps:
1. evaporation at the feed side of the membrane; ,

2. transport of the vapour through the pores of the hydrophobic membrane;

3. condensation of the vapour at the permeate side of the membrane.
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- FIGURE 6.1: Membrane distillation.

On the basis of this transport mechanism, it can be understood that the
separation mechanism of membrane distillation is formed by the vapour-liquid
equilibrium. This also means that the maximum selectivity that can be ob-
tained by membrane distillation is given by this vapour-liquid equilibrium.’
If a solution of an inorganic salt in water is used only water will pass
through the membrane. On the other hand, if a solution of two (or more)
volatile components is used then the vapour-liquid equilibrium of this solu-
tion determines the selectivity.

The fact that the selectivity of the membrane distillation operation is
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determined by the vapour-liquid equilibrium,ihdicates the limited possibili-
ties for the treatment of solutions with several volatile components. Mem-
brane distillation is not a real alternative for distillation, because it
cannot be used in difficult separation problems (such as azeotropic mix~-

tures).

Pervaporation processes are known since the beginning of this cen-
tury and the term ‘pervaporation' was introduced in 1917 by Kober (21]. The
interest in pervaporation processes increased during the 'seventies'. One of
the possible alternatives of fossile energy sources is the use of ethanol as
fuel. The best known process for rectifying ethanol is distillation. A more
economic alternative for the azeotropic distillation of ethanol is pervapo-
ration- (17). In pervaporation the product is removed as a vapour at the
permeate side by applying a reduced partial pressure. This can be achieved

by creating a vacuum or by employing a sweeping gas (figure 6.2).

retenfate ——| le— feed retentate ——— le—— feed

vacuum pump -

permeate sweeping gas permeate

condensor
condensor

FIGURE 6.2: Pervaporation with downstream vacuum or sweeping gas.

In vacuum operation only a small pressure 10ss can be allowed at the
permeate side, since an increase in partial downstream pressure directly in-
fluences fluXAand selectivity negatively. Vacuum operation is always to be
regarded as critical, since large apparatus volumes are necessary, leakage
problems may appear, oxygen might diffuse into the apparatus which leads to
oxidation, ete. Furthermore, rather expensive equipment is necessary to
generate this vacuum. _

Application of a sweeping gas downstream does not involve the problems
of vacuum apparatus. Nevertheless, the use of sweeping gas and a condensor
is technically very costly and, moreover, because of the lower temperature
- level needed in the condensor, even partial recovery of the heat of evapora-
tion needed for pervaporation is usually not possible.

The transport mechanism of pervaporation essentially involves the fol-

lowing steps:
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1. selective sorgtion of components of a liquid mixture into the membrane at
the feed side;

2. selective diffusion through the membrane;

3. desorption into a vapour phase at the permeate side.

In contrast to membrane distillation, the selectivity of the pervapora-
tion process is not determined by the vapour-liquid equilibrium of the 1liq-
uid mixture, but by the choice of the polymeric material. The selectivity
towards a liquid mixture is determined by selective sorption into the mem-
brane and selective diffusion through the membrane. This means that pervapo-—
ration can be used to separate organic liquids which are difficult to sepa-

rate by distillation.

Although in pervaporation a reduced partial pressure at the permeate
side can also be achieved by a temperature difference between the feed side
and the permeate side of the membrane, this method is not commonly used..In
literature this has only been described by Aptel et al. in a membrane opera-
tion which was. called 'thermo-pervaporation' {7) The thermo-pervapora-
tion apparatus essentially consists of a pervaporation membfane (supported
at the downstream side by a sintered stainless steel plate),' which separates
the hot liquid feed at the upstream side and a downstream compartment with a
cold wall. The liquid that permeates through the membrane evaporates, dif-
fuses through the downstream compartment and condenses against the cold

wall. The condensed permeate is drawn off for storage in the container.

feed ———I

7
T

membrane | —permeate

retentate —] L——-—r.noling fluid

container vacuum pump

stopcock

FIGURE "6.3: Thermo-pervaporation apparatus.

Although Aptei et al. claim that the thermo-pervaporation operation
presents several advantages over classical per\(apor'ation no practical appli-

cation of this system has been developed yet. The fact that the results
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obtained with thermo—pervaporation are difficult to interpret might be the
reason that this membrane operation is not mentioned in literature any more
(22).

6.3: Description of the thermally driven pervaporation process

A new process design using a thermal gradient as the driving force has
been developed. In this design a composite membrane consisting of a dense
permselective hydrophilic toplayer and a hydrophobic microporous sublayer is
used. The warm liquid feed is brought in direct contact with the permselec-
tive toplayer and the cold permeate-absorbing liquid 1is brought in direct
contact with the porous sublayer at the downstream side of the composite

membrane.
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FIGURE 6.4: Pervaporation process using a thermal gradient
as the driving force.

The transport mechanism of this pervaporation process essentially
consists of the following five steps:
1. selective sorption of components of a liquid mixture into the toplayer
of the membrane at the feed side;
2. selective diffusion through the toplayer of the membrane;
3. desorption into a vapour phase at the interface of the selective toplayer
and the microporous sublayer;
4, transport of vapour through the pores of the hydrophobic sublayer of the

membrane;
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5. condensation of vapour at the downstream side of the membrane.

In this process the first three steps are identical to the transport
mechanism in a conventional pervaporation process which makes use of vacuum
or sweeping gas. Furthermore, it can be seen that step ¥ and 5 of this mech-
anism resemble the last two steps of a membrane distillation operation. In
fact all water-selective membranes that have been developed for pervapora-
tion processes in general can be used as a permselective toplayer in this
specific pervaporation design. The difference between membranes developed
for a conventional pervaporation process and this specific design is that a
hydrophobic poéous sublayer 1is necessary. However, hydrophobicity of the
porous sublayer is not the féqtor which determines the feasibility of this
pervaporation process. The only restriction is that the permeate-absorbing
liquid on the downstream side of the membrane should not penetrate into
the pores of the porous sublayer.

During stationary operation the permeate-absorbing liquid on the down-
stream side has the same composition as the permeate. Although it is not
necessary that the permeate-absorbing liquid has the same composition as the
permeate, it is pﬁeferable. Simple calculations shothhat the.selectivity of
the process alters in such a way that an equilibriuﬁ value of the composi-

tion of the permeate-absorbing liquid is persued.

The driving force for this process is a vapour pressure difference
which results from the temperature difference across the membrane. In figure
6.5 the'temperature profile and the corresponding vapour pressure profile
across the composite_membrane are given schematically.

The temperature- prbfile‘ acrbss the membrane ié established by con-
ductance of heat; by transport of heat through molecules and by evaporation/
condensation at the membrane/liquid interfaces. In this temperature profile
six steps can be dispinguished: ]

1. transport of heaﬁ from the bulk of the feed solution to the membrane;

2. transport of heat through.the non-porous toplayer of the membrane;

3. evaporation‘of the permeating components;

4. transport of heat through the porous sublayer of the membrane;

5. condensation of the permeating components;. )

6. transport of heat from the membrane surface to the bulk of the permeate-
absorbing liquid.

Step 1 and 6 (transport of heat in a flowing liduid) are both influenc-

ed by the same parameters. The heat transfer coefficient, h, is influenced
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a. Temperature profile b Vapour pressure profile

\\ permeate- “-‘ permeate-
(“feﬁ%) . |absorbing (l}cei?d) \ absorbing
q \ |liquid auiei A liquid
selective (micm)pof*ﬁﬁg— selective (micm)por;d; -
toplayer hydrophobic toplayer hydrophobic
sublayer sublayer

FIGURE 6.5: Temperature profile (a) and partial vapour pressure
) profile (b) across a membrane.

among others by the temperature level and module parameters,

but mainly by
the velocity of the flowing liquid.

In the non-porous toplayer of the membrane heat transfer mainly takes
place by conductance. Also heat transfer through the permeating liquid takes
place, but this is éf minor importance.

The heat needed for the evaporation of the permeate has to be supplied
by the liquid feed and the heat of condensation is directly supplied to the
permeate-absorbing liquid.

Heat transfer by conductance through the porous sublayer has a lower
value than the heat transfer by conductance through the non-porous toplayer.
Because of the high porosity of the sublayer (in case of Accurel membranes
the overall porosity is about 80%), this layer acts as a thermally insulat-

ing layer. The effect of the heat transfer by conductance can be illustrated
lby means of a resistance model as given in figure 6.6.

The heat resistance is given as the membrane thickness divided by the
thermal conducfivity of the membrane, Gm/km. The heat resistance of the po-

rous sublayer can be calculated by means of the the following formula:

(6. 7%
Su

sub b) = Gsub/(s'kair' * (1—8)'kPP))

(6.1)

Knowing that ka'r = 0.02 W/m°C and kPP = 0.18 W/m°C it can be calculated
-that ks b has a value of about 0.05 W/m°C. If this value is compared with

the value of the thermal conductivity of the swollen toplayer (kto = 0.40 -
0.45 W/m°C) and if it is considered that the sublayer is much thicker than



- 119 -

toplayer sublayer |

air

:
*o
o
|

| PP |
6sub

S B

_,.:
o
=]

FIGURE 6.6: Heat resistance model.

the toplayer, it can be seen.that the heat resistance of the porous sublayer

is much higher. For example, if the thickness of the porous sublayer is 100

pum and the thickness of the toplayer is 10 um, it can be calculated that the

heat resistance of the porous sublayer is about 80 times the heat resistance
of the swollen toplayer. Because no accumulation of heat occurs, the heat
flux through the toplayer is equal.to the heaf flux through the sublayer.

Therefore, the temperature difference across the sublayer is about 80 times

higher than the temperature difference across the toplayer.

This phenomenon is very favourable for the separation mechanism of the
membrane operation under study. This can be explained by means of figure
6.5b, in which the partial vapour pressure of the oomponenté across the
membrane is described. The' partial vapour pressures at both membrane sur-
faces are given by the temperatures of the feed solution and the permeate-
absorbing liquid respectively. Because'the transport of the vapour through
the porous sublayer is much faster than the transport of the liquid through
the non-porous toplayer, it can’ be concluded that the vapour 1leaving the
non-porous toplayer is immediately drawn away and transported through the
pores of the sublayer. This means that the vapour pressure profile across
the porous sublayer is rather flat, whereas the profile across the toplayer
is very steep.

Comparing the temperature profile and the vapour pressure profile the
following conclusions can be drawn:

- no condensation of permeate will take place'inside the pores of the sub-
layer because the vapour pressure at any point in the membrane is lower
than the maximum vapour pressure corresponding to the temperature that
exists at that specific point in the membrane; ’

— the vapour pressure difference 'across the toplayer of the membrane deter-

mines the flux and selectivity of the membrane. If this vapour pressure
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difference increases, both flux and selectivity will increase.

Compared to the conventional pervaporation processes this thermally
driven pervaporation process has the following advantages:

- the equipment costs are lower. The thermally driven pervaporation process
can be performed without the equipment needed for vacuum generation or
sweeping gas circulation. Also special equipment for the condensation of
the vapours and pipelines leading to these condensors are not necessary;

- fthe transfer- of latent heat of vaporization to the evaporation surface
(the membrane) is an integrated part of the process. In the thermally
driven pervaporation process the heat which provides the driving force of
the process is also used for the evaporation of the permeating compo-
nents;

- lateral mixing of the permeate in -the vapour phase does not occur. This
means also that no lateral mixing of heat takes place and that a tempera-
ture gradient along the membrane can- be established. If the process is
conducted in counter-current flow a maximum driving force across the mem-
brane will occur at any place in the module;

- when the process is conducted in counter-current flow, recovery of most of
the heat of condensation, which is transfered to the permeate-absorbing
liquid, 1is possible. For example, the permeate-absorbing liquid leaving
the module can be used for preheating the feed before it enters the mod-
ule. This is possible because the permeate-absorbing  liquid leaving the
module can attain a higher temperature than the feed outlet.

- the process is no longer sensitive to downstream pressure losses;

- the diffhsion.path for the permeating vapour is very short, since it cor-
responds appfoximately to only the thickness of the porous;Second membrane
layer; ) o

In general the major advantage of this thermally driven pervaporation
process over a conventional pervaporation'process is that the membrane proc-
ess as a whole can be simplified because of the substantially simpler proc-—

'

ess design.

Like any other new process, this new mode of pervaporation also has its
disadvantages. Compared to the conventional pervaporation the disadvan-—
tageé are:

- the permeate-absorbing liquid should not penetrate into the pores of the

.porous sublayer. This means that the permeate-absorbing liquid must have
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a surface tension which is higher than the critical surface tension [23].
In practice, this means that only aqueous solutions or solutions of DMSO
can be used as a permeate-absorbing liquid if polypropylene membranes are
used;

= the flux and selectivity are lower than the intrinsic values that can be
reached with conventional pervaporation in which a low vacuum (< 100 Pa)
is applied. In thermally driven pervaporation the vapour pressure of the
permeate-absorbing liquid is determined by its temperature.

The second disadvantage mentioned above is in fact more an academic
problem. In practical applications a vacuum as low as 100 Pascal is not
used, because the costs of sheh a low pressure are much too high. In fact,
commercial pervaporation installations make use of a vacuum pump to remove
inert gases at the downstream side. Then the pump is disconnected .and a
condensor is used to maintain the low vapour pressure. In these cases the
temperature of the condensor determines the partial vapour pressure, whereas
in case of thermally driven pervaporation the temperature of the permeate-

absorbing liquid determines the partial vapour pressure.

A typical field of application for thermally driven pervaporation
is dehydration of organic liquids with a low water content. To prevent wet-~-
ting of the porous membrane layer by the permeate, the dense toplayer must
have a high intrinsic selectivity towards water. Dehydration of mixtures of
ethanol/water or acetic acid/water are the best known examples of mixtures

that can be separated by this process.

6.4: Experimental

V-In our investigations, both flat and capillary hydrophobic microporous
polypropylene membranes (Accurel, obtained from Enka AG) weﬁé used as a sub-
1ayer: The flat membranes have a thickness of about 160 um and the capillary
membranes (type R 6/1) have a thickness of about 300 um.

Three polymers have been used for the dense toplayer: cellulose acetate:
(Eastman CA 398-3-5), poiysulfone- (Union Carbide P 3500) and poly(vinyl
alecohol) (Aldrich, Mw = 126,000, degree of saponification: 98%). CA and PSf
were dissolved in a suitable solvent of analytical grade. Using method 3 for
the production of the composite membrane, CA was dissolved in DMSO. PVA was

dissolved in ultrafiltrated water.
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There are a number of methods to depoéit a selective layer ‘onto a mi-
croporous membrane. In our investigations the following four methods have
been used: '

1. casting of a polymer solution onto a glass plate and subsequent evapora-
tion of the solvent;

2. casting of a_polymer solution onto a glass plate and subsequent coagula-
tion in a non-solvent bath;

3. casting of a polymer solution onto the microporous sublayer directly;

4, dipcoating (‘'evaporation-deposition' method (2&)).

In the first and second meﬁhod the remaining homogeneous film is sand~-
wiched -with the microporous Accurel membrane to form a bi-layer membrane,
- which is clamped into the pervaporation cell.

In the .third and fourth method it is essential that the solvent in
which the polymer is dissolved should not penetrate into the pores of the

membrane. In our investigations DMSO and water were used as a solvent.

The composite membranes were tested using both a conventional pervapo-
ration cell (figure 6.7) and a cell suitable for thermally driven pervapora-

tion (figure 6.8).

a. pervaporation apparatus b. permeation cell
| cdtl l
heati
eatin <
stopcock coil J — thermometer
) <
stirrer
cold trap == 7 Teflon gasket
membrane
porous glass filter

vacuum pump
piranhi gauge - to vacuum pump

FIGURE 6.7. Conventional pervaporation apparatus:
a. pervaporation apparatus; ’
b. permeation cell.

In the experiments with flat membranes, the bottom disk of the permea-
tion cell is fitted with porous glass (0.1 m in diameter), to support the

membrane. A Teflon gasket is placed on the membrane before the upper part of
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the cell is matched. The whole unit is tightened by means of a sovirel
clamp. A heating'coil is placed .into the upper compartment to-adjust a pre-
selected temperature and to keep the temperature of the liquid feed con-
stant. A mechanical stirrer was used to minimize thé effects of tempepature
and concentration polarization at the membrane surface. A thermometer is
placed in the cell to determine the temperature of the liquid feed.

Capillary membranes were fixed into a glass module and coated on the
inside with a dilute PVA solution in water by means of the 'evaporation-
deposition method' (24). After drying, the module was given a heat treatment
(30 minutes at 130°C).

The permeation cell or the module is connected to two cold traps in
parallel. This makes it possible to take samples at any time without inter-
rupting the permeation run. Vacuum at the downstream side is maintained at a
pressure of 10 - 100 Pascal by a Crompton Parkinson vacuum pump..The pres-
sure is measured by an Edwards piranhi gauge.

Permeation experiments were carried out for eight hours. After about
three hours steady-state conditions were reached. A product sample is taken

at least every hour.

The apparatusvthat is used for the thermally driven pervaporation ex-
periments is given in figure 6.8.

In this mode of operation the feed mixture is Kept at a constant tem-
vperature in the reservoir that is placed in thermostat 1. The total volume
of thé feed side is about 3 liters. Iwaki MD 6-Z magqet pumps are used to
pump the liquidé along the membrane. at the feed and at the peéermeate side
with a constant cross—flow velocity. Temperatures are méasured‘by means of
thermocouples; The feed mixture is pumped back to the reservoir'and recir-
culated again. The depletion of the feed as a result of the flux through the
membrane is supplied by the feed supply vessel.

At the permeate side a cooling coil is used instead of a reservoir,
thus giving to a total volume at the permeate side of about 300 ml. The flux
is measured by means of an overflow measurement. During the period that no
flux is measured the overflow point is connected to the feed supply vessel.
In this way the depleted ethanol/water mixture is recirculated.

In the experiments, in which flat membranes were used, a cross-flow
cell (made of perspéx) is used. The membrane is placed in the cell in such a
way that the selective layer of the membrane is in contact with the feed. In

this cell the membrane is supported on both sides by a wire-netting with
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FIGURE 6.8: Thermally driven pervaporation apparatus.

meshes of about 5 mm. Because this process is conducted without any pressure
difference, this construction provides a sufficient support.

In the experiments with capillary membranes the modules could be used
directly. )

In both cases the feed mixture and the permeate mixture are pumped in

counter-current flow through the pervaporation cell.

6.5: Results and discussion

Pervaporation experiments with a thermal gradient as a driving force
are very time-consuming. In our experiments, the experimental conditions
were chosen in such a way that the feed concentration hardly changed during
the experiment and that the permeate concentration was measured as a func-
tibn of the time of operation. The concentration at the permeate side is
reaching a steady-state value according to the following exponential funec-
tion,

@ "(J.A.t/p.V))

C, =C . (1 —exp - (6.2)
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It can be calculated that the total pefmeation yield (expressed by J.A.t/p)
must be about fi§e times the permeate volume V to reaeh a steady-state value
within 1%. As the permeate volume is about 300 ml, the total permeation
yield must be about 1500 ml. With a flux of about 0.1 g/m?s and a membrane
area A of 80 . 107" m?, it takes about 500 hours to reach a steady-state
value! )

Therefore, only a few experiments were carried out with the pervapora-
tion process using the thermal gradient as the driving force. The results

are given in table 6.1.

Table 6.1: Pervaporation experiments using a thermal gradient.

exp. prepa- polymer/ wt.% temperature flux selec~ thickness
nr ration solvent ethanol feed perm J tivity selective
method in feed [°C] [°C] [g/mzs] o layer[um]
1 1 CA/acetone 35 27.0 19.0 0.033 2.4 30
2 2 PSf/DMAc 35 37.5 21.0 0.004 10.0
coag. in : ’
isopropanol
3 3 CA/DMSO 35 29.2 20.8 0.055 2.4 10
b . 35 38.7 23.3 0.1 3.5
5 35 47.8 25.2 0.17 4.8
6 35 48.6 40,4 0.105 2.2
T 3 CA/DMSO 35 29.3 23.5 0.10 1.9 5
8 35 37.5 26.1 - 0.19 2.8
9 35 46.2 29.4 0.30 4.0
10 4 PVA/water 82 67.0 22.5 0.095 65
11 80 67.0 43,5 0.070 55
12 y PVA/water 82 66.5 22.5 0.050 105
13 81 68.0 k2.5 Q.OMZ - 90

The first experiment was performed with a sandwich-membrane prebaredyby
the first method. In this case only one temperature difference has been ih-
vestigated. The flux was 0.033 g/m?s and the selectivity 2.4, If these re-
sults are comparedlwith a conventional pervaporation experiment of the same
membrane (J = 0.095 g/m?s and o = 6.0), the thermally driven pervaporatidn
process seems very unattractive. Howe?er, it must be realized that the con-
ventional pervaporation experiment was carried out using a low pressure at

the permeate side (< 100 Pascal) and that the thermally driven pervaporation
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process was carried out using a low feed témperature and a low temperature
difference.

In experiment 2 it is demonstrated that besides homogeneous films as a
selective layer also asymmetric films can be used. In this experiment an
asymmetlric polysulfone membrane is sandwiched with a microporous Accurel
membrane. A separation factor of 10 is achieved with a flux of 0.004 g/m?s.

The effect of the temperature and the temperature difference can be
seen if experiments 3 till 6-are compared. If the temperature difference
increases both flux and selectivity increase (experiments 3 till 5). Com-
paring experiments 3 and 6 it is shown that in the latter case the flux is
higher because of the higher temperature, whereas the selectivity 1is about
the same. This can be explained making use of figure 6.5b. If the vapour
pressure at the permeate side is higher, the driving force across the
selective layer is lower. This is analogous to conventional pervaporation
experiménts where both flux and selectivity decrease when the partial vapour
pressure at the permeate side of the membrane is increased (25)°

Comparing experiments 3 till 6 with experiments 7 till 9, it can be
seen that the flux through the membrane is increased by a factor 2 when the
thickness of the membrane is reduced by the same factor. It appears that in
both cases the selectivity is mainly influenced by the.temperature differ-
ence. These observations are an indication that the main resistance for
transport through the membrane is formed by the selective layer which is in
agreement with the transport mechanism.

Some resulfs obtained with the 'evaporation-deposition' method are
listed in table 6.1 (experiments 10 till 13). The phenomena, that were ob-
served for the CA membranes, can also be seen for the PVA membranes.

From these resultsvit can be concluded that the best results are ob-
tained with a high feed temperature and a large temperature difference
across the membrane. Tﬁe temperatures for the thermally driven pervaporation
process should be in the range of 70 to 100°C for the feed side and in the
range of 20 to 50°C for the permeate side in_order to achieve an optimal
process performance.

Comparison of the results of the thermally driven pervaporation with
the results.of the conventional pervaporation, listed in table 6.2, shows

~tﬁat both flux and selectivity of the latter mode of opéeration are higher
for the CA membranes. This difference can be explained by the facq that the
partial vapour pressure at the permeate side in the conventional mode of

operation is as low as 100 Pascal, whereas the vapour pressure in the ther-
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mally driven pervaporation is determined by the temperature of the permeate.
For instance, a solution of 20 wt% ethanol in water at 20°C has a vapour
pressure of about 4000 Pa; at 30°C the vapour pressure is about 7500 Pa. The
flux and selectivity of a conventional pervaporation process decreases also
when the partial vapour pressure on the permeate side is raised [4,25]._For
the PVA membranes it is observed that the flux in the thermally driven per-
vaporation operation is lower than in the conventional type. The selectivi-
ty, however, is higher. This latter result cannot be explained directly from
the separation mechanism. )

Because the partial vapour pressure at the permeate side in a.oommer—
cial installation will be in the range of 10%® - 10" Pascal, the differences
in flux and selectivity between conventional and thermally driven pervapora-

tion will not be as large as indicated in the tables 6.1 and 6.2.

Table 6.2: Conventional pervaporation results
(downstream pressure: < 100 Pa).

exp. prepa- polymer/ Wt % tempe- flux selec~
nr. ration solvent ethanol rature J © tivity remarks
method in feed feed [°C] [g/m%s]  «
14 i CA/acetone 35 23.0 0.095 6.0 (see exp.1)
15 1 CA/DMSO 35 23.0 0.22 7.0 §=8 pm
16 4 PVA/water 79 50.0 0.105 45 (same
17 79 59.0 0.18 35 membrane as
18 , 79 68.0 0.27 30 exp. 10/11)
19 y PVA/water 81 49.0 0.04 55 (same
20 81 59.0 0.065 LT membrarie as
21 80 67.0  0.09 40 exp. 12/13)

In our investigations the cross-flow velocity was chosen in such a way
that the effect of temperature polarization is kept as low as possible. The
effect of the cross-flow velocity on the flux and the selectivity was meas-
ured in membrane distillation experiments [26,27). From these experiments it
appeared that the effect of temperature polarization was more pronounced if
the cross-flow velocity was lower. The effect of temperature polarization
can be discussed qualitatively making use of figure 6.5a. In the heat trahs—
port across the membrane step 1 and 6 are affected by the cross-flow veloci-
ty. If the cross—flow velocity is lower, the Reynolds number will be lower

and this hinders the heat transfer from the bulk of the solution to the mem-
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brane surface. As a result the temperature:at the membrane surface will be
lower at the feed side and will be higher at the permeate side, thus reduc~
ing the driving force for pervaporation.

The cross-flow velocity also determines the temperature drop (respec-
tively rise) in the module. In our investigations the temperature difference
between the inlet and outlet feed (respectively permeate-absorbing liquid)
always was lower than 1°C. The temperatures that are given in the tables are
mean temperatures. Although thé effect of the temperature drop (respectively
rise) is not investigated in this study, its effect is very important for
the commercial application of thermally driven pervaporation. Only if a dis-
tinet difference occurs between inlet and butlet temperature, recovery of
most of the heat of condensation and heat losses due to conductance is pos-

sible when the process is conducted in counter-current flow (19].

A phenomenon which should be avoided in membrane distillation is wet-
ting of the microporous hydrophobic membrane (23]. If only some of the pores
of the membrane are wetted while conducting a membrane distillation process,
a leak occurs which spoils the permeate quality, especially when a high‘
‘product quality is desired (e.g. ultrapure water). “

Wetting of a few pores by the permeate-absorbing iiquid does not affect
the process in case of thermally driven pervaporation. In fact, the only ef-
fect is a voiume reduction of the vapour 'compartment'. Only if severe wet-
ting of the microporous sublayer occurs (e.g. more than 50% of the pores in
the microporous sublayer being wetted), an effect on flux and selectivity
might be measured.

Although the effect of wetting in case of thermally driven pervapora-
tion is not so severe as with membrane distillation, care should be taken
that a maximum allowable concentration of the organic component in the per-
meate-absorbing liquid should not be exceeded. For ethanol/water mixtures
the maximum allowable concentration at the permeate side for a flat Accurel

membrane, as we used in our investigations, is 41 wt.% ethanol (23).

6.6: Conclusions

The general conclusion of this article is that thermally driven per-
vaporation .is a simple and effective mode of pervaporation. The process is

especially suitable for the dehydration of aqueous/organic mixtures.
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The seoond_conclusion that can be drawn is that the selective layer

must have a high seleotivityvtowards.water in order to avoid wetting of the

porous sublayer by the permeate-absorbing liquid.

6.7: References

10.

11.

12.

13.

14,

A.C.M. Franken, M.H.V. Mulder & C.A. Smolders; Pervaporation Process;
European Patent EP 218,019 (German Patent DE 3,536,007).

I. Cabasso, J. Jagur-Grodzinski & D. Vofsi; A Study of Permeation of Or-
ganic Solvents Through Polymeric Membranes Based on Polymeric Alloys of
Polyphosphonates and Acetyl Cellulose. II. Separation of Benzene, Cyclo-
hevene and Cyclohexane; Journal of Applied Polymer Science 18 (1974)
2137-2147.

R. Rautenbach & R. Albrecht; The Separation Potential of Pervaporation,
part 1. Discussion of Transport Equations and Comparison with Reverse
Osmosis; Journal of Membrane Science 25 (1985) 1-23.

R. Rautenbach & R. Albrecht; The Separation Potential of Pervaporation,
part 2. Process Design and Economics; Journal of Membrane Science 25
(1985) 25-54,

G. Ellinghorst; Optimale Trennung von Stoffgemischen; Chemische Indus-
trie 7/86 592-594,

R.Y.M. Huang & V.J.C. Lin; Separation of Liquid Mixtures by Using Poly-
mer Membranes. I. Permeation of Binary Organic Liquid Mixtures through
Polyethylene; Journal of Applied Polymer Science 12 (1968) 2615.

P. Aptel, N. Challard, J. Cuny & J. Neel; Application of the Pervapora-
tion Process to Separate Azeotropic Mixtures; Journal of Membrane
Science 1 (1976) 271-287.

M.H.V. Mulder, Pervaporation, Separation of Ethanol-Water and of Isomer-
ic Xylenes; Ph.D. thesis; University of Twente, 1984,

R.Y.M. Huang, Y. Xu, Y. Jin & C. Lipski; Novel Blended Nylon Membranes
for the Pervaporation Separation of Acetic Acid-Water and Ethanol-Water
Liquid Mixture Systems; proceedings of the Second International Confer-
ence on Pervaporation Processes in the Chemical Industry, San Antonio
(USA), March 8-11, 1987, p. 225-239.

Y.M. Lee, D. Bourgeois & G. Belfort; Selective Organic Transport through
Polyvinylidene Fluoride (PVDF) for Pervaporation; proceedings of the
Second International Conference on Pervaporation Processes in the Chem-
ical Industry, San Antonio (USA), March 8-11, 1987, p. 249-265.

R. Rautenbach & R. Albrecht; On the Behaviour .of Asymmetric Membranes in
Pervaporation; Journal of Membrane Science 19 (1984) 1-22.

I. Cabasso & Z.~Z. Liu; The Permselectivity of Ion-Exchange Membranes
for Non-Electrolyte Liquid Mixtures I. Separation of Alcohol/Water Mix-
tures with Nafion Hollow Fibers; Journal of Membrane Science 24 (1985)
101-109.

K.W. B&ddekker; Pervaporation durch Membranen und ihre Anwendung zur
Trennung von Flissiggemischen; Fortschritt-berichte VDI, reihe 3: Ver-
fahrenstechnik, nr. 129; VDI Verlag, Diisseldorf 1986.

I. Blume & R. Baker; Separation and Concentration of Organic Solvents
from Water using Pervaporation; proceedings of the Second International
Conference on Pervaporation Processes in the Chemical Industry, San
Antonio (USA), March 8-11, 1987, p. 111-125.



15.

16.

17.

18.

19..

20.

21.

22.
23.

24,

25.

26.

27.

- 130 -

A. Niem6ller, H. Scholz, B. G8tz & G. Ellinghorst; BRadiation Grafted
Membranes for Pervaporation of Ethanol/Water-Mixtures; poster presented
at the '5th International Symposium on Synthetic Membranes in Science
and Industry'; Tibingen (FRG), September 2-5, 1986,

H. Brilischke; Mehrschichtige Membran und ihre Verwendung zur Trennung von
Fliissigkeitsgemischen nach dem Pervaporationsverfahren; German Patent DE
3220570.

H.E.A. Brilischke & G.F. Tusel; Economics of Industrial Pervaporation
Processes; p. 581-586. In: E. Drioli & M. Nakagaki (editors); Membranes
and Membrane Processes (Proceedings of the Europe-Japan Congress on Mem-
branes and Membrane Processes; Stresa (Italy), June 18-22, 1984); Plenum
Press, New York, 1986.

H. Voellmy & P. L&uger; Untersuchungen {iber Thermoosmose in Fliissig-
keiten; Berichte der Bunsengesellschaft .Physikalische Chemie 70 (1966)
165-170.

K. Schneider & T.J. van Gassel; Membrandestillation; Chemie Ingenieur
Technik 56 (1984) 514-521,

A.-S, JOnsson, R. Wimmerstedt & A.-C. Harrysson; Membrane Distillation -
A Theoretical Study of Evaporation Through Microporous Membranes; Desal-
ination 56 (1985) 237-249.

P.A. Kober; Pervaporation, Perstillation and Percrystallization; Journal
of American Chemical Society 39 (1917) 9ul,

P. Apftel; personal communication.

A.C.M. Franken, J.A.M. Nolten, M.H.V. Mulder, D. Bargeman & C.A.
Smolders; Wetting Criteria for the Applicability of Membrane Distilla-
tion; Journal of Membrane Science 33 (1987) 315-328 (also chapter 2 of
this thesis).

A.C.M. Franken, M.H.V. Mulder & C.A. Smolders; The Evaporation-Deposi-
tion Method: a Method for the Application of a Homogeneous Permselective
Layer onto a Microporous Hydrophobic Sublayer; chapter 7 of this thesis.
Q.T. Nguyen; The Influence of Operating Parameters on the Performance of
Pervaporation Processes; AIChE Symposium Series nr.248: Industrial Mem-—
brane Processes; volume 82 (1986) 1-11.

A.C.M. Franken, J.A.M. Nolten, M.H.V. Mulder & C.A. Smolders; Ethanol-
Water Separation by Membrane Distillation: Effect of Temperature Polari-
zation. In: B. Sedlacek & J. Kahovec (editors); Synthetic Polymeric
Membranes (Proceedings of the 29th Microsymposium on Macromolecules,
Prague, July 7-10, 1986); Walter de Gruyter, Berlin - New York, 1987.
A.C.M. Franken; chapters 4 and 5 of this thesis.



_131 -

Chapter T:

THE EVAPORATION-DEPOSITION METHOD: A METHOD FOR THE APPLICATION OF A
HOMOGENEOUS PERMSELECTIVE LAYER ONTO A MICROPOROUS HYDROPHOBIC SUBLAYER

A.C.M. Franken, R.M. Meertens, J.A.M. Nolten, M.H.V. Mulder & C.A.

Smolders

Summary

A method to prepare a composite membrane by the deposition of a thin
homogeneous permselective layer onto a porous hydrophobic sublayer, called
the evaporation-deposition method [1), is described. Several coating vari-
ables, among others a chemical treatment of the surface of the sublayer,
have been investigated. Results of the application of a poly(vinyl alcohol)
(PVA) layer onto microporous polypropylene (PP) capillaries are evaluated
by pérvaporation'experiments.

From the experiments it can be concluded that membranes with higﬁ
selectivities and moderate fluxes, as well as membranes with high fluxes
and moderate selectivities can be obtained.

.

' T.1: Introduction

"The first onset for research into composite membranes was given by the
development of asymmetric membranes based on the Loeb=-Sourirajan recipe
(2). This invention led to a search for alternative methods to prepare thin
membranes. In contrast to the asymmetric membranes, all the other methods
for the preparation of thin membranes (for instance dip-coating [3,4],
plasma polymerization (5) and interfacial polymerization (6,7)) have in
common that the selective layer is applied onto a porous sublayer in a
separate step and usually consists of a material which differs from the
sublayer. .

In all these methods, the support is not as vitally important as the
separating layer itself. The pores in the sublayer have to be small and
uniform, and the applied toplayer should have a good adhesion to the sub-

layer, but except for the requirement that the support must be solvent
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resistant in the case of dipcoating and interfacial polymerization, none of
these coating methods has specific demands towards the sublayer as far as
material properties are concerned. )

The thermally driven pervaporation process, as described in the pre-
vious chapter, makes use of composite membranes too. In this process the
conditions that the sublayer should be hydrophobic and that the toplayer
should be selective to water, are essential for the applicability of the
process. Therefore, a coéting method, in which a water-selective layer is
applied onto a hydrophobic membrane, has to be found.

In this chapter an evaporation-deposition method is described, which
combines the effect of the hydrophobicity of the sublayer and the solubili-
ty of the cbating polymer in water. The latter quality guarantees a water-

selective final toplayer.

T7.2: The evaporation-deposition method

7.2.1: Description of the method

The evaporation-deposition method is in fact a modified dip-coating
method for the production of composite membranes. In this method the poly-
mer material for the permselective toplayer is dissolved in a suitable
solvent. For the applicability of this coating method it is essential that
the solvent does not penetrate into the porous sublayer. The dilute polymer
solution is brought in direct contact with one side of the hydrophobic
sublayer. At the other side of the sublayer a low vapour pressure is ap-

plied. This situation is shown schematicaily in figure T.1.

solvent
vapour

——

low vapour
pressure

membrane ponersoMﬁon.

FIGURE 7.1: Schematic representation of the evaporation—-deposition
) method. ’
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A low vapour pressure of thé solvent at the uncoated side of the sub-
layer can be achieved by using a vacuum pump or by.using a sweeping gas
such as nitrogen. If vacuum is used it should not be too low as to prevent
penetration of the polymer solution into the pores of the sublayer. In
cases wheré this already occurs at a relatively high pressure, the sweeping
gas method should be used.

Due to evaporation of the solveﬂt through the pores of the sublayer,
the polymer oohcentration at the membrane surface increases. After a cer-
tain time the excess polymer solution is removed, leaving a thin film with
a high polymer concentration on the surface of the porous sublayer. This
film can be dried and crosslinked if necessary, to form the insoluble top-

layer of the composite membrane.

f

v

As a result of evaporation of the solvent through the membrane, the
concentration of‘polymer at the membrane surface increases. In figure 7.2
the effect of concéntration polarization is schematioaliy shown by plotting
the concentration of polymer as a function of the distance to the mem-

brane.

concentfration
polarization
solvent .
vapour
Cpolymer
Epulymer =0

membrane  polymer solution

FIGURE 7.2: Concentration polarization as a result of solvent
evaporation through the membrane.

The concentration at the membrane surface can be calculated on the ba-
sis of mass balances. The equation generally used for concentration polari-
zation is (8):

dJ . Cc -C
b

™ : (7.1)
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In the eVaporation-deposition method the rejection of the polymer is
100%, thus leading to the following expression for the concentration at the

membrane surface:
Cp = Cp » exp (Jy/ky) (7.2)

From this equation it can be seen that the concentration of polymer at
the membrane surface depends on three parameters:
- the mass transfer coeffibient kM’ which is mainly influenced by the tan-
gential flow velocity of the polymer solution and the kind of solute;
- the flux JV of solvent through the membrane;
- the concentration of the polymer in the bulk of the solution.

The concentration at the membrane surface can be calculated if the
above parameters are known for a steady-state situation. The flux JV and

the bulk concentration Cb can be measured and k., can be calculated using

the Leveque equation for mass transfer in the i;minar flow region (see
chapter 4, equation 4.19).

Taking the values for a typical evaporation-deposition experiment (Jv
= 4 x 1077 n®/m*s, C, = 0.03 g/ml, D =3 x 107 m*/s (9) and <u> = 0.005
m/s) it can be calculated that the concentration at the membrane surface
will be about 5 times higher than the bulk concentration. Taking the uncer-
tainty in the mass transfer coefficient into account, a value varying be-
tween 0.10 and 0.20 g/ml is found for Cm. Calculations with other bulk
concentrations, but with the same cross-flow velocity, gave values for Cm
which are in the same order of magnitude.

Although this calculation is not very precise, it shows that due to
evaporatibn_of the solvent an increased polymer concentration at the mem-
brane surface 1s obtained, which produces a selective membrane after drying

and/or crosslinking.

The applicability of the evaporation-deposition method is limited to
hydrophobic membranes in cémbination with a solvent which does not pene-
trate into the pores of the membrane. This means that only solvents with
high surface tensions can be used. Whether the combination of sublayer and

solvent is suitable can be determined by the 'penetrating drop method’
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(10). From the experiments given in chapter 3 of this thesis, it can be
seen that water, formic acid and DMSO can be used as a solvent if polypro-
pylene is used as the membrane material for the porous sublayer. If PTFE is
used as the polymer material, this-group of solvents can be extended with
DMAc, DMF and 1,4-dioxane.

As the main purpése of this evaporation-deposition method is to fabri-
cate membranes suitable for the pervaporation process as described in the
previous chapter, the use of hydrophobic membranes as a sublayer is neces-
sary. On_ the othef hand, the limitation in the use of solvents might lead
to the fact that some polymers are excluded as a permselective layer.

The advantages of the evaporation—deﬁosition method are that it is
possible to fabricate a composite membrane using a porous support with
pores which are much largef than the macromolecules of the polymer employed
for the toplayer.

» The second advantage is that, due to the evaporation of solvent
through the pores of the sublayer, the polymer is deposited at those places
where it should be deposited. Also irregularities in the surface of the
porous membrane are smoothed due to this coating technique.

The thlPd advantage is that this coating method can be applied to mod-
ules directly. Hollow fiber or capillary modu;es with hydrophobic porous
membranes, which are used for microfiltration, ultrafiltration or membrane
distillation, can be transformed into devices suitable for pervaporation.
Coating a module directly has the advantages that the thin permselective
layer is not subjected to mechanical treatments after it is deposited and
that a greater flex1b111ty 1n the production of membrane modules is achiev-
ed. By a relatively 31mple coating: procedure a mlcroflltratlon module can

be transformed into a pervaporation module.

T.3: Experimental

In our investigations poly(vinylidene fluoride) (PVDF) and polypropyl-
ene (PP) membranes, supplied by Enka A.G., wete used as the hydfopﬁobic
microporous support. The characteristics of these membranes are listed in
table 7.1. ‘

Experlments with the evaporatlon—dep031tlon method were carried out
with a solution of poly(vinyl alcohol) (PVA).ln water. Four dlfferentvtypes

of PVA were used; their characteristics are listed in table 7.2, In some of
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Table 7.1: Characteristics of microporous membranes.

Membrane
Property

PV 159 F 0030 R 5/1 Acc. 0.1
Polymer material PVDF PVDF PP PP
Configuration cap. cap. cap. flat
Inside diameter (um) 830 1000 1200 -
Outside diameter (um) 1230 1500 1800 -
Wall thickness (um) 200 250 300 100
Max. pore diameter¥® (um) 0.25 0.60 0.38 0.40
Porosity¥* (%) 75 82 80 80

*¥: as given by the manufacturer; cap.: capillary membrénes.

the experiments maleic acid (MA) was added as a crosslinking agent. Maleic

- acid was obtained from BDH and was used without further purification.

The surface of the microporous polypropylene membranes (both capillar-
ies and flat membranes) was treated with a reactive agent in order to im-
prove the adhesion of the PVA layer to the sublayer. Three types of rea-
gents were' used, beiﬁg fuming sulphuric acid, chromic acid and fuming

nitric acid. Fuming sulphuric acid containing about 5% free 503 was used at
room temperature and was prepared from fuming sulphuric acid containing 30%

free SO3 and concentrated sulphuric acid, both obtained from Merck. The

amount of free SO3 was determined by titration. Chromio acid was prepared

by solying 25 g K2Cr207 in 500 ml sulphuric acid (2.5 molair) and was used
at a temperature of 50°C. Fuming nitric acid was obtained from Merck as
100% HNO3

treatment has been varied. After the treatment the capillaries were rinsed

and was used at a temperature of 40°C. The time of the chemical

Table 7.2: Characteristics of poly(vinyl alcohol)s.

Property PVA 1 PVA 2 PVA 3 PVA L
Supplier Aldrich Aldrich Aldrich Merck
Molecular weight* (Dalton) 126,000 95,000 76,000 72,000
Degree of saponification¥* (%) 98 96 98 98
Solvent water water water water

¥: as given by the supplier.
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with an excess of tap water for at least 5 minutes.

Analysis of the modified surfaces was done by observing the change in
hydrophilicity of the membrane before and after the chemical treatment. Be-
cause a quantitative measurement of contact angles on porous materials is
very difficult, only these qualitative observations were carried out. Addi-
tional analysis of the surfaces that were treated with fuming sulphurie
acid was carried out with an energy dispersive analysis technique (EDAX)
and with X-ray photoelectron spectroscopy (XPS). The latter technique was -
also used for the analysis of the surfaces that were treated with chromic

acid or fuming nitric acid.

To investigate the effect of a surface treatment on coating of the mi-
croporous membranes, (classical) dip-coating experiments were carried out
on flat Accurel membranes with solutions of poly(vinyl alcohol) (PVA),
poly(acrylic acid) (PAA), poly(acryl amide) (PAAm) and cellulose acetate
(CA). Their properties are listed in table T7.3.

Table T7.3: Polymers used for dip-coating experiments on flat Accurel

membranes.
Property PYVA 1 PAA PAAm CA
Supplier Aldrich Aldrich Polysciences Eastman
Polymer material PVA PAA PAAm CA
Molecular weight* (Dalton) 126,000 250,000 5,000,000 55,000
Degree of acetylation¥* (%) - - - 39.8

Solvent water water water DMSO

*¥: as given by the supplier.

In these experiments the flat Accurel membranes here dipped iﬁto a
ﬁolymer solution in water with polymer concentrations ranging from 0.5 to
5% polymer by weight. The dip-coated membranes were dried in air subse-
quently. The remaining polymer layer was tested on wetting, adhesion, and
thickness.

The wetting tests were carried out using ethanol. If the .layer did not
homogeneously spread over the sublayer and/or if it contained holes, etha-
nol penetrates through this layer and wets the sublayer. The wetting of the

sublayer can be observed very clearly.
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The adhesion was investigated by é simple test in which the composite
membrane was torn into two pieces. If the toplayer tears up at the same
place as the sublayer a good adhesion is obtained. A rupture at a different
place, resulting in a separation of the toplayer and the sublayer indicates
a bad adnesion. Another indication for a bad adhesion was obtained from
scanning e}ectron\microseope photographs, from which it could be seen di-
rectly whether the selective layer showed a good adhesion. Examples of such
scanning electron mioroséope photographs, showing a bad, respectively a
good, adhesion of a coated PVA layer onto a microporous PP membrane are
given in figure T.la and T.4b respectively.

The thickness of the selective'layer can also be investigated by
scanning electron microscopy (see for instance figure T7.4). In cases the
selective layer showed a bad adhesion and the layer could be separated from
the sublayer without damaging it, the thickness was measured by means of a

micrometer.

Experiments with the evaporation-deposition method were carried out
with a 'one-capillary module', consisting of a module made of glass in
which one capillary with a length of 200 mm was mounted. In figure 7.3 a
schematic representation of this module is given. The selective layer is

applied at the inside of the capillary.

FIGURE 7.3: Schematic representation of a 'one-capillary module'.

The separation characteristics of the modules were tested in a pervap-
oration set-up. The feed consists of a mixture of 80% of ethanol by weight
in water, prepared from ethanol of analytical grade and ultrafiltrated
water. The feed is pumpgd through the bore of the capillaries by an Iwaki
MD-6Z magnet pump with a cross-flow velocity of about 0.4 m/s. The tempera-—

ture of the feed is kept constant by an Eurotherm controller and the inlet



- 139 -

temperature of the module is measured by a thermometer. The module is con-
nected to‘two cold traps in parallel, which make it possible to take sam-
ples without interrupting the permeation run. Vacuum at the downstream side
is maintained at a pressure of about 100 Pascal by a Crompton Parkinson
vacuum pump. The pressure is measured by an Edwards piranhi gauge. The
downstream compartment of the experimental set-up is the same as described

in the previous chapter (see figure 6.7b).

T.4: Results

7.4.1: Surface modification

The first results obtained with coating experiments on hydrophobic mi-
croporous membranes showed that the adhesion of the polymer layer onto the
microporous sublayer was not very good. It appeared that the selective
layer could be peeled off or rubbe& off with little effort.

A1l the composite membranes which were prepared by applying®a PVA
layer onto an untreated hydrophobic membrane showed a bad adhesion. For
that reason évsurface modification of the capillaries was carried out prior
to coating. Restrictive conditions for this chemical treatment are:

- only the inside surface of the fiber must be made hydrophilic;

- no penetration of the chemical agent into the porés of the microporous
membrane is allowed;

- the cheﬁioal agent should be concentrated because both PP and PVDF have a
good chemical resistance;

- the method should be easily applicable to a module.

In literature a number of reagents are known that fit the above re-
quirements, being' fuming sulphuric acid (11,12,13), fuming nitric acid
(12,14), chromic acid (12,15,16) and permanganate acid (17)." All these
reagents have a high surface tension which guarantees non-penetration into
the pores of the support. The effect of the surface treatment was tried out
on the outside of a fiber before the chemical treatment was actually ap-
plied on the inside. A few tests were carried out in which it was deter-
mined whether the hydrophilicity of the microporous eapillary was changed.
Once the reaction conditions (time, temperature and concentration) were

optimized, the inside surfaces of the capillaries were treated.
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The treatment with fuming sulphuric acid gave both a good hydrophil-
icity and a good adhesion of the PVA layer to the microporous sublayer.
Scanning electron microscope photographs and rupture-tests showed that the
adhesion of the layer to the microporous capillary was excellent. Figure
7.4b shows an example of the good adhesion of the PVA layer to the micropo-
rous PP sublayer which was treated with fuming sulphuric acid before the

coating was applied.
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FIGURE 7.4: Scanning electron microscope photographs, showing a bad
adhesion (a) and a good adhesion (b) of the PVA layer to
- the microporous PP membrane:
a. no surface treatment of the sublayer;
b. surface of the sublayer treated with fuming sulphuric
acid.

Knowing that the reaction with fuming sulphuric acid was successful,
it was still not clear whether this reaction was only a surface reaction,
in other words, whether the penetration depth of reaction was limited. The
hydrophilicity tests showed already that no penetration of water into the
treated sublayers took place, thus indicating that the reaction had not
penetrated through the membrane.

To find out which penetration depth was reached, a capillary, which
was treated with fuming sulphuric acid for 10 minutes (about ten times as
long as usual), 'was analysed with EDAX. The measurements showed that sul-
phur could be detected, but that the height of the sulphur peaks was about
the minimum level of detection. This is not surprising; EDAX is not a real
surface analysis technique since it has a penetration depth in the order of
micrometers.

The penetration depth of the electrons in XPS is about 5 to 10 nm. A
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FIGURE T7.5: XPS analysis of a flat PP membrane, which was treated with
fuming sulphuric acid for 2 minutes.

typical XPS analysis is shown in figure 7.5, in which an overall scan is
"given. Detailed scans, as given for sulphur in figure 7.5, are made for all
components. The analysis shows that sulphur is significantly present at the
surface. Furthermore, it is observed that the sulphur peak (S 2p) is situ-
ated at a binding energy level of about 169 + 1 eV. The chemical shift of
this sulphur peak in Pelatién to atomic sulphur is about 4 eV. A binding

energy level of 169 eV is specifically ascribed to a -SO,H group [18). Also

3
the fact that the ratio sulphur to oxygen is about 3, indicates that —803},{

groups are present at the surface of the treated sublayer.
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FIGURE 7.6: Atomic percentage of sulphur in the surface layer of a
PP membrane found in an XPS analysis as-a function of the
duration of the surface tr‘eatment
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Although it is not possible to'obtain quantitative results on the
penetration depth of the chemical treatment, some information about the
effect of the reaction time could be obtained from the results. In figure
7.6 the atomic percentage of sulphur in the surface layer as a function of
the reaction time is given. From this figure it can be observed that the
reaction proceeds very fast in the first minutes and that its effect then
flattens.

Combining the results of the measurements in which a change of hydro-
philicity was observed with the results of XPS and EDAX measurements, it
can be concluded that chemical modification of the sublayer by fuming sul-
phuric acid is restricted to the surfaoe. Furthermore, the reaction pro-
ceeds as described in literature, yielding -SO
(12,13).

3H groups at the surface

Tﬁe chemical treatment of aliphatic hydrocarbons by chromic acid
yields -OH groups at the surface through the following reaction (12,15g
16):

[o]

R3CH —_— R3COH
In this reaction nearly always the C-H bond involved is tertiary, because
these bonds are more susceptible to free-radical attack than primary and
secondary bonds.

The treatment of the PP membranes with chromic acid increased the
hydrophilicity of the fiber. On the ofther hand the treatment did not give
much improvement of the adhesion of the PVA layer to the fiber, which was
checked by both scanning electron microscopy and rupture tests.

The effect of the surface treatment was qualitatively measured by
obser&ing a change in hydrophilicity. EDAX could not be used to determine
oxygen. The results obtained with XPS show an increase of the oxygen con-
tent at the membrane surface. Unfortunately these results cannot be used
quantitatively as a result of a pollution of the surface with oxides (among
others chromium oxides). Through a chemical shift, it could be determined
qualitatively that covalently bound oxygen was present at the membrane

surface.

According to the theory the reaction of paraffins with fuming nitric

acid can result in the formation of a nitrated product (12]:
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R3CH f HNO3 > R3CNO2 + H20

The effect of the surface treatment by fuming nitric acid was investi-
gated qualitatively by the change of hydrophilicity and by XPS. The first
method showed that an increase of the hydrophilicity of the surface was ob-
tained.

XPS analyses of the modified membranes showed, however, that no oxi-
dized nitrogen groups were present at the membrane surface. In these analy-
ses it was found that either no nitrogen could be detected at all or the
nitrogen binding energy (N 1s) was situated at U402 eV. Oxidized nitrogen
functions have much higher N 1s binding energies: —ONOZ (408 eV), —NO2 (so7
eV) and -ONO (405 eV) [18]. The peak at 402 eV might be caused by the pres-
ence of ionic NO3' groups at the membrane surface. Furthermore, in all the
analyses of the modified surfaces oxygen was determined. As a result of the
chemical shift it could be determined that covalently bound oxygen was
present at the membrane surface. Due to the présence of other oxidized
products, however, a quantitative analysis is not possible.

The reason that nitration of the membrane surface does not occur might
be due to the fact that the reaction conditions are not favourable for this
reaction. The-temperature at which the surface modification was carried out
is 40°C, which is believed to be a much too low temperature for the free-
radical mechanism. At these temperatures the oxidation reaction (1&) is fa-

voured.

2HNO3 > N205 + HZO

R3CH + NZOS > R3COH + 2N02
The alcohol group formed is subject to a reaction with the nitric acid

again, resulting in the formation of a nitrate ester.

RSCOH + HNO3 > R3CONO2 + H20

Nitrate esters are very unstable and will be subject to hydrolysis due to

-

the rinsing with an excess of tap water:

R.CONO. + H.O R.COH + HNO
3CONO, + Hy0 > Ry 3
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Whether the surface modification proceeds according to the above reac-
tion scheme is uncertain; it merely gives a possible explanation of the re-
sults of the ‘XPS analyses- of the membranes treated with fuming nitric

acid.

7.4.2; Dip-coating experiments on flat membranes

The dip-coating experiments on flat membranes were carried out to in-
vestigate the effect of a surface treatment on the hydrophilicity of the
sublayer and especially on the compatibility of a polymer solution to the
treated membrane. In table 7.L the results of the dip-coating experiments
with respect to the spreading of the dilute polymer solutions in water are
given. The polymer concentration in these experiments was varied from 0.5
till 5% by weight. In this table it is indicated whether a liquid film re-

mains stable on the porous sublayer after dipping into a polymer solution.

Table 7.4: Compatibility of a dilute polymer solution in water as
a function of the chemical modification of the sublayer.

chemical agent water A PVA PAA PAAm
no surface treatment - +/= - —
fuming sulphuric acid + - - -
chromic acid + + - -
fuming nitric acid + ++ - -

Although these tests are only qualitatively, it is shown clearly from
this table that an improved spreading of water on a treated membrane does
not mean that the same results are obtained for a dilute polymer solution.
For instance, a surface treatment with fuming sulphuric acid gives an im-
proved spreading of a water film, but a diminished spreading of a dilute
solution of PVA in water. On the other hand a treatment with fuming nitric
acid improves both the spreading of water and of a dilute PVA solution.

An untreated membrane behaves like an extremely hydrophobic material
when it is brought in contact with PAA and PAAm solutions. Dip-coating ex-
periments resulted in no deposition of polymer at all. All surface treat-
ments show an improvement in compatibility in relation to the untreated

membrane. Despite this improvement, the results were still very bad.
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The experiments with the 'evaporation-deposition-method' were carried
out on one-capillary modules using solutions of PVA in water. In these ex-
periments a number of parameters were varied, being:

- applying the layer on the outside or inside of a capillary;

- using sweeping gas or vacuum downstream;

- type of sublayer;

- modification of the surface of the sublayer;

- molecular weight of the PVA / degree of saponification;

- conoentratioﬁ of PVA in the coating solution;

= cross-flow velocity of the polymer solution;

-~ deposition time;

- drying procedure / gravitational effects during the drying process;
- addition of a crosslinking agent (maleic acid);

- ¢crosslinking conditions.

Some typical results of the evaporation—deposition experiments are
listed in table 7.5. The modules were tested for their pervaporation char-
acteristics ﬁith a mixture of 80 wt% ethanol in water. In the tables the
flux and the selectivity are given. The selectivity is defined as:

_ (% water / % ethanol) in the permeate

@ = 7(% water / % ethanol) in the feed (7.3)

A few experiments were carried out in which a layer was-applied on the
outside of a capillary, all with. rather poor results. Because the PVA solu-
tion is very sticky, it tends to stick to the wall and, if more capillaries
are used, to other capillaries. This effect reduces the surface area and
gives weak spots in the selective layer. Therefore, in all further experi-
ments the layer was applied on the inside of the capillary.

Using a vacuum or a sweeping gas downstream did not give any signifi-
cant differences in the resulting membrane performance.

The coating experiments were carried out on three different types of
capillariesi Alﬁhough their influence was not investigated systematically,
" it appeared that hardly any influence on the properties of the selective
layers could be observed.

The influence of the surface treatment was only investigated on PP
capillaries (R 5/1). The results are given in the tables 7.6 -and 7.7 and

will be discussed later.
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Table 7.5: Evaporation—deposition.experiments on unmodified supports:
influence of coating parameters.

“Preparation method: - type of capillary: see table T7.1;
- type of PVA: see table T7.2;
- MA: maleic acid as a crosslinking agent;
- vacuum (exp.1-6) or sweeping gas (exp.7-9)
downstream;
- rotating the module during drying: exp.6-9;
- all coatings were heat treated at T = 130°C for
30 minutes.
Pervaporation test: — feed: about 80 wt.% ethanol in water;
- downstream pressure: < 100 Pa.

PVA cross—flow C pervaporation
type of thick~
capil- type wtd MA <ud> time ness flux o T
nr. lary added [m/s] [hr] [ m] [gm2s]  [-] [ec]
1 F0030 3 2 - 0.002 5 1 0.11 2 20
2 FO030 3 5 - 0.004 5 7-50 0.005 55 20

0.022 53 37
0.050 by 55

3 FO030 3 5 - 0.038 2 <1 leaking
L R 5/1 2 il + 0.003 0.5 5-25 0.039 39 24
1.31 23 55
5 R 571 L 5 + -0.003 0.5 0.015 u5 24
0.11 40 55
6 F0030 1 3 + . 0.004 2 -10-20 0.011 130 25
0.069 7 50
T PV159 i 3 + 0.00L4 0.5 0.14 11 23
0.95 10 55
. 8 . F0030 1 3 + 0.00L 0.5 0.021 52 23
0.27 36 55
9 R 5/1 1 3 + 0.003 0.5 0.025 33 23
0.19 Lo 55

Experiments using different molecular weights of PVA showed that a
slight improvement of the membrane characteristics was found with increas-

ing molecular weight. About the degree of saponification this investigation
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could not give any definitive answer, but from investigations of Spitzen et
al. (19) it appeared that a degree of saponification of 100% gave no im-
provement of membrane characteristics as compared to 98%. If the degree of
saponification is less than 90% the selectivity of the membranes was very
low (20). In our investigations mostly PVA type 1 (see table T7.2) was
used.

The concentration of PVA in solution is one of the most important
variables. Although it can be illustrated from the equations for concen-
tration polarization that the concentration at the membrane surface will
have a value between 10 and 20% polymer by weight, it is found that the
bulk concentration is rather important for the formation of a selective
layer. A 2% PVA solution resulted in the formation of a layer with a
thickness of about 1 um, whereas with a 5% solution a layer of about 20 pm
thickness is obtained (see table 7.5, experiment 1 and 2). Although the
results show a lot -of spreading, a sharp increase of the thickness of the
layer with increasing polymer concentration was found. To obtain defect-
free layers, a concentration of 3 to 5% of PVA (type 1) by weight seems to
be necessary.

The effect of the cross-flow.velocity of the polymer solution on the
thickness of-the selective layer is even more important than the effect of
the PVA concentration. As the cross-flow velocity directly influences the

0'33), it can be

mass transfer coefficient kM (kM is proportional to <u>
seen from equation 7.2 that the concentration at the membrane surface de-
creases when the mass transfer coefficient increases. Experimentally it is
observed that if the cross-flow velocity 1is increased one order of magni-
tude from 0.004 m/s to 0.04 m/s, the thickness of the selective layer de-
creased from about 20 um to less than 1 um (see table 7.5, experiment 2 and
3). It is not a good alternative to use no cross-flow at all during the
formation of the layer, because in these cases the capillaries got plugged.
Therefore, in our experiments the cross-flow velocity was kept as low as
possible resulting in an experimental cross-flow velocity between 3 and 5
mm/s.

From experiments, in which the permeating solvent was collected in a
liquid nitrogen trap, it appeared that the flux through the membrane is
rapidly decreasing. This decrease holds on for about 15 to 30 minutes, but
after about one hour a ‘steady-state flux is reached. In our experiments,
the deposition time has been varied from 15 minutes till 6 hours and no

significant differences-in the membrane properties of the resulting layer
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could be found.

After the excess polymer solution is pumped out of the module, nitro-
gen (containing water vapour) is passed through the capillaries. The main
reason for this gas flow is not drying of the applied layer, but removing
the excess polymer out of the capillaries and prevent plugging. The main
drying effect is achieved at the downstream side as the low partial pres-
sure is maintained after the excess polymer solution has been removed.

The influence of grévitational effects was found to be significant
when a module is placed in a horizontal position during the drying process.
Due to the fact that the deposited film is not solid, the polymer solution
runs off the upper side of the capillaﬁy and a thick layer is formed at the
'bottom' side of the horizontal capillary. The effect was more pronounced
if the deposited layer was relatively thick (20 um or more) and could be
minimized when the module was rotated during the drying p?ocess at a rota-
tion speed of about 1 rpm. If low polymer concentrations were used and/or
if the module was kept vertically during the drying process, the influence
of gravitational effects was hardly present.

Maleic acid was used as a crosslinking agent; other crosslinking
agents were not investigated. Although a selective PVA membrane can be made
without the use of a crosslinking agent, its use seems inevitable when a
PVA layer is aﬁplied onto a microporous capillary. Application of a croés-
linking agent is especially important if The composite membrane is subject-
ed to a heat treatmént after drying.

The deposited PVA layers are subjected to a heat treatment at a tem-
perature of 130°C for 30 minutes. The pervaporation results of a PVA layer
witﬁout addition of a crosslinking agent are rather good when no heat
treatmenf is applied. When a heat treatment is applied then leakage occurs
in more than 90% of the experiments. If, however, maleic acid is added to
the polymer solution, no leakage occurs. On the other hand, a real improve-
ment of the seléetivity towards a mixture of ethanol and water is not
found, whereas the flux is decreased by about 40%. In>cases where no heat
treatment is applied the layer does not stick to the microporous support
and can be washed out of the module. This makes a crosslinking step ine?i-

table.

7.4.4: Effect of surface modification on evaporation—deposition experiments

The experiments, in which the influence of the surface modification of
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the sublayer is studied, are given in table 7.6. In thesé experiments a
number of fhe variables, which were discussed above, are fixed at a ‘(sub)-
optimal value. In table 7.6 the following parameters are varied: the nature
of the chemical reagent used for the surface modification, the use of a
heat treatment and the addition of a small amount of sulphuric acid to the

coating solution.

Table 7.6: Evaporation-deposition experiments: influence of surface
modification of PP capillaries and some other variables.

Preparation variables:
fixed: - type of capillary: R 5/1 (see table 7.1);
- type of PVA: see table T7.2;
- MA: maleic acid as a crosslinking agent;
= vacuum downstream;
- cross-flow velocity: 5 mm/s;
- deposition time: 30 minutes;
- module mounted vertical during coating and drying;
varied: - surface modifying agent;
- H: addition of sulphuric acid
(pH of coating solution ~ 1);
- heat treatment at T = 130°C for 30 minutes.
Pervaporation test: - feed: about 80 wt.% ethanol in water;
- downstream pressure: < 100 Pa.

modification PVA . pervaporation
heat

nr. acid time T type wt% MA HY treat- flux o T
[min} [°C] added ment [g/mzs] [—] [°C]

11 no modification 1 5 -+ - - 0.23 10 L8
+ 0.35 7 u8

12  no modification 1 5 + o+ - 0.058 36 48
+ 0.047 Ln2 50

13 SO3 1 20 1 5 + - - 0.12 8 L8
+ 0.103 10 48

14 803 1 20 1 5 + + - 0.19 6 49
+ 0.17 3 50

15 Cr 30 50 1 5 + - - 0.21 18 49
o+ 0.19 21 48

16 Cr 30 50 1 5 + + - 0.078 27 50
: ’ + 0.078 25. 50

17 HNO3 0.5 40 1 5 + + - 0.32 28 51
‘ + 0.086 49 50

18 HNO3 1 40 1 5 + + - 0.18 26 50
+ 0.125 37 51

19 HNO3 2 Lo 1 5 + + - 0.15 = 26 49

+ 0.114 37 50
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The effect of the type of chemical reagent on the compatibility of a
PVA solution with the treated sublayer has already been discussed qualita-
tively in section 7.4.2. From dip-coating tests it appeared that the treat-
ment with fuming nitric acid produced the best results compared to the
other surface treatments. As the evaporation—depoéition method is in fact a
modified dip-coating method, the same tendency is expected. If the results
in table 7.6 are considered this tendency indeed is found. It must be rea-
lized that the results ih table 7.6 do not present an extended review of
all the experiments that were performed. If, however, the overall range of

values is considered (see table T7.7) the same tendehcy is found.

Table 7.7: Influence of surface treatment on membrane properties.

surface treatment flux [g/m2s] a T [oc]
no treatment 0.05 - 0.10 20 - 40 50
fuming sulphuric acid 0.15 - 0.25 3 -10 50
chromic acid 0.08 - 0.15 20 - 30 50
fuming nitric acid 0.10 - 0.14 30 - 40 50

From the results in table 7.7 it can be concluded that the best re-
sults are obtained with a surface treatment of fuming nitric acid and the
worst results with a treatment of fuming sulphuric acid. The same results
were also qualitatively obtained with the dip-coating experiments of dilute
PVA solutions on flat membranes (see table T.k4).

The addition of sulphuric acid to the coating solution, in such an
amount that the Sh of the coating solution is about 1, seems to have a
positive effect on the selectivity of the toplayer. A definitive conclusion
cannot be given, becaﬁse the effect is not very pronounced and results with

PVA membranes have shown that a certain spreading always oceurs.

T.4.5: Pervaporation results

The modules, prepared by the evaporation-deposition method, are tested
for their separation characteristics in pervaporation. Some of the results
have already been gi%en in the tables 7.5 and 7.6. These results together
with some results from literature are given in figure 7.7, in which the

flux is plotted against the selectivity.
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FIGURE 7.7: Pervaporation results.

As far as the results obfained with the unmodified membranes are con-
cerned, it can be concluded from figure 7.6 that a high flux is rélated to
a low selectivity and vice versa. Furthermore, it can be éeeﬁ that a tem?
perature rise from room temperature (24 + 1°C) to 55°C gives-an increase in
flux by a factor 6, whereas the selectivity is‘only slightly decreésed.

When the influence of the surface modification on the pervaporation
performance is considered, ié appears that the results do not differ as
much among each other as the results for the untreaﬁed membranes. This is
due to the fact that coating conditions were notvvaried‘much during these
experiments. From figure 7.7 it can be observed that the selectivity for
the different surface modifications is about the same, but that the flux
can vary considerably for the same coating conditions. Furthermore, it can

be seen that the selectivity of the membranes which received a surface
' treatment with fuming nitric acid is slightlyvbetter compared to the value
for the chromic acid treated membranes, which on its turn show much better
properties than the membranes treated with fuming sulphuric acid.

Compared with the literature results, it!appears that 'our results are
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comparable to'the results obtained with PVA membranes (see figure 7.7,
points 21 and 22). N.B. The number in the open circles also refers to the
literature reference.

Some of the results obtained with membranes containing ionic sites are
also presented in figure 7.7 (see points 23 and 24). The result presented
in point 23_is obtained by Cabasso for sulphonated PE membranes containing
Cs* as counter-ions (23) and point 2% is taken from Ellinghorst's work,
using PAN membranes into which acrylic acid has been grafted and in which
the H'-ions are replaced by K'-ions (24). These membranes are superior to
PVA membranes, but they have the disadvantage that the ions are leached out
of the membrane, resulting in a severe loss of séleetivity. For instance,
the 'unmodified' Ellinghorst-membrane (without K" as a counter-ion) has a
selectivity of about 10 [24), which makes this membrane, as flux and selec-

tivity are concerned, comparable to a PVA membrane.

T.5: Discussion

The results of the compatibility tests of flat Accurel membranes with
dilute PVA solutions are essentially different from those obtained with
pure water (see table T.4). Introducing a hydrophilic group improves the
interaction between the treated surface and water. The results show that
the nature of the hydrophilic group is not important. The reason for this
phenomenon is that in the case of the treated membranes dipole-dipole in-
teractions between water and the surface will occur. Because water can act
both as electron donor and acceptor, it makes no difference whether the
surface éontains electron donor or electron acceptor groups.

The compatibility of a PVA solution with the modified surfaces seems
to be determined mainly by the PVA present in solution. The results listed
in table 7.l are obtained for dilute solutions (0.5% by weight) and more
concentrated solutions (up till 5% by weight).

A surface treated with fuming sulphuric acid, resulting in —SO3H
groups at the surface, shows a worse compatibility with a PVA solution as
compared to an untreated surface. From literature it is known that most
sulphonation reactions of polyalkylene surfaces are carried out to improve
the printability of the surfaces (13,25). On the other hand, in the field
of ultrafiltration sulphonation of hydrophobic membranes is carried out to

reduce fouling (26). This effect is ascribed to a reduced interaction be-
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tween hydrophobic particles in éolution and to an electrostatic repulsion
between the negatively charged membrane and negatively charged colloids.

This description can be used as a possible explanation of the phenom-
enon described above. In an aqueous solution the sulphonic acid group will
be present in its ionic form (-803") and therefore acts as an electron
donor. Because PVA through its -OH groups acts as an electron donor, this
results in a repulsion between PVA and the sulphonated surface. Further-
more, the resonance structure of the —SO3’ group is not favourable for the
formation of hydrogen bonds. However, if one succeeds in applying a PVA
film to the sulphonated PP membrane, an estebification reaction between the
sulphonic acid group and a hydroxyl group of the PVA can take place when
the film is subjected to a heat treatment. This results in a PVA film which
shows an excellent adhesion to the modified PP membrane.

A treatment with chromic'acid or fuming nitric acid, yielding both -OH
groups at the membrane surface, results in an improved compatibility be-
tween the modified film and the PVA solution. Because hydroxyl groups act
as electron donor groups, a repulsion between the PVA solution aﬁd the
modified surface would be expected. On the other hand, hydrogen bonding can
take place, which will result in an improved compatibility. According to
the results obtained the latter effect is dominating.

Comparing the results of the chromic acid treatment with those of the
fuming nitric acid. treatment, it appears that the latter results were
slightly better. This effect is probably due to a higher degree of oxida-
tion of the surface of the PP membrane in the case of the fuming nitric
acid treétmenp. This assumption is supported by the. results from the rup-
ture tests indicating that the PVA layer has a better adhesion to thé modi-
fied layer if the PP membrane was treated with fuming nitric acid. More-
over, if the sublayer was treated with chromic acid, the rupture tests on
the composite membranes show a less good adhesion of the PVA toplayer,
which is an indication for a low degree of oxidation of the surface.

In the previous paragraph the (small) difference between the treat-
ments with chromic acid and fuming nitric acid is explained through the
difference in degree of oxidation of the PP membrane. A different possi-
bility is the occurence of oxidized nitrogen at the membrane surface. Al-
though oxidized'nitrogen could not be observed significantly by means of
XPS, a slight increase of the signal at about 408 eV was observed. Whether
this increase is a result of Qishful thinking or based on reality, has to

be determined in future experiments.
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The pro‘iems occuring with a heat treatment (at T = 130°C for 30 min-
utes) when no crosslinking agent is added to the polymer solution can be
understood if the crystallinity of the PVA layer is taken into account. If
‘thin film composite membranes are subjected to a heat treatment, the ther-
mal expansion coefficient of the support determines also the freedom of
lateral expansion of the selective layer. PVA with a high degree of saponi-
fication has the ability to form crystalline areas at higher temperatures.
Upon cooling the selective layer will not be able to deform in the same way
as the support, thus leading to defects in the selective layer. By adding a
crosslinking agent the ability of the PVA to crystallize is diminished and,
as a less crystalline film is capable to adjust to the differences in ther-
mal expansion, defects in the selective layer are diminished as well.

The occurence of defects was more pronounced if the surface of the
sublayer was modified. If a surface treatment is given, the selective layer
is firmly fixed to the sublayer during a heat treatment. In this way the
ability to adjust to the differences in thermal expanéion is reduced and

the probability of defects is increased.

Esterification reactions are catalyzed by acids (27). Through the
addition of a small amount of sulphuric acid to the coating solution more
crosslinks might be realized, thus leading to a lower degree of swelling
resulting in a higher selectivity and a lower flux. Since the acidity con-
stant of a maleic acid group which is attached through one ester-bond to a
PVA molecule is rather low (Ka ~ 107%), the affinity of such a group to
react is low. In the presence of H¥~ions the second esterification reaction
will be catalyzed. Whether the reaction actually takes place is uncertain,
because it must be considered that an attached molecule is limited in its

freedom of movement.

7.6: Conclusions

From our experiments it can be concluded that the evaporation-deposi-
tion method is an attractive method for the preparation of composite mem-
branes to be used in the pervaporation process. The method has advantages
over other types of coating procedures because microporous membranes can be
used as a sublayer. Also the fact that this coating procedure can be ap-

plied directly on modules makes this method very attractive for commercial-
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ization.

Pervaboration tests on mixtures of ethanol and water have shown that

it is possible to obtain selective membranes with moderate fluxes or high-

flux membranes with moderate selectivities using this evaporation-deposi-

tion method.

A surface treatment of the hydrophobic microporous capillafies with a

chemical agent improves the adhesion of the selective layer to these capil-

laries. The use of nitric acid as a reagent also improves the spreading of

a PVA solution on the modified surface, thus resulting in an improved per-

formance of the composite membranes.
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Appendix

TERMINOLOGY FOR MEMBRANE DISTILLATION

A.C.M. Franken & S. Ripperger

A.1: Introduction

One of the subjects of the 'Round Table' at the 'Workshop on Membrane
Distillation' in Rome on 5 May 1986 was nomenclature. The best example for
the need of a more uniform language is the name of the process itself. In
Rome the following names were used by the authors present: membrane distil-
lation, Trans Membrane Distillation, thermo-pervaporation, pervaporation
and membrane evaporation. ’

At this workshop a committee was formed with the task of preparing a
terminology for membrane distillation. The committee consisted of the fol-

lowing members:

V. Calabro Universita della Calabria Calabfia I
A.C.M. Franken University of Twente Enschede ~ NL
S. Kimura University of Tokyo Tokyo J
S. Ripperger Enka (Membrana) Wuppertal. D
G. Sarti Universita di Bologna Bologna I
"R. Schofield University of New South Wales " Kensington AﬁS

In this document terms, definitions and symbols, which are used in the
field of membrane distillation, are defined. The basis for this document is
formed by the terminology for pressure driven membrane operations [1];
whereever this is relevant the terms in this document are Qefined in the

‘same way.

A.2: Name of the membrane operation

The most suitable name for this operétion is membrane distillation.
This name has the advantage that it is already used by most authors, that
it has no commercial ties with a company and that it <cannot be confused

with other membrane processes.
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For the same reasons as mentioned abové, the names Trans Membrane Dis—
tillation (the commercial name for the Enka process), pervaporation and
thermo-pervaporation (already used for other membrane operations (2))
should not be used. Introducing a new name, like membrane evaporation, has
the disadvantage that both author and reader will have adjustment problems,
that may result in an even greater confusion of tongues.

The name pervaporation is often used by Japanese authors for two dif-
ferent processes: the process of membrane distillation and the process of
pervaporation. In our opinion an essential difference exists between these
processes.

BAccording to our definition (see chapter 3a), membrane distillation is
a process in which the membrane itself has no influence on the vapour-
liquid equilibrium of the liquids to be separated. On the other hand, per-—
vaporation is a process in which liquid diffuses through a membrane and
evaporates at the permeate side of the membrane. The separation character-
istics of the pervaporatibn process are determined by sorption into énd

diffusion through the membrane.

A.3. Description of the membrane operation

a. Characteristics of membrane distillation

The name 'membrane distillation' should be applied for membrane opera-

tions having the following characteristics: -

- the membrane should be porous;

- the membrane shouid not be wetted by the process liquids;

- no capillary condensation should take place inside the pores of the
membrane ;

- only vapour should be transported through the pores of the porous
membrane;

~ the membrane must not alter the vapour-liquid equilibrium of the
‘different components in the process liquids;

- at least one side of the membrane should be in direct contact
with the process liquid;

- for each component the driving force of this membrane operation is a

partial pressure gradient in the vapour phase.
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b. Different embodiments of membrane distillation
Many different embodiments of membrane distillation can be found in
literature. For instance, Enka uses a membrane operation in which the lig-
uid on both sides of the membrane is in direct contact with the membrane
(3], whereas on the other hand the Swedish National Development Company
uses a system in which the vapour is condensed against a cooling-plate
(u).
For the different embodiments of membrane distillation the following
terms are defined:
- direct-contact membrane distillation for a system in which the liquid
on both sides of the membrane is in direct contact with the membrane
and in which the 1liquid on the downstream side is used as the con-

densing medium (figure A.1).

feed—»—w ——permeate

Tf,in Tp,ouf
é
N FIGURE A.1:
! \memhrane Direct-contact
i membrane distillation.

.Tf,ouf Tp,in

retentate

- gas-gap membrane distillation for a system in which the vapour on the
downstream side 1is condensed against a cooling surface and in which
the condensed liquid on the downstream side does not have to be in
contact with the membrane (figure A.2). In this configuration the con-

densation of the permeate takes place inside the module.

g?
|

L FIGURE A.2:

! §+—gas gap Gas-gap membrane distillation.
membrane —* . '

i heat-exchanging

; surface
retentate caoling fluid

——=——permeate
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¥

- low pressure membrane distillation: in this system a 1low pressure
is . applied downstream and the condensation of the permeate takes-
place outside the module. An other term that can be used in this case
is: 'vacuum membrane distillation'; but this term is in fact more limit-
ing than low pressure membrane distillation.

- sweeping gas membrane distillation: in this system a sweeping gas
(e.g. nitrogen) is applied downstream and the condensation of the

permeate takes place outside the module.

Note: If the term 'membrane diétillation' is used without any further
specification, then this term applies to the ‘'direct-contact'-system. To
avoid complications, it is better to use the full term ‘'direct-contact mem-
brane distillation'.

Example: the system of Enka should be called 'direct-contact membrane
distillation' and the system of the Swedish National Development Company

should be called 'gas-gap membrane distillation'.

A.4: Membrane characteristics

The membranes, used in membrane distillation, should be characterized
by the following membrane (performance) parameters:
a. (polymer) material;
b. thickness of the membrane;
¢. porosity of the membrane;
d. nominal pore size;

e. liquid-entry-pressure of water.

a. (polymer) material

The material of which the membrane is made is the most important pa-
meter. At this moment membranes for membrane distillation are all made of
polymers, but as one should not exclude other type of materials the term
polymer is placed between brackets.
b. thickness of the membrane

This parameter is of importance because it gives information on both

the mechanical strength of the membrane and the fluxes to be expected.



- 161 -

c. porosity of the membrane

The porosity of the membrane is defined as the volume of the pores
devided by the total volume of the membrane; the symbol for the porosity is
€. A method for the determination of the porosity of (hydrophobic) mem-

branes is suggested in paragraph A.9.

d. nominal pore size

Nominal pore size is important as it can lead to a first approximation
of the fluxes to be expected. 'Nominal' pore size is a blanket term incom-
passing pore sizes estimated from bubble-point tests, gas permeation exper-
iments, or any other convenient. technique, and is usually quoted by the
membrane manufacturer. Despite the approximate nature of nominal pore size,
it conveys useful information, which can be used to make an approximate

calculation of the fluxes to be expected.

e, liquid-entry pressure of water

The liquid-entry pressure of water (sometimes faulty called 'wetting
pressﬁre') is the pressure [Pa] that must be applied onto pure water before
it penetrates into a non-wetted (dry) membrane; the symbol for the liquid-
entry pressure of water is LEPw. A method for the determination of LEPw of
Hydrophobic membranes is suggested in paragraph A.9.

These five characteristics are suggested, because they :-give a visual
(a,b) and mechanical (a,b,c) picture of the membrane, while indicating the
suitability for membrane distillation (e) and the fluxes to be expected
(b,c,d).

As additional information the following membrane characteristics can
be given:
f. IPA bubble point;
g. maximum pore size;
h. pore size distribution;
i. pore size morphology;
J. temperature stability;

k. chemical resistance.

f. IPA bubble point

The IPA (isopropylalcohol) bubble point can be measured according to a
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standard test method as described in ASTM F-316. This method employs a
procedure for determining the maximum pore size and the pore size distribu-
tion of a membrane filter by measuring the initial bubble point and gas
flow versus pressure through a liquid wet filter. The only difference be-
tween the 'IPA bubble point method' and ASTM F-316 is that IPA is used as

the wetting liquid instead of water.

g£. maximum pore size
The maximum pore size can be calculated by substituting the IPA bubble

point pressure into the following formula:

4.B.Y
p

pore size =

in which B: pore size morphology constant;
Y: surface tension of IPA;
p: bubble point pressure.

The pore size morphology constant B is 1 for a circular pore and less
than 1 for an elliptical or irregular-shaped pore (7]. Because most pores.
are not circular, the use of the terms 'pore diameter' and 'pore radius' is
misleading. Unless membranes with circular pores are used, the term 'pore
size' is recommended. N

Note: because the ‘pore size morphology constant B' is not known in
most cases, it is recommended that the 'IPA bubble point pressure' is given

next to the value of the maximum pore size.

h. pore size distribution
The pore size distribution can be measured by means of the standard
test method as described in ASTM F-316. A short description of this method

is given in point f.

i. pore size morphology

The pore size morphology is closely related to the calculation of the
'méximum pore size' (point g) through the 'pore size morphology constant
B!'. Therefore, it should be given if the pores are, for instance circular,

elliptical or rectangular.

Jj. temperature stability

The long term stability of a membrane to extreme temperatures should
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be given here.
k. chemical resistance

The chemical resistance to solvents, acids and bases 1is important,

especially if the membranes have to be cleaned.

A.5: Process characteristics

The efficiency of a. membrane distillation operation can be character-
ized in many different ways and depends on many different parameters, such
as membrane characteristics, module design, hydrodynamic conditions, tem-
perature level, etcetera.

The following parameters are defined to characterize a membrane dis-
tillation operation and a membrane distillation process:

a. evaporation efficiency EE;
b. process efficiency PE;
¢. concentration factor CFj

d. temperature polarization coefficient TPC.

This parameter is defined to characterize the efficiency of a membrane

distillation operation. The evaporation efficiency EE is defined as:

part of the heat which contributes to evaporation

EE
total heat input in the module

Besides evaporation also a certain heat transfer due to conduction
takes place. Therefore, EE is always lower than 1. The value of EE can be
calculated very easily. The 'part of the heat which contributes to
evaporation' can be calculated by multiplying the measured flux J by the
heat of evaporation AHvap and the membrane area A. The 'total heat input
into the module' can be calculated from a measurement of the caloric value

of the incoming and the outgoing feed stream.

This parameter is used to characterize the efficiency of a membrane
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distillation proceés (N.B. this is a process in which the membrane distil-~
lation operation is the most important unit operation). The process effi-

ciency PE is defined as:

_ heat which contributes to the evaporation of the distillate
total heat input of the process

PE

If the process only consists of a membrane distillation operation then
the evaporation efficiency EE is equal to the process efficiency PE. In
most cases a heat recovery is advantageously. An example of a membrane dis-

tillation process with-heat recovery is given in figure A.3.

)
E

pump

~ |
SR

pump heater

feed retentate

heakexchanging membrane

surface

permeate

FIGURE A.3: Membrane distillation process with heat recovery.

¢. concentration factor CF

The concentration factor CF is defined as the degree of increasing the
concentration of a component in a membrane operation. CF can be calculated
dividing the concentration of the retentate by the concentration of the
feed.

concentrate

membrane

permeate
pump heater

FIGURE A.l4: Membrane distillation process with recirculation of the
feed. :
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In formula: CF = Cr/Cf‘ This term is defined in the same way as for pres-
sure driven membrane operations (1).

Due to the low concentration of the solution by one passage of a mem-
brane distillation module, the solution has to be circulated if a concen-

tration of the feed is required (this situation is shown in figure A.4).

Another phenomenon which occurs in a membrane distillation operation
is 'temperature polarization'. Although this term has several disadvantages
(its effect cannot be measured directly and the term itself is physically
not correct), it is used very often in scientific literature. The value of
TPC is given by the temperature difference between the evaporation surface
and the condensation surface divided by the temperature difference between
the bulk of the feed and the bulk of the permeate.

For direct contact membrane diétillation the evaporation surface is
formed by the feed-membrane interface and the condensation surface is form-

ed by the permeate-membrane interface. In formula:

fb pb

It must be stated again that the temperatures at thg evaporation
(respectively condensation) surface cannot be measured directly. In fact
they can on1y be calculated in special cases when the hydrodynamic condi-

tions on both sides of the membrane are known.

A.6: Definitions

In this chapter a summary is given of the terms that are used in
membrane distillation. Whereever this is relevant, the terms are defined in

the same way as for pressure driven processes (1)‘

Bubble point pressure: pressure at which a continuous stream of gas bubbles

is pressed through a liquid wet filter.

Bulk temperature Tb: temperature that exists.in the bulk phase; in‘'practice
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this temperature is equal to the measured temperature.

Circulation loop: a section of a membrane plant containing one or more
circulation pumps ensuring adequate cross-flow velocity of the fluid

over the membrane (an example is given in figure 4).

Concentration factor CF: the degree of increasing the concentration of a-
component in a membrane operation; CF = CP/Cf.
Cross~flow velocity u: the velocity of a fluid flowing parallel to the

membrane (also called: tangential velocity).

Direct-contact membrane distillation: see chapter 3b.

Evaporation efficiency EE: see chapter 5a.

Feed: the fluid entering a membrane module or plant.

Flux J: amount of permeate, or of any component in the permeate, that is
transported through a membrane per unit of membrane area and per unit

of time.

Fouling: the deposition of material on the membrane surface and/or in its

pores, leading to a change in the membrane performance.
Gas—-gap membrane distillation: - see chapter 3b.

Liquid-entry pressure LEP: pressure at which the liquid penetrates into a

porous membrane (old term to be replaced: 'wetting pressure').

Module: the smallest practical unit containing one or more membranes and
supporting structures (old terms to be replaced: permeator, membrane

element).

Permeate: the portion of the feed passing through the membrane. Distillate
can also be used as a term to describe the 'permeate' of membrane dis-—
tillation, but it is better to use 'permeate' because 1t is commonly

used in membrane literature.
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Pore size: openings in a membrane; this term is prefered to 'pore diameter'
and 'pore radius', because all pore shapes can be described by this

term.

Porosity: the porosity is defined as the volume of gas that is trapped
inside a membrane divided by the total volume of the membrare; a prac-
tical definition is given in the appendix 1: 'Determination of mem-

brane characteristies'.
Process efficiency PE: see chapter 5b.

Retentate: the portion of tne feed not passing through the membrane (old

term: concentrate).

Retention: the ability of a membrane to hinder a component from passing

through it or to retain a component in the fluid.

Retention coefficient R: the degree of separation of a certain component
from the solveniu by the membrane under defined operating conditions;
R = 1—Cp/CP.'This term should be used if a solution of a solute (e.g.

salt) in a solvent (e.g. water) is treated by membrane distillation.

Selectivity o: this term is to be defined as:

o = (wt% A / wt% B) in permeate
(wt% A / wt% B) in feed

This term should be used as both components in the membrane distilla-

tion system are volatile.
‘Tangential velocity u: see 'cross-flow velocity'.

Temperature polarization coefficient TPC: see chapter 5.

A.7: Symbols and units

It is very difficult to define symbols in such a way that both author

and reader are pleased with it. The discussions between the members of the
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nomenclature committee concentrated on the boint of the symbols. The dis-

cussions about the definition of symbols took about 80% of our discussion

time, indicating the difficulty of this matter.
To define the symbols the committee has used the following starting-
points:

1. the symbols must be logic and clear to both author and reader;

2. the symbols must be in agreement with the existing membrane literature.
The report on the terminology for pressure driven membrane operations
[1) is used as a basis for the definition of the symbols;

3; the symbols must be in agreement with the literature on heat transfer.
The symbols used in the English literatufe are used as a basis.

The committee realizes that not everyone will be fully satisfied with
the way we defined the symbols for membrane distillation. Nevertheless, we
hope that the people working in the field of membrane distillation will use

these symbols in their publications.

a. Use of symbols

In this document only those symbols are given which are most frequent-
ly used in membane distillation literature. The use of these symbols is

strongly recommended.

A Membrane area 2
C Concentration kg/m®
CF Concentration factor -=
CP Heat capacity J/kg.K
Diffusion coefficient m*/s
Pore Size m
EE Evaporation efficiency g
AHC Latent heat of condensation J/kg
AHvap Latent heat of vaporization J/kg
Heat transfer coefficient W/m?*K
J Flux
mass flux kg/m*s
molar flux kmol/m?s
volume flux m®/m?s

gas flux Nm2/m?s
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k Thermal conductivity W/m.K

LEP Liquid Entry Pressure Pa
) Thickness of the air gap m
M Molecular weight Dalton
P Pressure . Pa
PE Process efficiency - -
Q Heat transfer rate W
QT Heat flux W/m?
R Retention coefficient -
Universal gas constant J/mol.X
T Temperature K
TPC Temperature Polarization Coefficient -
t Time s
4] Overall heat transfer coefficient W/m?K
u Cross-flow velocity m/s.
v Volume m?
174 Weight fraction -
X Molar fraction -

a Selectivity ! -—

Y " Surface tension N/m
A Difference ' -

8 Membrane thickness um -
€ Membrane porosity : -

n Gas viscosity Pa.s
U Liquid viscosity Pa.s
T .Osmotic pressure Pa

p Density : ) kg/m®
X Membrane pore tortuosity Co--

av Average

b . Bulk
Feed

i, Index
Liquid

m Membrane
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Initial, zero
Permeate
Solute

Time

Vapour

% < & w T O

Water

b. use of units

A general rule for the use of units is, that the unit should be as
standard as possible. This means that in principle SI-units or related
units should be used. For instance, the membrane thickness can be given in
micrometers instead of meters.

The units which are recommended are given in the ‘'List of symbols'®

above.
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A.9: Determination of membrane characteristics

The porosity of the membrane is defined as the volume of the pores
devided by the total volume of the membrane. The porosity can be measured
by making use of a pyknometer, a balance, IPA and water. In this method use
is made of the fact that IPA (isopropyl alcohol) penetrates into the pores
of the membrane and water does not penetrate into the pores of the mem-

brane.
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First,‘the density of the polymer material is calculated using the

following formula: -

pIPA.wt3

Pho1 T Wtl + wt3 - wt2 °

in which wt1l: weight of the pyknometer with IPA;
wt2: weight of the pyknometer with IPA and memBrane;
wt3: dry weight of the membrane.
In the same way the density of the membrane can be calculated

according to the following formula:

p..wt3
_ W
Pm T we1 + wt3 - wt2 ’

in which wtl: weight of the pyknometer with water;
wt2: weight of the pyknometer with water and membrane;

wt3: dry weight of the membrane.

The porosity of the membrane can be calculated by the following formula:

___________________________ W

The following procedure is suggested for the determination of the
liquid-entry pressure of water. The apparatus for this measurement is shown

in the figure below.

measuring pipette

N2
gascylinder

feed supply vessel

FIGURE A.5: Apparatus for the determination of the
liquid=-entry pressure.
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Measuring procedure:

The dry hydrophobic membrane is placed into the measuring cell and the
feed supply vessel is filled with the liquid feed mixture (in this case
water). The half-cell which forms the permeate side of the membrane is also
filled water. By means of a gascylinder, filled with nitrogen, a slight
pressure is applied to the system 1n order to remove all the gas at the
feed sidé of the membrane. The pressure which is used to remove the gas
should of course be lower than the liquid-entry pressure. During the de-
gasification of the feed a continuous stream of gas bubbles passes through
the membrane. As soon as this stream of gas bubbles stops, there is no more
gas in the feed compartment. After the de-gasification of the permeate side
the measurement can be started.

During the measurement the pressure is raised stepwise (with 0.1 bar).
At each installed pressure one should watch whether a flux fthrough the
membrane occurs. The minimum pressure at which a (continuous) flux is ob-

served is called 'liquid-entry pressure’.
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SUMMARY

In this thesis several aspects of the membrane distillation process and
the thermally driven pervapobation process have been described. Both proc-
esses differ essentially from each other as far as their mechanism of sepa-
ration and their applicability is concerned. From a pracpical point of view,
however, there seems to be hardly any difference between the two processes.
The only difference in the expeyimental set-up of the process is the pres-
ence of a permselective layer in the thermally driven pervaporation proc-
ess.

In fact, the initial proposal for the research project was to develop
composite membranes for the membrane distillation process in order to avoid
wetting of the hydrophobic membrane, which can take place if organic liquids
or surfactants are present in the feed or in the permeate. The application
of a permselective hydrophilic toplayer onto a porous hydrophobic mem-
brane went beyond the scope of this proposal. Not only wetting of the hydro-
phobic membrane is avoided, but, moreover, the permselectivity of the top-
layer changes the mechaqism of separation in such a way that a different
process is obtained. This process, called thermally driven pervaporation,
~can be used for the dehydration of aqueous organic components.

In chapter 1 a general introduction into membrane technology is
given. Special attention is payed to thermally driven membrane processes,
pervaporation and the preparation of composite membranes. .

The characterization of the microporous‘sublayer was studied in chap-
ters 2 and 3. In these chapters the criteria for the applicability of a
membrane distillation operation and a thermally driven pervaporation process
are described.

In chapter 2 theoretical considerations about wetting of homogene-
ous smooth materials are given and a critical solute concentration is cal-
culated. For porous materials no such theoretical relation can be derived.
Therefore, an experimental method, cal;ed'penetrating drop method, is de-
veloped. By means of this method the maximum allowable concentration of an
organic component in water, at which the liquid is on the verge of pénetra—
tion into the membrane, can be determined. On basis of these measurements,
the maximum allowable concentration under process conditions can be calcu-
lated.

Wetting of porous membranes.is influenced by i) the membrane material,
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ii) the nature of the penetrating 1iquid and iii) the structure of the po-
rous material. In chapter 3 it is shown that all kinds of structures of
porous membranes can be classified into two basic types of structures: the
'sharp-edged' and the 'rounded' pore structure. Theoretical considerations
on the penetration of a liquid into both types of pore structures are exper-
imentally checked using the 'penetrating drop method'. It is shown that
membranes with a ‘sharp-edged' pore structure show more liquid-repellency
than those with a 'rounded' pore structure.

The next two chapters discuss the poésibility of separating a mixture
of ethanol and water by membrane distillation. In chapter Y4, a model, in
which vapour-liquid equilibria data are combined with an effect of tempera-
ture polarization and concentration polarization, is described. From these
calculations it was shown that the flux and the selectivity of the membrane
distillation operation hardly change any more for changing hydrodynamic
conditions once the flow at both sides of the membrane has become turbulent.
Furthermore, it was calculated that both flux ahd selectivity increase if
the temperature difference between the feed side and tThe permeate side of
the membrane increases. .

In chapter 5 membrane distillation experiments with ethanol/water
mixtures are presented and thé experimental selectivities and fluxes are
compared with the calculated values. A good agreement between model and
experiments was found.

The thermally driven pervaporation process, in which a composite mem-
brane consisting of a hydrophilic selective toplayer and a porous hydropho-
bic sublayer is used, is described in chapter 6. The driving force for
this process is caused by the thermal gradient existing between the warm
feed side of the membrane and the cold permeate side of the membrane. The
characteristics of this new process design and its advantages over other
pervaporation designs are described. Composite membranes, comprised of a
>toplayer of cellulose acetate or poly(vinyl alcohol) and a microporous poly-
propylene sublayer, were tested on ftheir separation characteristies using
the thermally driven pervaporation process as well as a pervaporation proc-
ess with vacuum downstream. ’

In chapter 7 a newly developed method for the application of a
homogeneous permselective layer onfo a porous hydrophobic sublayer, called
the evaporation-deposition method, is described. Several coating variables,
among others a chemical treatment of the surface of the microporous sub-

layer, are discussed. Results of the application of a poly(vinyl alecohol)
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layer onto microporous polypropylene capillaries are evaluated by pervapora-
tion experimehts. With this coating-method membranes with high selectivities
and moderate fluxes, .as well as membranes with high fluxes and moderate
selectivities can be obtained.

The report on 'Terminology for Membrane Distillation' as published by -
the European Society of Membrane Science and Technology is given as an ap-

pendix to this thesis.
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SAMENVATTING

In dit proefschrift worden diverse aspecten van het membraandestilla-
tieproces en het thermisch gedreven pervaporatieproces besproken. Wat be-
treft het scheidingsmechanisme en de toepassingsmogelijkheden verschillen
beide processen essentieel van elkaar. Desondanks lijken beide processen op
het eerste gezicht vrijwel identiek te zijn. Het enige verschil in experi-
mentele omstandigheden is de aanwezigheid van een selectief polymeerlaagje
op het hydrofobe microporeuze membraan in het thermisch gedreven pervapora-
tieproces.

Als organische oplosmiddelen of oppervlakte-aktieve stoffen in de voe-
ding of het permeaat aanwezig zijn, kan bevochtiging van het hydrofobe mi-
croporeuze membraan optreden. Vanuit deze achtergrond is het oorspronkelij-
ke voorstel van het onderzoeksproject als volgt geformuleerd: het ontwik-
kelen van composietmembranen voor membraandestiliatieb

. Het aanbrengen van een selectieve hydrofiele toplaag op een hydro-
fobe poreuze onderlaag ging verder dan met het projectvoorstel werd beoogd.
Het effect van de selectieve toplaag is dat niet alleen de bevochtiging van
de onderlaag wordt voorkomen, maar dat bovendien het scheidingsmechanisme
van het membraanproces op een dusdanige manier verandert dat men niet meer
van membraandestillatie kan spreken, maar het proces met pervaporatie dient
aan .te duiden. Dit thermisch gedreven pervaporatieproces kan worden toege-
past voor het ontwateren van organische oplosmiddelen.

In hoofdstuk 1 wordt een inleiding over membraantechnologie in het
algemeen gegeven, waarbij sSpeciale aandacht wordt besteed aan thermische
membraanprocessen, pervaporatie en de bereiding van composietmembranen.

De karakterisering van de hydrofobe microporeuze onderlaag komt aan de
orde in de hoofdstukken 2 en 3, waar de criteria voor de toepasbaarheid van
membraandestillatie en het thermisch gedreven pervaporatieproces worden ge-—
formuleerd.

In hoofdstuk 2 worden theoretische beschouwingen over de bevoch-
tiging van gladde homogene oppervlakken gegeven van waaruit de kritische
oppervlaktespanning en de daarbij behorende concentratie van organisch op-
losmiddel in water kan worden berékend. Deze berekeningen kunnen echter
niet zonder meer op poreuze materialen worden toegepast. Daarom is er een
experimentele methode, genaamd "penetrating drop method", ontwikkeld. Met

behulp van deze methode kan de maximaal toegestane hoeveelheid van een
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organische component in water, waarbij de vloeistof op de rand van binnen-
dringen in het poreuze membraan is, worden gemeten. Op basis van deze me-
tingen kan de maximaél toegestane hoeveelheid van de organische component
tijdens het membraandestillatie of het thermisch gedreven membraanproces
worden berekend.

De bevochtiging van poreuze membranen wordt beinvloed door de volgende
factoren: 1) het membraan materiaal, ii) de aard van de bevochtigende
vloceistof en iii) de structuur van het poreuze materiaal. In hoofdstuk 3
wordt beschreven dat alle verschillende poriestructuren van poreuze membra-
nen in principe kunnen worden geklassificeerd als twee typen: een '"scherpe"
('sharp-edged') en een "ronde" ('rounded') poriestructuur. De theorétische
afleidingen over het binnendringen van een vloeistof in beide typen van
poriestructuren worden experimenteel geverifieerd met behulp van de "pene-
trating drop method". Uit de onderzoekingen blijkt dat een vlioeistof minder
gemakkelijk binnendringt in membranen met een "scherpe" poriestructuur dan
in membranen met een "ronde" poriestructuur.

De beide VOlgende hoofdstukken handelen over de mogelijkheid van het
scheiden van een mengsel van ethanol en water met behulp van membraandes-
tillatie. In hoofdstuk 4 wordt een model beschreven, waarin het effect
van temperatuur- en concentratiepolarisatie wordt gecombineerd met de gege-
vens van het vloeistof-damp evenwicht. Uit de.berekeningen blijkt dat het
veranderen van de hydrodynamische omstandigheden nauwelijks enig effect
heeft op de flux en de selectiviteit van het membraandestillatieproces als
er turbulente stroming aan beide zijden van het membraan optreedt. Verder
kan er theoretisch worden afgeleid dat de flux en de selectiviteit van het
membraandestillatieproces toeneemt als het temperatuurverschil tussen voe-
dingszijde en permeaatzijde van het membraan toeneemt.

In hoofdstuk 5 worden de resultaten van membraandestillatie-expe-
rimenten met ethanol/water mengsels gepresenteerd en worden de experimente-
le waarden van flux en selectiviteit vergeleken met de berekende waarden.
Er wordt een goede overeenkomst tussen model en experimenten gevonden.,

Het thermisch gedreveﬁ pervaporatieproces, waarbij .gebruik wordt ge-
maakt van een composietmembraan bestaande uit een hydrofiele selectieve
toplaag en een poréuze hydrofobe onderlaag, wordt beschrevén in hoofdstuk
6. De drijvende kraéht voor dit proces wordt veroorzaakt door de tempera-
tuurgrédient tussen de warme voedingszijde en de koude permeaatzijde van
het membraan. De kenmerkende eigenschappen van dit nieuwe procesontwerp en

de voordelen ten opzichte van andere procesuitvoeringen van pervaporatie
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worden beschrevén. De scheidingseigenschéppen van composietmembranen, be-
staande uit een tToplaag van cellulose-acetaat of polyvinylalcohol en een
microporeuze onderlaag van polypropyleen, worden bepaald met behulp van het
thermisch gedreven pervaporatieproces en een pervaporatieproces waarbi]
gebruik wordt gemaakt van vacuum aan de permeaatzijde.

In hoofdstuk 7 wordt een nieuwe coatingsmethode, genaamd "evapora-
tion~deposition method", voor het aanbrengen van een homogene selectieve
polymeerlaag op een poreuze hydrofobe onderlaag beschreven. Diverse coa-
tingsvariabelen, onder andere een chemische modificatie van het oppervlak
van de microporeuze onderlaag, worden behandeld. Aan de hand van pervapo-
ratie—experimenten worden de scheidingseigenschappen van een composiet—
membraan, waarbij een selectieve laag van polyvinylalcohol op microporeuze
capillairen van pplyproéyleen is aangebracht, bepaald. Met behulp van deze
coatingsmethode kunnen zowel membranen met een hoge flux en een relatief
lage selectiviteit als membranen met een hoge selectiviteit en een relatief
lage flux worden verkregen.

Een rapport over standaardisering van begrippen voor membraandestilla-
tie, getiteld "Terminology for Membrane Distillation", is als appendix
aan dit proefschrift toegevoegd. Dit rapport 1is gepubliceerd door de

"European Society of Membrane Science and Technology".
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